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FOREWORD 
The ACS SYMPOSIUM SERIES was founded in 1974 to provide 
a medium for publishing symposia quickly in book form. The 
format of the Series parallels that of the continuing ADVANCES 
IN CHEMISTRY SERIES except that in order to save time the 
papers are not typeset but are reproduced as they are sub
mitted by the authors in camera-ready form. Papers are re
viewed under the supervision of the Editors with the assistance 
of the Series Advisory Board and are selected to maintain the 
integrity of the symposia; however, verbatim reproductions of 
previously published papers are not accepted. Both reviews 
and reports of research are acceptable since symposia may 
embrace both types of presentation. 
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PREFACE 

This volume contains papers presented in the Symposium on Advances 
in Flue Gas Desulfurization at the ACS National Meeting in Atlanta on 

March 29-30, 1981. The symposium was organized to provide a forum 
for fundamental work in flue gas desulfurization, rather than a forum for 
commercial process suppliers and users. Therefore, it differed substantially 
from symposia on flue gas desulfurization sponsored every 18 months by 
the U.S. Environmental Protection Agency. 

Although there has
fluidized bed combustion, and other advanced technologies, flue gas desul
furization (FGD) is still the only commercially significant technology for 
abatement of sulfur dioxide from fossil-fired power plants. FGD has been 
used since the early 1970's, but is still not a mature technology. The 
chapters in this book present recent advances in the science and tech
nology of FGD processes. 

In spite of the effort to develop environmentally attractive processes 
that make marketable products, the lime/limestone slurry scrubbing proc
ess still dominates the commercial market for flue gas desulfurization. The 
limestone slurry scrubbing process requires only three pieces of major 
equipment: an absorber, a hold tank, and a liquid/solid separator. How
ever, within this simple framework occur many interacting rate processes 
including gas/liquid mass transfer with chemical reaction, limestone dis
solution, calcium sulfite dissolution and crystallization, gypsum crystalli
zation, and sulfite oxidation. Each of these rate processes is itself a 
complex phenomenon involving solution and phase equilibria, reaction 
kinetics, and mass transfer. Therefore, although it is easy to design and 
construct a limestone slurry scrubbing process, it can be much more 
difficult to design and operate an optimal system. Numerous chapters in 
this book contribute to the quantitative understanding of the slurry scrub
bing processes. 

There is still active development of alternatives to throwaway slurry 
scrubbing. Advanced throwaway processes such as dual alkali and dry 
scrubbing offer improved economics, efficiency, and/or reliability. Re
generate processes such as MgO scrubbing and absorption/stripping 
produce marketable products and thereby minimize waste production. 
However, each of these new processes includes many of the same physical 
and chemical processes as in a throwaway slurry scrubbing. In addition, 

ix 
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there are new problems in solution equilibria, gas/solid reactions, tempera
ture-induced side-reactions, and other phenomena that must be dealt with 
in each new process. 

In 1979, the Department of Energy initiated support of a number of 
fundamental projects in the chemistry of flue gas desulfurization. Five 
chapters in this book report the initial results of this effort. The topics of 
fundamental work include thermodynamic properties, activity coefficients 
in aqueous solutions, sulfur and NO x chemistry, and sulfite oxidation 
kinetics. The results provide the foundation for quantitative understand
ing of the FGD processes. 

Eight chapters deal specifically with rate processes and innovations 
in throwaway slurry scrubbing. Data and models are given for limestone 
dissolution as a function of type and grind and as a function of solution 
composition. Two chapter
catalyzed by Mn and Fe and models of the oxidation of CaS03 slurries. 
The effectiveness and degradation of organic acids are modeled and 
evaluated. Test results are presented for the use of adipic acid with the 
Shawnee 10 MW scrubbers. Energy requirements are evaluated as a 
function of scrubber type and additive concentration. 

Four chapters address alternatives to throwaway slurry scrubbing. 
The development of the limestone dual alkali process is reviewed. Two 
chapters present results related to dry scrubbing with nahcolite or lime. 
A conceptual design and economics are given for MgO scrubbing using 
a spray dryer. 

JOHN L. HUDSON 
University of Virginia 
Department of Chemical Engineering 
Charlottesville, VA 22901 

GARY T. ROCHELLE 
University of Texas at Austin 
Department of Chemical Engineering 
Austin, TX 78712 

January 7, 1982 
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1 

Thermodynamic Values for Desulfurization 
Processes 

LEO BREWER 

University of California, Department of Chemistry, and Lawrence Berkeley Laboratory, 
Materials and Molecular Research Division, Berkeley, CA 94720 

The thermodynamic properties of gases, liq u i d s , 
solids and aqueous solutes of interest for de s u l f u r i 
zation processes are tabulated for temperatures from 
298 Κ to temperatures as high as 1000 Κ when pos
si b l e . Major emphasis has been placed on aqueous 
lime or limestone scrubbing, but the data can also 
be used for high temperature gas processes and for 
NOx processes. 

The e f f i c i e n t design of processes for removal of sulfur diox
ide resulting from coal and o i l combustion requires thermodynamic 
and k i n e t i c data for the various materials that might be used i n 
the processes. Examination of the available thermodynamic data 
for sulfur compounds indicates serious uncertainties and the pre
sent review i s a step toward providing the best set of in t e r n a l l y 
consistent values obtainable from the l i t e r a t u r e and from current 
experiments· 

Although the main emphasis i s on information needed for aque
ous limestone or lime slurry treatment, the data could also be 
used for other processes covering a wider temperature range. 
Thus data are tabulated, when possible, for the range from room 
temperature to at least 1000K. The present compilation covers 
most of the materials that might play a role i n SO2 extraction 
processes and for which data were found. 

0097-6156/82/018 8-0001 $ 10.75/0 
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2 FLUE GAS DESULFURIZATION 

A convenient starting point i s the l i s t of recommended values 
(1_) of the report of the C0DATA Task Group on key values for ther
modynamics, 1977. Some of these values were not considered 
up-to-date and, as discussed below, appropriate modifications 
and additions were made to provide what i s considered the best 
set presently available. The present report covers values of 
Δ Η298> S298> H298~HQ> a n d CP a t 2 9 8 · 1 5 κ · Values of -(G°-H^ 9g)/RT 
are tabulated to allow extension to higher temperatures. The 
values tabulated have been divided by R so that the data are i n 
proper form for immediate calculation of the equilibrium constants 
(2) by InK = -AG°/RT = -A(G ° - H^ 9 g)/RT - (AH2 9 8/R)/T. AS this 
procedure removes the uncertainty due to R m calculation of 
heat capacity and entropy values for gases, i t was possible to 
improve the accuracy fo
f i r s t version of this compilatio
sium held at Morgantown, West V i r g i n i a on Nov. 6-7, 1980, and 
subsequently extended for presentation at the FGD symposium of 
the American Chemical Society meeting i n Atlanta, Georgia, held 
on March 30-31, 1981. 

In such a thermodynamic compilation, i t i s very important 
to maintain internal consistency. When older data are replaced 
by more recent data as has been done here, one must ensure that 
a l l other values that depended upon the old data have been 
changed correspondingly. This i s d i f f i c u l t to do and the present 
compilation i s only one step i n an i t e r a t i v e process that must 
be carried out continuously to incorporate newer data. The 
National Bureau of Standards i s uniquely equipped to carry out 
such a process and i t is hoped that the Bureau be able to con
tinue the updating of the data that have been presented here. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



TA
BL
E 

I 

Th
er

mo
dy

na
mi

c 
Pr

op
er

ti
es
 
of
 C
om
mo
n 

Ga
se

s 
at

 2
98
.1
5K
 

Δ
Η
29

8 
/R
, 

Κ 
S
29

8y
 

0(
g)

 
29
 9

70
 

± 
10
 

19
.3
57
 ±

 
02

(g
) 

0 
24
.6
60
 ±
 

03
(g
) 

17
 1
00
 

± 
20
0 

28
.7
33
 ±

 

H(
g)

 
26
 2

19
 

± 
1 

13
.7
84
 ±

 
H 2
(g

) 
0 

15
.7
04
 ±

 
0H

(g
) 

4 
70
0 

+ 
10
0 

22
.0
86
 ±

 
H0

2
(g

) 
25
0 

+ 
10
00
 

27
.5
4 

± 
H 2
0(

g)
 

-2
9 

08
4 

+ 
5 

22
.6
98
 ±

 
H 2
0 2
(g

) 
-1
6 

34
0 

± 
30
 

28
.1
93
 ±

 

F(
g)

 
9 
54
8 

± 
40
 

19
.0
80
 ±

 
F 2
(g

) 
0 

24
.3
78
 ±

 
HF

(g
) 

-3
2 

87
0 

± 
80
 

20
.8
87
 ±

 

Cl
(g

) 
14
 5

89
 

± 
1 

19
.8
54
 ±

 
Cl

2
(g

) 
0 

26
.8
17
 ±

 
HC

l(
g)

 
-1
1 

10
3 

± 
16
 

22
.4
65
 ±

 

Br
(g

) 
13
 4
57
 

± 
15
 

21
.0
36
 ±

 
Br

2
(g

) 
3 
71
8 

± 
13
 

29
.5
09
 ±

 
HB

r(
g)

 
-4
 3

76
 

± 
20
 

23
.8
84
 ±

 

K
g
) 

12
 8
40
 

± 
2 

21
.7
30
 ±

 
i 2

(g
) 

7 
50
8 

± 
10
 

31
.3
39
 ±

 
HI

(g
) 

3 
18
7 

± 
15
 

24
.8
34
 ±

 R 
^2

98
 ^

(
Ρ
^
' ̂

 
C°

/R
 

0.
00
2 

80
9.
2 

+ 
0.
4 

2.
63
5 

0.
00
4 

1 
04
4.
1 

+ 
0.
5 

3.
53
3 

0.
00
9 

1 
24
7 

± 
2 

4.
73
6 

0.
00
1 

74
5.
4 

2.
50
0 

0.
00
4 

1 
01
8.
5 

+ 
0.
4 

3.
46
8 

0.
00
5 

1 
06
0 

+ 
2 

3.
59
4 

0.
01
 

1 
20
3 

+ 
2 

4.
19
8 

0.
00
5 

1 
19
2 

± 
1 

4.
04
2 

0.
02
 

1 
34
2 

± 
4 

5.
09
9 

0.
00
2 

78
3.
9 

± 
0.
5 

2.
73
6 

0.
00
5 

1 
06
1.
4 

± 
0.
5 

3.
76
5 

0.
00
4 

1 
03
4.
2 

± 
0.
5 

3.
50
4 

0.
00
2 

75
4.
4 

± 
0.
4 

2.
62
7 

0.
00
5 

1 
10
4 

± 
1 

4.
08
3 

0.
00
4 

1 
03
9.
2 

± 
0.
5 

3.
50
4 

0.
00
2 

74
5.
4 

2.
50
0 

0.
00
6 

1 
17
0 

± 
1 

4.
33
7 

0.
00
4 

1 
04
0.
1 

± 
0.
5 

3.
50
5 

0.
00
2 

74
5.
4 

2.
50
0 

0.
00
8 

1 
21
7 

± 
3 

4.
43
7 

0.
00
5 

1 
04
2.
2 

± 
0.
7 

3.
50
7 

Co
nt

in
ue

d 
on

 n
ex

t 
pa

ge
. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



4 FLUE GAS DESULFURIZATION 
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1. BREWER Thermodynamic Values for Desulfurization 
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1. BREWER Thermodynamic Values for Desulfurization 25 
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1. BREWER Thermodynamic Values for Desulfurization 

Appendix; Calculator Program for Use of Tables I-IV 

31 

For the reaction aA + bB = cC + dD, the constants of Table IV 
for each of the reactants and products can be combined to y i e l d an 
equation for -A(G°-H2 9 8)/RT as a function of temperature. The 
AH^gg/R values of Tables I-III can be combined to yieldAtiSgo/R 
for the overall reaction. AH^9g/R = d(AH^ 9g/R) D + c(AH^ 9g/R) c 

-b(AH^ 9 8/R) B-a ( A H^ 9 8/R) A The e q u i l i b r i urn constant can then 
be calculated by the equation ΙηΚ,ρ = -A(G°-H^9g)/RT -
(AH29g/R)/T. If InK i s known, the above equation can be 
used to calculate AH°,9g/R. The following program w i l l 
carry out these operations using the constants of Tables I-IV. 
HP41C programming i s used. 

Directions 

(1) d t c t -b + -a XEQ AG  0 
The sign i s negative for each reactant coefficient and 
positive for each product c o e f f i c i e n t . If the t o t a l of 
reactants and products i s three, enter d=0. For aA=cC, 
enter 0 t 0 + c t -a. 

(2) (ao>D + (ao)c f (^θ)β f (ao)A U s e r A d(ao>D 
[(2 f) e ST09, ( a 0 ) E User Ε e ( a 0 ) E l 
(2 1) i s used only i f the t o t a l of reactants and products i s 
f i v e . Step(2), and i f necessary ( 2 T ) , i s repeated with 
a χ values from Table IV, and then again with the a2 values 
up to a4 values i f there are a4 entries i n Table IV for any 
of the reactants or products. If the sum of reactants and 
products i s three, no entries are made for D. Similarly, 
i f there are only two species, no entry i s needed of (a n)g 
values. If there are only ag terms which correspond to the 
Cp/R values at 298K given i n Tables I-III, no entries are 
made after the ag entries. However, i f any reactant or pro
duct has a higher term, then entries, even when they are 
zero, are required through the highest a n set with at least 
one non-zero value. 

(3a) T-L XEQ 1 - A ( G ° - H S 9 8 ) / R T 1 

(3b) (If I stored i n R12) R/S -A(G°-H$ G 8)/RT 
for Τ = Τ! + I 

(4) After 10.1 ST010, A H ^ / R for each product and reactant i s 
inserted as i n (2), and i f necessary ( 2 f ) . 

(5a) To calculate average AH298/R from a set of lnlCp values, XEQ5 
to set up registers 
Τ + InRp User Η Δ Η 2 9 δ / Κ 

Repeat Τ t InK H for a l l T. 
(5b) R/S, SST Av.AH^9g/R,Std.Dev. 
(6a) After step 4 or 5 has stored AHÎJ^/R i n R l l , 

Τχ User E, SST l n K T 1 , K x l 

(6b) R/S, SST ΙηΚχ, K x 

for Τ = Tj+I 
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32 F L U E GAS DESULFURIZATION 

Note 1: When -(G°-H2 9g)/RT i s given as a function of T-298.15, 
e.g. a 0 ' + (T-298.15) + a 2(T-298.15) 2, i t i s necessary to expand 
to obtain power series i n T. In the example cited, aQ = aQf -
298.15 & 1' + a 2(298.15) 2 and a± = a±' - 2(298.15)a 2. 
Note 2: When the -(G 0-H§ 9 8)/RT equation i n Table IV contains 
InT and T" 1 terms, these terms should be entered by step (2) 
after insertion of the ao terms and before insertion of the a^ 
terms. For an equation with InT, T""1 as well as Τ and T 2 terms, 
LBL 01 would be modified after RC1 02 of step 51 to Rt / + 
Rt LN RCL 01 X + RCL 00 + RTN. 

R 00 1 2 3 4 5 
AaQ Aa 3 kai± -a 

11 
^298 

12 
I 

13 
Σ .^298 R 

10 
Aa 
Index 

94 SIZE 019, program has 
a t o t a l of 37 registers needed, 
starting at 13. 
Test: 

CaS0 3(s) = CaO(s) + S0 2(g) 
0 t 1 t 1 t -1 

ν 1 ' 
steps using 124 bytes or 18 registers or 

Program w i l l set Σ registers 

(1) 

(2) 

(3) 
(4) 
(6a) 
(5a) 

31.44 
-1.4018xl0" 2 

3.8017xl0~ 5 

-3.37xl0" 8 

1.0875x1ο""11 

EEX2 ST012, 

t 
t 
t 
t 
t 

800 
10.1 ST010, -35 700 t -76 380 
800 Ε -12.456 SST 3.90x10*"6 

XEQ5, 800 t -12.46 Η 27 324; 
1000 t -5.94 Η 27 318 

(5b) R/S 27 322, SST 3 

XEQ 'AG1 

User 
12.75 A 
-9.16xl0~ 3 A 
2.75xl0" 5 A 
-1.23xl0" 9 A 

0 A 
XEQ1 21.694; (3b) R/S 21.510; R/S 21.378 

+ -139 400; AO; RCL11 27 320 

4.82 
-4.07xl0" 3 

1.26xl0~ 5 

-5.86xl0" 9 

0 

900 t -8.85 Η 27 324; 

LBLAG ST05 RDN ST06 RDN ST07 RDN ST08 
ST010 0 STOl ST02 ST03 ST04 STOl 2 RTN 
LBLA ISG10 STIND10 CLX RCL 5 STXIND10 

RCL7 LBLA 
RDN RCL6 X ST+IND10 RDN RCL7 

ST+IND10 RDN RCL8 X ST+IND10 RTN 
LBLe RCL9 X ST+IND10 RTN 
LBL1 + t RCL4 X RCL 3 + 
RCL 2 + X RCL1 + X RCL00 + 
RCL12 Rt + GTOl 
LBL 5 ΣREG13 CLΣ RTN 
LBLH ST015 RDN XEQ1 RCL 15 - Rt X 
LASTX RTN MEAN ST011 RTN SDEV 

EtX LBLE XEQ1 RCL11 Rt / - RTN EtX 
Rt + GTOE 

-1.1 

X 
RTN 

Σ+ 

RCL12 
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2 
Reliable Data for Flue Gas Desulfurization 
Processes 

BERT R. STAPLES 

National Bureau of Standards, Electrolyte Data Center, Washington, DC 20234 

A wide variet
vapor l iqu id equi l ibr i
and to extrapolate performance reliability of 
flue gas desulfurization processes. A chemical 
and physical model capable of predicting actual 
scrubber performance is a continuing goal, but 
any model is only as rel iable as the input data. 
Carefully evaluated thermodynamic and kinetic data 
are needed to insure consistency, accuracy, and to 
provide a basis for comparing processes or models. 
The methodology for the critical evaluation of ther
modynamic properties of electrolytes is discussed in 
general, with emphasis on processes important in flue 
gas washing systems. How we intend to use the present 
evaluation systems to provide updated data for flue 
gas washing processes is also discussed. A number of 
these specific processes were chosen to i l lus t ra te the 
evaluation procedure. Guidelines are provided for 
calculating an equilibrium constant, ac t iv i ty coef
f ic ien t , Gibbs energy and enthalpy of reaction, en
thalpy of d i lu t ion , and standard enthalpy, Gibbs 
energy, entropy, and heat capacity. Sources of 
data and how to use them are discussed. 

The Chemical Thermodynamics Data Center and the Electrolyte 
Data Center are providing the Morgantown Energy Technology Center, 
Department of Energy, with an evaluated set of data for flue gas 
desulfurization processes. This data is advantageous to use. 

The user is relieved of the burden of examining extensive 
l i terature sources to locate, then to judge, and f ina l ly to 
select a value for a thermodynamic property. These have already 
been done by experts in thermodynamic property evaluation. This 
provides an immediately usable source of data which is not only 
accepted as rel iable but is also self-consistent with properties 
of other substances. 

This chapter not subject to U.S. copyright. 
Published 1982 American Chemical Society. 
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A c r i t i c a l l y evaluated and s e l f consistent data base i s 
needed f o r the thermodynamic properties (ΔΗ, AG, AS, Cp, γ +, φ, 
K eq) of chemical species important i n f l u e gas d e s u l f u r i z a t i o n 
systems. Such a data base should form the foundation for the 
design of f l u e gas washing units and the modeling and p r e d i c t i v e 
schemes used to describe the chemical processes and speciation 
occurring i n these units. 

Optimization of a f l u e d e s u l f u r i z a t i o n system depends on i t s 
operation and maintenance procedures, the design, the modeling 
and c a l c u l a t i o n s used to produce the design, and the data base 
upon which a l l of these items rest. A 'standard' set of data can 
make i t possible to t e s t a v a r i e t y of models or c a l c u l a t i o n 
schemes and can provide a common basis f o r comparing them. 

The evaluation procedure  presentl  employed  w i l l b
b r i e f l y reviewed and th
updated values applicable to f l u e gas washing processes  be 
discussed i n t h i s chapter. 

Generally, a c r i t i c a l evaluation of chemical thermodynamic 
data involves a network approach. A small sample of such a 
network approach i s i l l u s t r a t e d i n Figure 1, f o r a few barium 
compounds. Each l i n e represents a reaction (process), each node, 
represents a compound. The network approach has been discussed 
i n reference (1). Various techniques are used by the analyst i n 
evaluation of the thermodynamic consistency and r e l i a b i l i t y of 
i n d i v i d u a l reaction measurements. One of these i s to analyze a 
given thermochemical network of measurements into various combin
ations of reactions that r e s u l t i n i d e n t i c a l i n i t i a l and f i n a l 
states. For each such 'loop' the algebraic sum of changes i n a 
thermodynamic variable (ΔΗ, AG) should equal zero except f o r the 
combination of experimental uncertainties. Analysis of these 
residuals from the various loops may reveal c e r t a i n measurements 
to be inconsistent with the remainder of the reactions. S i m i l a r l y , 
solutions of the ent i r e network using both leas t sums and l e a s t 
squares techniques are valuable (2). The least sums technique 
minimizes the sums of the residuals whereas the l e a s t squares 
technique minimizes the sum of the deviations squared. Large 
residuals found i n the so l u t i o n are i n d i c a t i v e of thermodynamic 
inconsistency with respect to the t o t a l set of measurements. 

Tests using loop analysis combined with l e a s t sums-least 
squares analysis can also be used to see whether a large-scale 
r e v i s i o n of data on compounds of a given element i s needed or 
j u s t i f i e d . The complexities of such networks can be great, as i s 
the case f o r the l i t h i u m network. This network approach w i l l 
a s s i s t us i n evaluating data f o r f l u e gas washing processes. 

A subset of chemical species have been selected to form the 
basis of an evaluation f o r f l u e gas washing processes. The 
s e l e c t i o n i s based on discussions with persons of DOE-Morgantown 
and from the 1979 FGD workshop proceedings (3). The chemical 
species include S0 2 and C0 2, of course, and i l l combinations of 
the aqueous cations and anions l i s t e d i n Table I. Other s u l f u r 
containing species w i l l be added i n future work. 
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Table I. Chemical Species Important i n Flue Gas 
Desul f u r i z a t i o n 

S 0 2 co 2 

Mg + 2 OH" 

C a + 2 
S 0 3 -

F e + 3 
HS03 

F e + 2 so 4
= 

Mn + 2 
H S 0 4 ' 

Na + 

,,+ Κ H C 0 3 ' 

The properties selected f o r evaluation include most of the 
thermodynamic properties which we normally evaluate i n the course 
of our work i n the data centers. They include enthalpies of 
formation, s o l u t i o n , and d i l u t i o n ; Gibbs energies of formation 
and s o l u t i o n ; entropies of formation and s o l u t i o n ; heat c a p a c i t i e s 
and equilibrium constants ( s o l u b i l i t y , i o n i z a t i o n , e t c ) ; as well 
as a c t i v i t y and osmotic c o e f f i c i e n t s , r e l a t i v e apparent molal 
enthalpies and apparent molal heat capacities. 

Properties f o r processes can be calculated from thermodynamic 
quantities for i n d i v i d u a l species. A sample (Table I I ) from the 
NBS Interim Report (4), Ά Report on Some Thermodynamic 
Data For Des u l f u r i z a t i o n Processes', shows t y p i c a l values f o r 
selected quantities of some chemical species extracted from the 
NBS Technical Note 270-series (5). A sample (Table I I I ) from the 
NBS Interim Report i l l u s t r a t e s a set of processes f o r a few 
reactions related to the f l u e gas washing process. This reaction 
table can be constructed from the data on in d i v i d u a l species. 
An example follows: 

A c a l c u l a t i o n of +an equilibrium constant f o r the formation 
of the ion p a i r MgOH from the reaction (1) i s i l l u s t r a t e d i n 
equations (2) and (3) below. 

Mg + 2(aq) + 0H"(aq) = MgOH+(aq) (1) 

AG° = Ση. (AG°f). - Zn.(AG°f). (2) 
1 products 1reactants 

-AG° a(MgOH+) 

RT a(Mg *)a(OH~) 
Equilibrium constants ( i o n i z a t i o n , complexation, and s o l u b i l i t y ) 
can be calculated from the data contained i n the NBS Technical 
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Table I I . Sample Property Table. 

Enthalpy, Gibbs Energy of Formation, Entropy, and Heat Capacity 

Substance AfH° AfG° H°-H°o S° 

Formula and 
Description 

298.15 K(25 °C) Formula and 
Description kcal/mol cal/deg-mol 

HSO^ao) -149.6

HSO^ao) -212.08 -180.69 31.5 -20. 

H2S03(ao) = 
(S0 2 + H20) -145.51 -128.56 55.5 — 

H 2S0 4(1) -194.548 -164.938 6.748 37.501 33.20 

H 2S0 4(a) -217.32 -177.97 4.8 -70. 

H2S04-H20(1) -269.508 -227.182 — 50.56 51.35 

H2S04.2H20(1) -341.085 -286.770 — 66.06 62.34 

H2S04-3H20(1) -411.186 -345.178 — 82.55 76.23 

H2S04-4H20(1) -480.688 -403.001 — 99.09 91.35 

H2S04-6.5H20(1) -653.264 -546.403 — 140.51 136.30 

C02(g) -94.051 -94.254 2.2378 51.06 8.87 

C02(ao) -98.90 -92.26 28.1 — 
CO^a) -161.84 -126.17 -13.6 — 
HC0~(ao) -165.39 -140.26 21.8 — 
H2C03(ao) -167.22 -148.94 44.8 — 
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Note 270-series (5), which i s based on a l l a v a i l a b l e experimental 
data. Thus, a very large body of standard reference data can be 
applied immediately to the p r a c t i c a l f l u e gas problem. This 
r e l i e v e s the user of the burden of sel e c t i n g values of AG.. 

The procedures for extracting such values from the 270-series, 
s e r i e s , which were b r i e f l y outlined i n equations (1-3), have been 
discussed more extensively by the present author (6). 

Aqueous Solution Properties 
Aqueous solution processes and the properties of aqueous 

species are of prime i n t e r e s t i n wet lime-limestone and other 
l i q u i d phase scrubber units. Accordingly, thermodynamics prop
e r t i e s of i n t e r e s t include  bu  l i m i t e d  ΔΗ°
φ, , and Κ . Y L ' eq 

The NBS Tech. Note 270-series provides some of these evalu
ated properties. Values of ΔΗ° and AG® are tabulated d i r e c t l y 
fo r aqueous species at 298 K. I t has been i l l u s t r a t e d (eqs 1-3, 
and ref. 6) that an equilibrium constant can be calculated from 
the tabulated values of Δΰ°. Some of these values w i l l change 
and w i l l be based upon newer experimental r e s u l t s . This w i l l be 
discussed l a t e r i n the chapter. 

The r e l a t i v e apparent molal enthalpy, φ., can be obtained 
from the tabulated ΔΗ° values, for example 

φ,_ (aq,n H 20) = ΔΗ° (aq,n H 20) - ΔΗ° (aq, <») (4) 

Table IV shows the res u l t s of the φ. c a l c u l a t i o n f o r CaS0 4(aq), 
as well as for the a c t i v i t y and osmotic c o e f f i c i e n t r e s u l t s . 

A c t i v i t y and osmotic c o e f f i c i e n t s can be calculated using 
various semitheoretical equations. There have been two major 
e f f o r t s towards the evaluation of a c t i v i t y and osmotic c o e f f i c i e n t s 
during the past 10 years. P i t z e r and coworkers have formulated a 
set of equations of the v i r i a l c o e f f i c i e n t type consistent with 
both the modern s t a t i s t i c a l mechanical description of e l e c t r o l y t e 
solutions and the basic p r i n c i p l e s of thermodynamics of solutions. 
The E l e c t r o l y t e Data Center at NBS (Goldberg, N u t t a l l , and Staples) 
has completed many detai l e d c r i t i c a l evaluations of e l e c t r o l y t e s 
using an extensive data base of a l l a v a i l a b l e experimental data 
and have used extended forms of Hamer-Wu (8), Lietzke-Stoughton (9) 
equations, and more recently, extensions of the P i t z e r equations. 
B a s i c a l l y a l l of these sets of equations have been employed i n 
the representation of a c t i v i t y data f o r tables f o r FGD applications. 
The a c t i v i t y and d i l u t i o n data are given i n Tables IV-IX, f o r s i x 
s a l t s . P i t z e r equations, published thus f a r , sometimes do not 
cover the more concentrated ranges of in t e r e s t (saturated or 
supersaturated s o l u t i o n s ) . Reevaluated P i t z e r c o e f f i c i e n t s are 
being tabulated at NBS, which w i l l cover wide ranges of concen
t r a t i o n as do the Hamer-Wu and Lietzke-Stoughton equations. 

American Chemical 
Society Library 

1155 16th St., N-W. 
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Table IV. CaS0 4 

Relative Apparent Molal Enthalpy and A c t i v i t y C o e f f i c i e n t s 
at 298.15 Κ 

η H 20 AfH Φ m 
1 -1 

kcal mol 
1 

5000.00 -346.414 646. .3714 .7111 . OHIO 
7500.00 -346.518 542. .4276 .7410 .00740 

10000.00 -346.566 494. .4695 .7631 .00555 
20000.00 -346.685 375. .5729 .8166 .00278 
50000.00 -346.827 233. .7000 .8784 .00111 

100000.00 -346.915 145. .7791 .9140 .00056 
500000.00 -347.009 51. .8986 .9633 • 00011 

1000000.00 -347.026 34. .9284 .9746 .00006 
00 -347.060 0 0 

A fH° = -347.060 kcal mol * Number of m o l a l i t i e s = 8 

Enthalpy data taken from NBS TN 270-Series [5] 
A c t i v i t y c o e f f i c i e n t data from [7] 

Constants f o r the a c t i v i t y c o e f f i c i e n t equation (eqns. 5-11) : 
b = 1.20E+00 ατ = 1.40E+00 α £ = 1.20E+01 
° 1 9 β = 2.00E-01 β χ = 2.65E+00 β^ = -5.57Ε+01 

C* = Ο.ΟΟΕ+00 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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Table V. MgS04 

Relative Apparent Molal Enthalpy and A c t i v i t y C o e f f i c i e n t s 
at 298.15 Κ 

η H90 Δ.Η φ. γ± φ m 
- 1 - 1 -1 kca mol cal mol mol kg 

20.00 -327.100 1800. .0513 .8481 2.77540 
25.00 -327.200 1700. .0469 .7072 2.22032 
50.00 -327.410 1490 .0522 .5340 1.11016 
75.00 -327.520 

100.00 -327.590 
200.00 -327.740 1160. .1016 .5459 .27754 
300.00 -327.820 1080. .1238 .5633 .18503 
400.00 -327.880 1020. .1421 .5772 .13877 
500.00 -327.930 970. .1578 .5888 .11102 
600.00 -327.970 930. .1716 .5989 .09251 
800.00 -328.040 860. .1954 .6156 .06939 
1000.00 -328.080 820. .2154 .6291 .05551 
2000.00 -328.202 698. .2866 .6722 .02775 
5000.00 -328.358 542. .4003 .7334 . OHIO 

10000.00 -328.467 433. .4976 .7835 .00555 
20000.00 -328.581 319. .5969 .8328 .00278 
50000.00 -328.707 193. .7163 .8883 .00111 

100000.00 -328.774 126. .7898 .9202 .00056 
Oo -328.900 0 0 

A fH° = -328.900 kcal mol Number of m o l a l i t i e s = 18 

Enthalpy data taken from NBS TN 270-Series [5] 
A c t i v i t y c o e f f i c i e n t data from [7] 
Constants f o r the a c t i v i t y c o e f f i c i e n t equation (eqns. 5-11) : 
b = 1.20E+00 α χ = 1.40E+00 « 2 = 1.20E+01 

β° = 2.21E-01 β 1 = 3.343E+00 β 2 = -3.723E+01 

0Ψ = 2.50Ε-02 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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Table VI. H 2S0 3 

Relative Apparent Molal Enthalpy and A c t i v i t y C o e f f i c i e n t s 
at 298.15 Κ 

kcal mol" 1 cal mol' 1 m o 1 k9 

A fH° = 

. 55508 

.22203 

.18503 

100.00 -146.369 5531
150.00 -146.54
200.00 -146.67
250.00 -146.773 5127. 
300.00 -146.862 5038. · * ™ 
400.00 -147.006 4894. · " ° 

_ ., m r ΛΤ7Λ . i J - X U t 

07401 
05551 
03701 
02775 
02220 
01850 
01586 
01388 
01110 
,00740 
00555 

500.00 -147.126 4774. 
750.00 -147.351 4549. 
1000.00 -147.516 4384. 
1500.00 -147.776 4124. 
2000.00 -147.957 3943. 
2500.00 -148.091 3809. 
3000.00 -148.206 3694. 
3500.00 -148.304 3596. 
4000.00 -148.383 3517. 
5000.00 -148.524 3376. 
7500.00 -148.758 3142. 
10000.00 -148.899 3001. .w. 

» -151.900 0 0 

-151.900 kcal mol" 1 Number of m o l a l i t i e s = 18 

for [2H + + S 0 3
= ] 

Enthalpy data taken from NBS TN 270-Series [5] 
H 2S0 3 i s thermodynamically equivalent to S0 2

 + Η,,Ο. They are 
not d i s t i n c t species. Both the S0 2 and H 2S0 3 tables are f o r 
the formation of the real s o l u t i o n , including a l l e f f e c t s of 
i o n i z a t i o n . 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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Table VII. S0 £ 

Relative Apparent Molal Enthalpy and A c t i v i t y C o e f f i c i e n t s 
at 298.15 Κ 

η H20 
A f H - i 

Φ m 
kcal mol 

100.00 -78.054 5531. .55508 
150.00 -78.226 5359. .37005 
200.00 -78.355 5230. .27754 
250.00 -78.458 5127. .22203 
300.00 -78.547 5038. .18503 
400.00 -78.691 4894. .13877 
500.00 -78.811 4774. .11102 
750.00 -79.036 4549. .07401 
1000.00 -79.201 4384. .05551 
1500.00 -79.461 4124. .03701 
2000.00 -79.642 3943. .02775 
2500.00 -79.776 3809. .02220 
3000.00 -79.891 3694. .01850 
3500.00 -79.989 3596. .01586 
4000.00 -80.068 3517. .01388 
5000.00 -80.209 3376. . OHIO 
7500.00 -80.443 3142. .00740 

10000.00 -80.584 3001. .00555 
00 -83.585 0 0 

L f H - -83.585 kcal mol Number of m o l a l i t i e s = 18 
[completely ionized - See note on Table VI. H 2S0 3] 

Enthalpy data taken from NBS TN 270-Series [5] 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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Table V I I I . Na 2S0 3 

Relative Apparent Molal Enthalpy and A c t i v i t y C o e f f i c i e n t s 
at 298.15 Κ 

η H20 Δ.Η 
τ -ι 

kcal mol •ι -a 
cal mol mol kg 

30.00 -266.290 0. .1989 .7124 1.85027 
50.00 -266.290 0. .2292 .7026 1.11016 

100.00 -266.290 0. .2866 .7281 .55508 
2000.00 -266.290 0. .6074 .8581 .02775 

10000.00 -266.290 0. .7705 .9195 .00555 
50000.00 -266.290 0. .8812 .9593 .00111 

200.00 -266.510 -220. .3529 .7580 .27754 
800.00 -266.410 -120. .5029 .8177 .06939 

00 -266.290 0 0 

A fH° = -266.290 kcal mol 1 Number of m o l a l i t i e s = 1 

1 

Enthalpy data taken from NBS TN 270-Series [5] 
A c t i v i t y c o e f f i c i e n t data from [11] 
Constants f or the a c t i v i t y c o e f f i c i e n t equation (eqns. 12,13) : 

Β = 1.32416014E+00 
C = -2.69200069E-01 
D = 6.67319796E-02 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 
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Table IX. Na 2S0 4 

Relative Apparent Molal Enthalpy and A c t i v i t y C o e f f i c i e n t s 
at 298.15 Κ 

η H20 
kcal mol cal mol 

18.00 -333.852 -1752. 
20.00 -333.800 -1700. 
25.00 -333.593 -1493. 
28.37 -333.491 -1391. 
30.00 -333.432 -1332. 
40.00 -333.165 -1065. 
50.00 -332.988 -888
60.00 -332.840 
80.00 -332.605 -505. 
100.00 -332.420 -320. 
120.00 -332.275 -175. 
140.00 -332.184 -84. 
160.00 -332.122 -22. 
180.00 -332.076 24. 
200.00 -332.040 60. 
250.00 -331.980 120. 
300.00 -331.943 157. 
350.00 -331.918 182. 
400.00 -331.901 199. 
500.00 -331.879 221. 
600.00 -331.867 233. 
800.00 -331.857 243. 
1000.00 -331.855 245. 
2000.00 -331.872 228. 
3000.00 -331.892 208. 
4000.00 -331.907 193. 
5000.00 -331.920 180. 

10000.00 -331.958 142. 
20000.00 -331.992 108. 
50000.00 -332.027 73. 

00 -332.100 0 

-1 
γ± φ m 

mol kg 

.1389 .6735 3.08378 

.1411 .6539 2.77540 

.1494 .6303 2.22032 

.1558 .6252 1.95658 

.1590 .6244 1.85027 

.1780 .6302 1.38770 

.1953 .6417 1.11016 

.2367 .6726 

.2581 .6876 .55508 

.2762 .6996 .46257 

.2919 .7093 .39649 

.3058 .7175 .34693 

.3183 .7246 .30838 

.3296 .7308 .27754 

.3540 .7435 .22203 

.3743 .7537 .18503 

.3919 .7622 .15859 

.4072 .7694 .13877 

.4333 .7813 .11102 

.4549 .7910 .09251 

.4894 .8060 .06939 

.5163 .8176 .05551 

.5991 .8520 .02775 

.6457 .8707 .01850 

.6774 .8832 .01388 

.7010 .8924 .01110 

.7677 .9178 .00555 

.8235 .9385 .00278 

.8805 .9589 .00111 
0 

A f H ° = -332.100 kcal mol" 1 Number of m o l a l i t i e s = 30 

Enthalpy data taken from NBS TN 270-Series [5] 
A c t i v i t y c o e f f i c i e n t data from [11] 
Constants f o r the a c t i v i t y c o e f f i c i e n t equation (eqns. 12,13) 
Β = 1.21597315E+00 Ε =. -4.86954126E-03 
C = -3.55728552E-01 
D = 8.29465562E-02 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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For the NBS report (4), the a c t i v i t y and osmotic 
c o e f f i c i e n t s of 2 : 2 charge type e l e c t r o l y t e (MgS0 4, CaS0 4, and 
MnS04) have been calculated from the P i t z e r equations (7). 

For the a c t i v i t y c o e f f i c i e n t of these 2:2 s a l t s , the equation 
i s 

In γ = 4.Y + mBY + πι C Y (5) 
where f m x m x 

ν 1/2 1/2 1/2 f* = -A [I / ( l + bV'n + (2/b) In (1 + b l 1 7 * ) ] (6) 
-a I 1 / 2 

Bmx = ZC+ ( 2 β ΰ Χ ΐ ) Ε 1 - Ο + a / ' 2 - ^ I ) e ] (7) 
-a I 1 / 2 

+ ( 2 p i x ) / a 2 I ) C 1 " ( Ί + a 2 l V 2 ' I a 2 I ) e 2 ] 

and 
C Y = |c* (8) mx 2 mx v ' 

The osmotic c o e f f i c i e n t equation i s 

φ - 1 = 4 • + mB* + m2C* (9) 
where f 

f* = -A [ I 1 / 2 / ( l + b l 1 / 2 ) ] (10) 
a n d

 T l / 2 T l / 2 
B* = β » ) + p ^ e " 1

 + P ( 2 > e " 2 (11) mx •mx *mx Kmx 
D e f i n i t i o n of terms are de t a i l e d i n reference (7) and parameters 
f o r these equations are given i n the appropriate tables i n 
reference (4). 

For a more detai l e d discussion of the P i t z e r equations the 
reader i s referred to reference (7), as well as to G. Rosenblatt's 
paper i n these proceedings. 

For the uni-uni valent compounds, and the unsymmetrical 
charge types, uni-bi and bi-univalent compounds the a c t i v i t y and 
osmotic c o e f f i c i e n t s have been calculated from the Hamer-Wu, 
Lietzke-Stoughton equations used i n previous evaluations (8,9). 

The equation f o r the osmotic c o e f f i c i e n t i s 

0 - 1 + ( z+Z- V " ( 1 + B l l / 2 ) + 2 l n ( 1 + B l l / 2 ] 

+ 1/(1 + Β I 1 / 2 ] + l/2Cm + 2/3Dm2 + 3/4Em3 + . . .} (12) 

and the a c t i v i t y c o e f f i c i e n t 
In γ = - | z + z _ | A I 1 / 2 + Cm + Dn»2 + Em3 + . . . . (13) 

1 + Β I 1 / 2 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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The parameters f o r these equations are tabulated i n the 
appropriate tables i n reference (4). A c t i v i t y c o e f f i c i e n t s f o r 
these charge types may also be calculated from the P i t z e r 
equations f o r the uni-univalent and uni-bi and bi-univalent 
s a l t s . In these cases, the P i t z e r equations are sometimes 
applicable to a more l i m i t e d concentration range. I f the concen
t r a t i o n being investigated i s beyond the range of v a l i d i t y 
s p e c i f i e d by P i t z e r , the Hamer-Wu, Lietzke-Stoughton equations 
are recommended. 

Future Evaluations 

Future d i r e c t i o n s f o r evaluation e f f o r t s at the NBS data 
centers include the following

1. Adjustments mus
properties to account f o
the o v e r a l l unity and consistency of these tables. For example, 
from the NBS Tech. Note 270-series, 'Selected Values of Thermo
dynamic Properties,' a AG° of sol u t i o n of CaS0 4-2H 20(c) of 5.96 
kcal.mol" 1 i s obtained. This leads to a s o l u b i l i t y constant, K s°, 
of 4.3 χ 10~ 5 (from equation 3). More recent data indicate a 
value of AG° = 6.25 k c a l - m o l - 1 , which r e s u l t s i n a Κ ° = 2.63 
χ 10~ 5, a difference of 65% i n the Κ ° value previously predicted. 

2. Property values w i l l be extended beyond 298 Κ and 
equations w i l l be provided to c a l c u l a t e properties as a function 
of temperature, i n i t i a l l y over the range of about 0 - 100°C. 
This range w i l l bracket the 50-60° temperatures t y p i c a l l y found 
i n wet scrubbers. 

3. The NBS data base on aqueous solutions w i l l be used to 
obtain parameters f o r the P i t z e r equations f o r a c t i v i t y data over 
extended ranges of concentration. Interaction parameters f o r 
mixed e l e c t r o l y t e s w i l l be evaluated. 

4. Plans also include means to estimate and develop 
p r e d i c t i v e schemes to obtain data where no measurements have been 
made and to develop methods to handle the properties of mixtures 
based on the P i t z e r equations, p a r t i c u l a r l y f o r the a c t i v i t y 
c o e f f i c i e n t s . 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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Use of Pitzer's Equations to Estimate Strong-
Electrolyte Activity Coefficients in Aqueous 
Flue Gas Desulfurization Processes 

GERD M. ROSENBLATT 

University of California, Los Alamos National Laboratory, Los Alamos, NM 87545 

The computer code which is in current widespread 
use for analyzing the chemistry taking place in aq
ueous flue-gas-desulfurization (FGD) processes is 
based upon modified Debye-Hückel single-ion activity 
coefficients and specific associations between oppo
sitely charged ions. Recently, Pitzer and coworkers 
have presented equations for electrolyte activity 
coefficients in aqueous solutions which differ sig
nificantly in form and parameters, and also in pre
dictions for model mixtures pertinent to FGD. The 
Pitzer equations have been shown to reproduce the 
behavior of complex, concentrated aqueous mixtures 
under a wide variety of conditions. In Pitzer's 
approach, both single- and mean-ion activity coef
ficients are calculated by summing over all inter
actions in the solution without involving specific 
associations, a l l interactions being described by 
the activity coefficients. Because they are a con
vergent series, the equations can be used at various 
levels of complexity and accuracy. When experi
mental data are unavailable, they can be truncated 
so that they contain only a few parameters. Those 
few parameters can be estimated empirically. Under 
these conditions, activity coefficients are est i 
mated to an accuracy which wi l l typically be better 
than 25%. It is concluded that Pitzer's equations 
offer a promising approach for thermodynamic model
ing of FGD chemistry. 
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58 F L U E GAS DESULFURIZATION 

Introduction 

It i s more than a decade since P. S. Lowell and associates'^ 
developed the basic chemical thermodynamic approach underlying 
the widely used Bechtel-modified Radian equilibrium computer code 
for aqueous flue-gas-desulfurization systems. In that code, ac
t i v i t i e s are calculated by combining association e q u i l i b r i a for 
strongly a t t r a c t i v e l y - i n t e r a c t i n g ion-pairs with extended-Debye-
Hîickel single-ion a c t i v i t y c o e f f i c i e n t s . The Debye-Huckel coef
f i c i e n t s depend upon a parameter for the ion and upon the ionic 
strength of the solution but not upon the nature of the other ions 
present. It has long been recognized that there are problems i n 
using Debye-Hilckel-based a c t i v i t y coefficients i n solutions where 
the molal ionic strength i s greater than ^ . 2 . This leads one to 
ask: 

1) In the intervenin
more accurate way (or ways) y
complex, concentrated aqueous solutions of strong electrolytes? 

2) Can this be adapted to solutions, such as are encountered 
in FGD chemistry, for which the required thermodynamic parameters 
have not been measured? 

3) Do a c t i v i t i e s and s o l u b i l i t i e s calculated from this 
alternate approach d i f f e r from those calculated with association-
equilibrium extended-Debye-Hiickel models under conditions of i n 
terest i n FGD wet scrubbing? 

4) Is there s t i l l more to be done to describe the thermo
dynamic properties of aqueous solutions of interest i n flue-gas 
desulfurization? 

In the author's opinion the answer to these four questions i s 
"Yes." Pitzer and coworkers (?ziiL) have put into p r a c t i c a l form 
recent developments in the s t a t i s t i c a l mechanics of electrolyte 
solutions so as to obtain equations for a c t i v i t y and osomotic 
coefficients which sum over pairwise interactions for a l l ions 
present i n the solution. The a c t i v i t y coefficients for ions i n 
mixtures thus calculated r e f l e c t the differences in the degrees of 
interaction between various ions. Such calculations have been 
demonstrated to reproduce experiment closely even at high concen
trations. Pitzer's equations require parameters for a l l ion pairs 
present i n the mixture. When experimental data are not available, 
the required parameters may be estimated by empirical methods 
based upon a correlation between the parameters and the^yaçer 
"structure-making" or "breaking" tendencies of the i o n s ^ — ; . When 
parameters must be estimated, Pitzer's equations can be truncated 
to reduce the number of parameters. Using the theory in this 
simplified form, approximate calculations can be made for complex 
mixtures using only pure-electrolyte quantities, either estimated 
or experimental. Pitzer's equations have been used previously as 
the basis for thermodynamic estimates, in a somewhat different way 
and for a different application, by Edwards et a l . (M) 

This paper f i r s t presents Pitzer's equations for single-ion 
a c t i v i t i e s i n the truncated form appropriate to approximate c a l 
culations. Then, i t describes sources of the experimental and 
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estimated parameters required for calculations on FGD mixtures. 
Next, i t reviews the accuracy of such approximate calculations and 
their s e n s i t i v i t y to changes i n input parameters. Then i t com
pares Pitzfir-equation calculations for simple model solutions 
relevant to FGD with Radian-code calculations, i l l u s t r a t i n g some 
potentially s i g n i f i c a n t differences i n the results. 

Summary of P i t z e r 1 s Equations 

The treatment starts from a generalized v i r i a l expansion for 
G x s, the t o t a l Gibbs energy of the solution minus the Gibbs energy 
of an ideal solution of the same composition. Although the v i r i a l 
c o efficients are not ind i v i d u a l l y measurable, measurable combina
tions of the v i r i a l c o e f ficients have been identified(?2__). 
D i f f e r e n t i a t i o n of G x s wit
computation of the a c t i v i t
respect to the amount of an ion yields the a c t i v i t y c o e f f i c i e n t of 
that ion. 

The expression^ J-5,16) f o r t ] i e a c t i v i t y of water in a solu
tion containing various cations ĉ  and anions a_ i s 

£na u = - 0.018015 
2 

Em. - 2 A A I 3 / 2 / ( l + p l 1 / 2 ) 
1 

2EEm m [ Β Ψ + ZC ] c a ca ca 
ca 

ΣΣ m m ,θ , + ΣΣ ni m ,θ , c c T ce 1 . a a £ ce' aa 
( D 

In this equation m represents molality, ζ represents ion charge, 
1 Σ 2 

I = — .m.ζ. i s the ionic strength, and Ζ = Em.ζ.. The quanti-2 i i i & ' i l l 
ti e s Αφ, Β Φ , C and θ are related to the v i r i a l c o e f ficients and 
are described further below, as i s p. 

Although one can usually only measure mean-ion a c t i v i t y coef
f i c i e n t s for neutral combinations of ions, i t i s sometimes conve
nient to use expressions for single-ion a c t i v i t y c o e f f i c i e n t s 
which can then be combined to obtain mean-ion c o e f f i c i e n t s . For 

. J^M V
Z X ion-pair M X V V M Χ 

£ η Ύ Μ Χ = ( V V H n Y M + ( ν χ / ν ) £ η Ύ Χ ( 2 ) 

ζ ζ 
where V = V +V . For the single ions M M and Χ X 0^>16) ^ 

= ζ 2 f Y + Σι [2 B M + ZC ] M M a a L Ma Ma 

+ 2 Σο Θ Μ + ΣΣπι m [ ζ + ζ C ] (3a) c Me c a M ca M ca c ca 
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ΙηΎχ = z x V + Σ» [2B + ZC ] 
c 
+ 2 Σι θ ν + ΣΣτη m [ζ 2 B F + |zv|c ] (3b) a Xa ca c a L X ca 1 X1 ca J 

a 
γ 

For the Debye-Huckel term f (with γ a superscript, not a 
power), Pitzer \ i / chose the extended form 

f Y = - Α φ [ Ι 1 / 2 / ( 1 + p l 1 / 2 ) + (2/p)£n(l + p l 1 / 2 ) ] (4) 

where ρ = 1.2 i s related to an average ion hard-core diameter. 
Perhaps the most c r i t i c a l evaluation of the Debye-Huckel osmotic-
coeff i c i e n t constant Αφ i s that of Clarke and Glew(iZ) who obtain 

Αφ = - 16.39023 + 261.337
- 1.437167(T/100) + 0.111995(Τ/100) 2 (5) 

which at Τ = 298.15 Κ (25°C) yields Αφ = 0.392. This value of Αφ 
was used by Pitzer and Mayorga114/ i n evaluating ion-pair 
parameters and i t i s necessary to use that same value when working 
with those parameters. 

The v i r i a l c oefficients βΦ, Β , Β', and C describe the thermo
dynamic properties of a pure electrolyte. The second v i r i a l coef
f i c i e n t s Β Φ , Β and B 1 arise from binary interactions and have an 
ionic strength dependence similar to that suggested by s t a t i s t i c a l 
mechanics : 

-α, I 1/2 
J - R(0) . R ( D P 1 . R(2) 

-a, I 1/2 

MX MX MX MX (6) 

? R ( 0 ) 
Β = β(0) , 1̂ MX_ 
BMX M̂X + 2 T 

a i 1 

l/2x -α ΊΙ 1 - ( l + a 1 I 1 / Z ) e 1 

2& (1) 'MX 
a 2 I 

1/2 

1 - ( l + a 2 I 1 / 2 ) e - a 2 I 

1/2 

2& (1) 'MX "D » _ 

MX 2 T2 
1/2 1 2 " ^ l 1 

-1 + (1+0^1 1 + f a i I ) e 

1/2 

(7) 

2β (2) 
2
 T2 a 2 I 

- 1 + ( 1 4 « 2 I 1 / 2 + \ a\ I ) e - V 
1/2 (8) 
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The third v i r i a l c o e f f i c i e n t C i s related to ternary i n t e r 
actions. Its dependence upon ionic strength i s neg l i g i b l e . 

Φ 

MX ,1/2 W 

2Ι ΖΜ ΖχΙ 

Equations (7)-(9) contain the parameters, β ^ , β ^ 
and θΦ. These have been tabulated for a large number of pure 
electrolytes by Pitzer and Mavorga(13>4) w h 0 f i t experimental data 
for 1-1, 1-2, 2-1, 1-3, 3-1, 1-4 and 1-5 electrolytes by taking 

= 2 and neglecting the terms in a ? and β(2) ± n Eqs. (6)-(8) 
( i . e . , setting β^ ' = 0). For a l l 2-2 electrolytes, α χ = 1.4 and 
oi2 = 12.0. The temperatur
parameters are found(12.
are about 10"^. A consequence i s that temperature changes of 25° 
or so lead to no sig n i f i c a n t change i n β(°) or β(1). In addition, 
calculated a c t i v i t y coefficients are r e l a t i v e l y insensitive to 
moderate changes i n β(°) and β(1)\12/. The third v i r i a l c o e f f i 
cient C$ i s small. 

For mixtures (A) there i s an additional parameter Θ i n eqs. 
(1) and (3) which gives the deviation i n the second v i r i a l coef
f i c i e n t MN for ions M and Ν of the same sign from the average for 
M-M and N-N interactions. As one might anticipate, ®MN i s small, 
<0.1. Apparently Θ s i g n i f i c a n t l y affects £ηγ only i n systems i n 
volving mixing of singly-charged ions which d i f f e r greatly i n 
their interaction with water (e.g., C s + with HT*" or C l ~ with 
0H~) . Pitzer and Kim(JL) introduced further mixing parameters 

and Ψ^ν> the l a t t e r a r i s i n g from the differences in mixture 
t h i r d - v i r i a l c o e f f i c i e n t s , but these terms are smaller than Θ and 
are neglected i n approximate calculations. Neglect of such terms 
introduces l i t t l e error i n mixtures of 1-1 e l e c t r o l y t e s ^ — ' ^ u t 

can l i m i t the accuracy of approximations for unsymmetrical mix
tures at high concentrations(AÉ) . Also, for complex mixtures con
taining ions of various charges, such as are encountered i n FGD 
chemistry and i n geochemistry, accurate work'—' requires that one 
include additional, unparameterized, e l e c t r o s t a t i c mixing terms 
which arise upon mixing ions of the same sign but different charge. 

Approximate Calculations and Estimated Parameters. 

Using eas. ( l ) - ( 9 ) , along with empirical pure-electrolyte 
parameters (BW, β ^ , β(^) a n d αΦ and binary mixture parameters 
0, one can reproduce experimental a c t i v i t y - c o e f f i c i e n t data typ
i c a l l y to a few percent and i n a l l cases to + 20%. Of course, as 
noted above, the most accurate work on complex, concentrated mix
tures requires that one include further mixing parameters and also, 
for calculations at temperatures other than 25°C, include the 
temperature dependencies of the parameters. However, for FGD 
applications, a more important point i s that P i t z e r 1 s formulation 
appears to be a convergent series. The third v i r i a l coefficients 
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C and mixture parameters Θ are small and their neglect, under 
most conditions, introduces errors of less than 10% i n &ny( 2 ,^?^> 

? - , '. This allows one to apply the formulation to mixtures 
which include chemical species for which experimental a c t i v i t y 
data are not at hand. F i r s t l y , accepting that estimated a c t i v i t y 
coefficients w i l l necessarily be approximate, a limited number of 
parameters, β(0) and β(1) (and for 2-2 electrolytes, β(2))„ must be 
estimated for those species. Secondly, because the equations are 
convergent, estimated pure-electrolyte parameters may be combined 
with more accurate, empirical, pure-electrolyte and interaction 
parameters where they exist. The complex solutions encountered i n 
FGD chemistry encompass both types of chemical species—the well-
known and the somewhat esoteric. 

This leads one to the question of methods to estimate P i t z e r -
equation parameters fo
estimated, β(°) and 3(1)
are not independent of each other, following generally p a r a l l e l 
trends Q.} (The β( 2) term describes additional attractive i n t e r 
actions unique to 2-2 and higher electrolytes at low concentra
tions and has only a small constant effect at concentrations above 
0.1 M). Thus, i f one estimates β(°), one can o b t a i n β ( 1 ) from 
g(0).g(l) ratios for similar ion-pairs, or from plots of β(°' vs. 

presented by Pitzer and Mayorga\£/ , or from an empirical 
equation OA) based upon those plots. 

One way(—) to estimate β(°) and β(^) i s based upon the ob
served c o r r e l a t i o n ^ of these parameters with the effect of the 
ions on the structure of l i q u i d water. The more dissimilar the 
ions are i n this respect, the greater the values of β(0) and β(1). 
The most "structure-making" cations are small and multiply charged 
(e.g., Mg ); the most "structure-breaking" anions are large and 
only singly charged (e.g., C10^~). These trends have been used to 
estimate and tabulate parameters for 22 ion-pairs of interest i n 
FGD chemistry(ϋ) . The estimated parameters, along with available 
experimental parameters summarized i n that same p a p e r > cover 
FGD solutions containing the following ions: Na + K +, Mg 2 +, C a 2 + , 
C l " , C10 3, C104"", HCO3-, HS04~> HS03~, CO3 , SO42", S0 32-, and 
S 20 52-. 

A somewhat similar estimation procedure has been used by 
Edwards et a l . (Ιίϊ) who present an estimation "recipe" which may 
be somewhat easier to reproduce. In that procedure, tabulated 
values (D of 6.(0) are broken up into individual ion components by 
taking β^^. = 0. 3^χ values for unmeasured ion combinations are 
then obtained by addition of β^°' and β^°). Additional single-ion 
β ̂ 'values are obtained by correlation with the p a r t i a l molal 
entropy of the ion i n an i n f i n i t e l y d i l u t e aqueous solution, as 
suggested by Bromley(2jP . A few βήχ' values estimated i n this way 
are compared i n Table I with experimental and estimated values 
from ref. (13). With the exception of the experimental value for 
Na2~C03, the values compared are a l l very close to zero. 
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Table I. Estimated ion-pair parameters β 

63 

Edwards et a l . {±fL> Rosenblatt 

Na-HC03 

Na 2-C0 3 

-0.049 
-0.034 

0.0277a 

0.1898b 

Na-HS03 -0.035 0.0249 
Ha 2-S0 3 -0.017 0.021 

a. Experimental value from r e f . , ^ ^ " 
b. Experimental value

Se n s i t i v i t y of A c t i v i t y Coefficients to Charges i n Pitzer-Equation 
Parameters 

(13) 
Table II summarizes some Pitzer-equation computations — 

which assess the s e n s i t i v i t y of calculated a c t i v i t y coefficients 
to changes i n estimated parameters and to changes i n temperature, 
assuming only Αφ i s temperature dependent. The solution i s f a i r l y 
t y p i c a l of CaO/Ca03 coal scrubbers but has a somewhat high ionic 
strength (I = 1.17). Ions present, in decreasing concentrations, 
are Mg 2 +, CI", SO^", Ca 2 + , S03

2"", and C03
2". The base ion-pair 

parameters are from ref. (13). The alternative Mg-S03 parameters 
are uniformly increased by 20% over the base estimates, a change 
which probably i s an upper l i m i t to the potential errors i n the 
Mg-S03 parameters and i s about the same as that produced by a 25° 
change i n temperature. The alternative Ca-S03 parameters have a 
less negative value for β( 2^. The alternative estimates of β( 2) 
for Ca-S0 3 and Mg-S03 assume, contrary to experiment, that the 
metal-sulfites are less associated than the metal-sulfates. The 
Table compares mean-ion a c t i v i t y coefficients for Ca-S04, Mg-S03, 
and Ca-S03 calculated using base and alternative estimates. It 
can be seen that γ+ of Mg-S03 and of CaS03 change by about 13%. 
The effect of the "parameter changes on γ+ of Ca-S04 i s i n s i g n i f 
icant. Raising the temperature from 25°~to 50° also changes γ+ 
by 13%. -

Two conclusions may be drawn from calculations of this type. 
(1) Calculated a c t i v i t y coefficients are r e l a t i v e l y insensi

tive to the Pitzer-equation parameters. This i s p a r t i c u l a r l y true 
for the parameters of ion-pairs which do not contain an ion whose 
a c t i v i t y c o e f f i c i e n t i s being calculated. A c t i v i t y c o e f f i c i e n t s 
calculated with estimated parameters from eqs. (l)-(9) are probably 
accurate to better than + 25%. This i s not that different from 
the accuracy obtained with eqs. (l)-(9) when a l l parameters are 
based upon experiment (reported deviations up to 18%C 2 2)). Achiev
ing higher accuracy requires both better parameters and the 
inclusion of higher-order theoretical terms (C^, Θ, ψ, higher 
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e l e c t r o s t a t i c terms) as well as the temperature dependencies of 
those terms. 

(2) The changes i n computed a c t i v i t y coefficients brought 
about by uncertainties i n estimated parameters, by the temperature 
dependence of those parameters, and by the temperature dependence 
of Αφ are roughly comparable. Thus, as long as one i s r e s t r i c t e d 
to the accuracy obtainable with estimated parameters and to the 
moderate temperature ranges t y p i c a l of flue-gas-desulfurization 
practice, the temperature dependence of γ+ i s represented reason
ably s a t i s f a c t o r i l y by the known temperature dependence of Αφ. 

Table II. Calculated mean-ion a c t i v i t y coefficients i n a sample 
FGD solution. 

Temperature: 25
Parameters: Bas

(CaS0 4) 0. ,0918 0.0919 0.0799 
(MgS03) 0. ,0975 0.1100 0.0848 

γ+ (CaS0 3) 0. ,0865 0.0972 0.0752 

Comparison with Association-Equilibrium Extended-Debye-Huckel 
Model 

The Bechtel-Modified Radian Equilibrium Program v — y i s a 
widely used computer code for modelling flue gas desulfurization 
processes. In that code, as was best practice at the time i t was 
wr i t t e n ( i ) , s p e c i f i c interactions between oppositely charged ions 
are treated as formation of ion pairs, described by a chemical 
equilibrium constant, and the a c t i v i t y coefficients of the remain
ing "free" ions are described by c l a s s i c a l , extended Debye-Huckel 
theory. Extended Debye-Huckel a c t i v i t y coefficients depend upon 
concentration but not upon solution composition. Thus, a l l ion 
interactions must be described by the association equilibrium con
stants between s p e c i f i c pairs of oppositely charged ions. Compar
isons of product a c t i v i t i e s for neutral ion-pairs calculated from 
this code with those calculated by Pitzer's equations show both 
some overall differences, r e f l e c t i n g differences i n parameters, 
and, more fundamental, different behavior with changes i n ionic 
strength and composition. 

The reason for this goes back to the underlying theoretical 
foundations of the two a p p r o a c h e s . It i s not surprising that 
an equilibrium constant approach i s a rather limited way to sum 
over a l l possible binary and ternary interactions, p a r t i c u l a r l y 
when one r e c a l l s that there are interactions between ions of l i k e 
sign as well as those of opposite sign. 

The differences i n the two approaches, and their significance 
for FGD chemistry, can be i l l u s t r a t e d by comparing a c t i v i t y pro
ducts and a c t i v i t y c o e f f i c i e n t s i n some simple model systems. 
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Figure 1 shows the computer a c t i v i t y produce a2 = a c a 2 +* aS04 2~ 
when MgS04 i s added to a nearly saturated 0.01 M CaS04 solution at 
50°C. The a2 values calculated from the Bechtel-Modified Radian 
Equilibrium Program continuously increase as MgS04 i s added. (This 
may be inherent i n the nature of the association-equilibrium 
model). The Radian program predicts that a2 w i l l equal the solu
bility-product constant of CaS04 when the MgSÛ4 molality reaches 
0.7 (I - 3) and that CaS04 w i l l precipitate out of solution at 
MgS04 additions greater than thi s . In comparison, the Pi t z e r -
equation calculations show a2 to increase when MgS04 i s f i r s t 
added, but then to decrease slowly at MgS04 molalities above 0.1, 
remaining below the solubility-product l i m i t of CaSO^^>^4) over 
the whole range of MgS04 additions up to I = 5. 

Figure 2 shows experimental s o l u b i l i t y data  It can be seen 
that these f a i t h f u l l y mirro
equation calculations i
b i l i t y of CaS04 f i r s t decreases, then slowly increases. In con
tr a s t , the, the Radian calculations predict a continuous decrease 
in CaS04 s o l u b i l i t y as MgSÛ4 i s added, which i s at f i r s t rapid and 
then tends to l e v e l off. 

The way i n which the two approaches y i e l d different behavior 
in Figure 1 and different predictions of s o l u b i l i t y i s shown i n 
Figure 3. This figure shows the variation of γ+ for 0.01 M Ca-S04 
at 50°C as the ionic strength i s increased by acTding MgS04- The 
Pitzer-equation curve indicates that addition of MgS04 causes Y + 

(CaS04) to decrease markedly, following essentially the same curve 
as the hypothetical addition of CaS04 beyond the saturation l i m i t 
(dotted euuve). The decrease in γ+ with addition of MgS04 i s 
s u f f i c i e n t l y rapid that the product" a2 = · ̂ C a 2 + * mS04 2~ 
remains almost constant, and below the s o l u b i l i t y product l i m i t . 

Mean-ion a c t i v i t y c o e f f i c i e n t s , γ+ = (YCa 2 + * Ύ8042"~)"^2> m a y 

be computed from the values of Y c a 2 + a~^d YS04 2~ u s e d i n t n e Radian 
program. But because the ionic strength and a c t i v i t y of Ca-S04 i n 
the Radian approach are modified by ion-pairing such mean-ion ac
t i v i t y c oefficients are not d i r e c t l y comparable to the P i t z e r -
equation values. However, one may use the Radian program to carry 
out calculations for the series of solutions i n Figure 1, and then 
compute from the results " e f f e c t i v e " a c t i v i t y c o e fficients which 
may be compared d i r e c t l y with the Pitzer-equation results. The 
Radian curves so obtained are also shown i n Figure 3. The "effec
t i v e " Radian γ+ curve for the CaS04 + MgS04 solutions l i e s s l i g h t 
l y below the PTtzer curve at low ionic strengths, crosses that 
curve at I - 0.5, then reaches a value about 0.01 above the Pitzer 
curve at high ionic strengths. This change i n the shape of the 
curve i s enough to lead to a different prediction of s o l u b i l i t y . 

Figure 4 shows similar calculations for the addition of NaCl 
to 0.01 M CaS04. Addition of NaCl lowers the a c t i v i t y c o e f f i c i e n t 
of CaS04 considerably less than does addition of MgS04 and has 
only a small effect at ionic strengths above 1.5 M. The contrast 
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Figure 1. Activity of CaSOh when MgSOh is added to a 0.01 M CaSOk solution at 
50°C as calculated from the Bechtel-modified Radian Equilibrium Program and 
from the Pitzer equations in this chapter. The horizontal line shows the solubility-

product constant of CaSOk. 
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Figure 2. Experimental solubility data for CaSOh when MgSOh is added (24). 
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Figure 3. Pitzer and "effective" Radian mean-ion activity coefficients of CaSOfy 

when MgSOu is added to a 0.01 M CaSOh solution at 50°C. The dotted lines rep
resent the behavior of pure CaSOk (extrapolated beyond saturation). 
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Figure 4. Pitzer and "effective" Radian mean-ion activity coefficients of CaSOu 

when NaCl is added to a 0.01 M CaSOs solution at 50°C. 
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with the " e f f e c t i v e " Radian γ + curve i s more pronounced i n this 
case, however. ~~ 

The Pitzer-equation computations for Figures 3 and 4 are 
based upon experimentally derived 25°C ion-pair and interaction 
c o e f f i c i e n t s taken from the l i t e r a t u r e . From the extensive prior 
work validating the theory and parameters, these curves should 
deviate from experiment by less than 20%. However, as Figures 1-4 
show, s o l u b i l i t y calculations are very sensitive to variations i n 
a c t i v i t y c o efficients and the approximations made i n eqs. (l)-(9) 
l i m i t the accuracy of the s o l u b i l i t y curves which can be calcu
lated. When higher-order terms are included, P i t z e r 1 s equations 
accurately Oredict s o l u b i l i t y i n the CaSC^-MgSO^ system up to 
I = 12 MQJL> . 

Figure 5 shows similar Pitzer-equation curves for CaS03 based 
upon estimated parameters(13)
mated for CaS03 are up
centrations but the pattern of Figures 3 and 5 i s very similar. 
The decrease i n γ+ (CaS03) upon adding MgS03 i s s u f f i c i e n t l y large 
that the activity~~of CaSU3 also i s calculated to remain below the 
s o l u b i l i t y product l i m i t of CaS03 as MgS03 i s added. Comparing 
with " e f f e c t i v e " Radian γ+ values, the very strong s p e c i f i c asso
ciations invoked for SO^Z- cause the Radian curves to decrease 
precipitously at very low ionic strengths. The Radian " e f f e c t i v e " 
curve for CaS04~MgS04 i s about 50% below the Pitzer curves over 
the whole range of concentrations shown i n Figure 5. Figure 6 may 
be compared with Figure 4. The Radian " e f f e c t i v e " curve for CaS03~ 
NaCl i s about 50% below the Pitzer curve at I < 0.1, crosses the 
Pitzer curve at I - 2, then ri s e s above i t by about 0.04 at high 
ionic strengths. 

Conclusions 

P i t z e r ? s equations and available ion-pair parameters allow 
calculation of mean-ion a c t i v i t y c o efficients γ + i n complex, con
centrated electrolyte solutions with an accuracy estimated to be 
better than + 25% i n the range 25° - 55°C. The accuracy of calcu
lated a c t i v i t y c o efficients i s limited to about the same degree by 
uncertainties i n the estimated parameters and by simplifications 
introduced i n the theory both to reduce the number of parameters 
to be estimated and to r e f l e c t the uncertainties of the estimates. 
Because a c t i v i t y coefficients are determined to quite an extent 
by the form of P i t z e r 1 s equations and are not extremely sensitive 
to the exact values of parameters, ion-pair parameters only have 
to be estimated within a reasonable range. 

Upon comparing Pitzer-theory calculations for t y p i c a l scrub
ber and model solutions with the association-equilibrium, extended 
Debye-Huckel code i n current use for FGD systems, one sees d i f 
ferences which r e f l e c t the differences in concentration range and 
ap p l i c a b i l i t y to mixtures of the two approaches. 
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Figure 6. Pitzer and "effective" Radian mean-ion activity coefficients of CaSOs 

when NaCl is added to a 0.01 M CaSOs solution at 50°C. 
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P i t z e r 1 s formulation offers a satisfactory and desirable way 
to model strong electrolyte a c t i v i t y c o efficients i n concentrated 
and complex mixtures. When s u f f i c i e n t experimental data are 
available, one can make calculations which are considerably more 
accurate than those presented i n this paper. Attaining high 
accuracy requires not only experimentally-based parameters but 
also that one employ third v i r i a l coefficients and additional 
mixing terms and include e x p l i c i t temperature dependencies for the 
various parameters. 

Further efforts based upon the Pitzer equation approach 
should allow one to model reasonably accurately the complex 
thermodynamics occurring i n flue-gas-desulfurization aqueous 
scrubbers. Tasks to be pursued to this end include: (1) Replac
ing important estimated parameters by ones based upon experiment, 
pa r t i c u l a r l y for s u l f i t e s
(three-body, e l e c t r o s t a t i c
available. (3) Extending the treatment to include weak electro
lytes. 
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4 
Limestone Dissolution 
Effects of pH, CO2, and Buffers M o d e l e d by M a s s Transfer 

PUI K. CHAN and GARY T. ROCHELLE 

University of Texas at Austin, Department of Chemical Engineering, Austin, TX 78712 

The rate of CaCO
for flue gas desulfurizatio
CaSO3/CaSO4 scaling, and ultimate CaCO3 utilization. 
The dissolution rate of reagent CaCO3 has been measured 
in 0.1 M CaCl2 at constant pH and CO2 partial pressure 
by batch titration with HCl. A mass transfer model has 
been developed assuming that the calcite particles behave 
as spheres in an infinite stagnant solution. The model 
incorporates the effects of several equilibrium acid/ 
base reactions and also includes the finite rate reaction 
involving CO2 and HCO3.- The cumulative rate of mass 
transfer is calculated by integrating over a particle 
size distribution obtained by a Coulter counter. 

The results of this investigation show that CaCO3 
dissolution is controlled by mass transfer and not 
surface reaction kinetics. Buffer additives such as 
adipic acid enhance mass transfer by increasing acidity 
transport to the limestone surface. Dissolution is 
enhanced at low sulfite concentration but inhibited at 
high sulfite concentration, indicating some kind of 
surface adsorption or crystallization phenomenon. The 
rate of dissolution is a strong function of pH and 
temperature as predicted by mass transfer. At high CO2 
partial pressure, the rate of dissolution is enhanced 
due to the CO2 hydrolysis reaction. 

Limestone (CaC03) dissolution is an important phenomenon in 
stack gas desulfurization processes using limestone slurry to 
absorb SO2 and produce CaS03/CaS04 waste solids (1). The rate of 
dissolution directly determines the need for excess limestone and 
interacts strongly with SO2 removal and scale-free operation in 
the absorber. There is a need to know the dependence of dissolu
tion rates on both solution composition and the type and grind of 
limestone. This paper presents a mass transfer model and 
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experimental results on the dissolution of reagent CaC03 (calcite) 
as a function of solution composition (2). A l a t e r paper w i l l 
discuss the application of this mass transfer model to naturally 
occurring limestones (_3,_4) · 

In the slurry scrubbing process, limestone dissolves at pH 4 
to 6 and 55°C i n both absorber and the hold tank/c r y s t a l l i z e r . 
Because of HC1 accumulation from the flue gas, t y p i c a l scrubbing 
solution contains 0.01 to 0.2 M CaCl2. C02 p a r t i a l pressure can 
vary from near zero with forced oxidation to one atmosphere with 
CO2 evolution from the hold tank and i s t y p i c a l l y 0.1 atm i n the 
absorber. S u l f i t e / b i s u l f i t e buffer can be present i n concentra
tions up to 0.1 M. CaS03 and/or CaS04 c r y s t a l l i z a t i o n must occur 
simultaneously with limestone dissolution. Buffer additives such 
as adipic acid should enhance both SO2 removal and CaC03 dissolu
tion at concentrations

Previous Work 

The most sig n i f i c a n t previous work on c a l c i t e dissolution has 
been done by geochemists i n pure water or a seawater environment 
as reviewed by Plummer et a l (6). Berner and Morse (7) 
measured dissolution rates of reagent CaC03 using the pH-stat 
method. Plummer et a l (8) studied dissolution of coarse Iceland 
spar using the free d r i f t and pH-stat methods. These investiga
tors both found a linear dependence of dissolution rate on 
concentration and PCO2 a n c* a constant forward rate i n the near 
absence of ï& and CO2. Near equilibrium pH Plummer observed a 
reverse reaction rate proportional to the product of Ca"*"*" and 
HC03~. 

Some previous investigators have modeled c a l c i t e dissolution 
as limited by d i f f u s i o n of H+ at pH less than 4 to 5 (]_,9). 
Other investigators have reported a dependence on agitation (10, 
11). 

The reported activation energy of c a l c i t e dissolution varies 
from 1.5 to 14 kcal/gmol (8,9,10,12,13). The trend of data gives 
low activation energy at pH 2 - 4 and high activation energy at 
pH 8 - 10. 

Several investigators have studied i n h i b i t i o n of c a l c i t e 
dissolution near equilibrium pH by surface adsorption of 
insoluble s a l t s . Berner and Morse (7) showed i n h i b i t i o n by phos
phate at 10~ 6 M. Terjesen et a l (14) modeled the i n h i b i t i n g 
effects of metal ions as an apparent reduction i n the equilibrium 
pH. Koss and Moller (15) studied the apparent equilibrium pH i n 
the presence of Ni, Fe, Mg, and other metal ions. Sjoberg (13) 
measured i n h i b i t i o n by phosphate and by Mg"*""*". 

Theory 

The rate of CaC03 dissolution can be calculated by mass 
transfer theory assuming that the solution i s i n equilibrium with 
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c a l c i t e at the limestone surface. A steady-state solution of 
mass transfer theory i s easily obtained by assuming spherical 
CaC03 par t i c l e s i n an i n f i n i t e stagnant solution, corresponding 
to a mass transfer c o e f f i c i e n t equal to the ra t i o of d i f f u s i v i t y 
and p a r t i c l e radius (D/r). The calculated rates from the 
stagnant model have been a b i t r a r i l y increased by a factor of 1.88 
to f i t the experimental rates. A factor of 1.25 would be consi
stent with the expected effect of agitation on mass transfer (_3 ). 
The balance of the correction may be due to non-spherical shape 
or other factors. 

The general model assumes instantaneous e q u i l i b r i a i n the 
boundary layer of a l l solution species except C02« It uses a 
different d i f f u s i v i t y for each species. It accounts for the 
f i n i t e - r a t e , reversible reaction of CO2 and H2O to give IT*" and 
HC03~ by i t e r a t i v e , numerica
nonlinear d i f f e r e n t i a l equatio
equations. 

For many cases the CO2 reaction can be neglected, and solu
tion of the mass transfer theory requires i t e r a t i v e solution of 
a much simpler set of nonlinear algebraic equations. 

Modeling of experimental data requires integration of the 
dissolution rate over a p a r t i c l e size d i s t r i b u t i o n . This i s 
simplified by assuming that the dissolution rate per p a r t i c l e i s 
d i r e c t l y proportional to the p a r t i c l e diameter. Because of the 
CO2 reaction, the dissolution rate of a p a r t i c l e i n gmol/sec i s 
not exactly proportional to the p a r t i c l e diameter. Therefore, 
the effect of the CO2 reaction i s assumed to be the same for 
a l l p a r t i c l e s as for a 10 ym (effective diameter) p a r t i c l e . The 
general mass transfer model i s used to calculate rates for 10 ym 
part i c l e s as a function of solution composition. 

General Model. The general mass transfer model calculates 
dissolution rate as a function of bulk solution composition, 
p a r t i c l e diameter, and temperature. It assumes instantaneous 
equilibrium of the solution species H4-, H2O, OH", CaC03°, Ca + +, 
C03~, HCO3 , S03 =, HSO3", and a general buffer represented by the 
species H2A, HA"", and A~. CaHC03° was not included, but should 
not affect the dissolution rate at most of the conditions modeled 
This assumption gives the following e q u i l i b r i a which apply througj*-
out the mass transfer boundary layer (constants at 25°C): 
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Kucn - = * * + * S ° 3 - 6.24 x 10 8 (18) (3) 
™ ° 3 aHS0 3

_ ~ ~ 

\ 0 = V a 0 H " = 1-008 Χ Ι Ο " 1 4 (4) 

o -14 At 55 C, KH 20 w a s taken to be 7.26 χ 10 and the other 
constants were evaluated according to Lowell et a l (19). 
A c t i v i t i e s were calculated as the product of concentration and 
a c t i v i t y c o e f f i c i e n t . A c t i v i t y coefficients were estimated using 
an extended Debye-Huckel l i m i t i n g law as implemented by Lowell 
et a l (19). 

To account for th
defined as: 3 

K C a S 0 ο _ a S 0 3
= . 4 > 0 χ 1 0-4 , 

3 aCaS0 3° -

Similarly, to account for CaOH+ ion pair, an effective K ?
H 0

 w a s 

defined as: 2 

W < 1 + w ' 

The general buffer e q u i l i b r i a were defined by the relations: 
a H+ [HA""] 

^ A = [H2A] 

a R+ [A =] 
hlk" = [HA~] 

In 0.1 M CaCl, the KJ^A A N C * ^HA" values were measured by Cavanaugh 
(20) and are 1.05 χ 10" 4 and 1.39 χ 10" 5 for adipic acid and 
7.94 χ 10~ 4 and 3.98 χ 10"-5 for sulfosuccinic acid. For acetic 
and a c r y l i c acids, KHA was estimated to be 3.55 χ 10""5 and 
9.54 χ 10~5, respectively. 

The general model assumes that dissolved C02 i s i n e q u i l i 
brium with other species i n the bulk solution, but that i t s 
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concentration i n the boundary layer i s given by the f i n i t e - r a t e , 
reversible reaction: 

C0 2 + H 2 O ^ H + HC03 

, V aHCO,-= 4 ι 4 5 χ 1 Q-7 
C°2 a C 0 2

 — 

The net rate of this reaction i s given by: 

D 

(9) 

^2221 = k [coj (*H+ W 
d t C°2 2 K C 0 2

 a C 0 2 

(10) 

At i n f i n i t e d i l u t i o n , kc0
55°C (22). The rate constant was assumed to be independent of 
ionic strength. 

The d i f f e r e n t i a l material balance for t o t a l CO2 species at 
steady state i n spherical coordinates gives: 

D C 0 2 9r 
9 r 7 3 [ C 02 ] 

9r HC0„ 
_9 
9r 

(χ1 3[HC0 -] 

V 9r 

DCaC0 3° 9r" ί §ϊ J + D C 0 3
= 9? \~lï , = 0 (11) 

Substituting χ = (l-d/2r) where d i s the p a r t i c l e diameter and 
r the distance from the center of the sphere, equation (11) 
reduces to : 

2̂ 
UC0„ 2 UHC0 2 dx 

9"[HC03 ] 9 2[CaC0 3°] 

3 3x 2 + D c a C 0 3 ° + 

Dco3= 
9 [C0 3 ] 

= 0 
3x* 

(12) 

Integrating equation (12) with respect to χ gives: 

D C 0 2 [C0 2] + D H C Û 3 - [HOO3-] + DCaC0 3° [ C a C ° 3 ° 3 + 

D C 0 3
= [ C ° 3 = J - α ΐ + h* ( 1 3 ) 

where a^(M cm^sec"!) and 3l(M cm^sec^) are constaits of integration. 
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Similarly, other steady-state balances give for Ca species: 

D C a + + [Ca""-] + D C a C 0 3 O [CaC03°] = a, + β,χ ( u ) 

for charge balance: 

D H +[H +] + 2 D C a + f [Ca^] - D ^ - [ΗΟΟ3Ί - 2 0 ^ - [CO-/] 

- V - [ Η Α Ί " 2 DA= [ A = 1 " DHS0 3- [ H S 0 3 " ] " 2 DS0 3= [ S ° 3 = ] 

- D Q H- [0H~] = α 3 + β 3χ (15) 

for H 2A species: 

DH 2A[H 2A] + D M - [HA_] + D̂ = [A =] = « A + Β ήχ (16) 

and for s u l f i t e species: 

°HS0 3- [HS0 3
_] + D g 0 = [S0 3

=] = a 5 + 3 5x (17) 

By reaction stoichiometry, the flux of calcium from the 
limestone surface must be equal to the flux of t o t a l C0 2: 

^ (D C aH- [ça"] + D C a C 0 3 O [CaC0 3°]) = - | ( D ^ C O , ] + 

DHC0 3- [ H C V + DCaC0 3° I C a C ° 3 ° ] + D C 0 3 = [ C ° 3 = ] } (18) 

Therefore β-̂  = ξ>^ = β. Since the net fluxes of E^A species, 
s u l f i t e species, and charged species are zero, β^, β^, and β,_ are 
zero. If β i s known, the constants a- ,̂ a 2 , ot̂ , a^, and 065 c.;.n 
be obtained from the compositions of the Bulk solution (at x=1.0) 

The f i n i t e - r a t e CO2 reaction (equation 10) gives the follow
ing d i f f e r e n t i a l material balance for the C02 species alone: 

This equation i s integrated numerically with a trial-and-error 
solution for the boundary conditions. A t r i a l value of β i s 
selected and the constants αχ, ot2, 013, 014, and α 5 are calculated 
from the bulk composition. At each step i n the numeric integra
tion, the algebraic equations representing e q u i l i b r i a (1,2,3,4,7, 
8) and other d i f f e r e n t i a l material balances (13,14,15,16,17) are 
solved by t r i a l and error to give a H+ and a^çc^-* 
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To i n i t i a t e the numerical integration, the solution was 
assumed to be i n equilibrium with c a l c i t e at the s o l i d surface 
(x = 0) giving: 

[CaC0 3°] = 6.8 χ l C f 6 M (19) 

The C0 2 concentration at the surface was calculated from equations 
1, 2, 3, 4, 7, and 8. Since no reaction of CO2 with C03 = can 
occur i n the volume increment at the s o l i d surface, dtCO^l/dx 
taken to be zero at χ = 0.0. Equation 19 was then integrated 
by the Simpson-Kutta method (23) from χ = 0 to χ = 0.85. A 
cubic f i t of [CO2] from χ = 0.7 to χ = 0.85 was used to extrap
olate to χ = 1.0. This extrapolation i s expected to add l i t t l e 
error since [CO2] varie  l i t t l  thi  If th
calculated value of [CO2
solution composition, the
Otherwise, a new value of 3 was selected and the integration 
was repeated. _ 3 

The dissolution rate per unit radius i s given by 4 · 10 βττ. 
If CO2 hydrolysis i s neglected, β i s independent of p a r t i c l e 
size. The rate per unit surface area (gmol/cm^-sec) i s given by 
2 - Κ Γ 3 β/d. The rate i n sec" 1 i s given by 12 · 10-3 β / ( ρ ^ 2 ) . 

Simplified Model. The dissolution rate of a single p a r t i c l e 
of volume V i s given by: 

dV = -2.IO"3 β ïïd2
 ( 2 0 ) 

dt d p m 

where p m i s the molar density of c a l c i t e (0.0271 gmol/cm3). Since 
d and V are related and β and p m are constants, this equation can 
be integrated to give the fra c t i o n CaC03 remaining as a function 
of time: 

f - V - - Π 8-10" 3β t.3/2 m . 
1
 K m 1 

2 
The rate constant k (cm /sec) i s defined: 

k = 1.88 · 8.10"3 β/ρ (22) m 

The factor 1.88 i s an adjustable constant which accounts for 
deviation of experimental results from the unadjusted model. 
Values of β and k are obtained from the general mass transfer 
model as a function of solution composition and temperature at 
a p a r t i c l e diameter of 10 ym. Use of k gives: 

f = (1 - ^ z ) 1 ' 5 (23) 
i 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



82 F L U E GAS D E S U L F U R I Z A T I O N 

With a polydisperse size d i s t r i b u t i o n , the t o t a l f r a c t i o n 
remaining, F, can be determined by summing over the d i f f e r e n t i a l 
size d i s t r i b u t i o n 0. where 0. i s the fra c t i o n of t o t a l p a r t i c l e 
volume with initial^diameters from dj to dj+χ: 

F - Σ 0 · f - Σ 0 ( 1 - J ^ - ) 1 ' 5 (24) 
3=1 J 3=1 J J 3+1 

f. = 0 when kt > d.d. 
J 3 3+1 

If a batch experiment gives the fra c t i o n remaining, F, as 
a function of time at constant composition, the rate constant, k, 
can be calculated from the experimental data and the mass trans
fer model. Two experimenta
be combined with two calculate
[Fx, (kt)i] and [F2, (kt)2] to get the rate constant k e x p : 

( k t ) 9 - (kt)-
k = τ - (25) 
exp t 2 - t 

D i f f u s i v i t i e s . Values of d i f f u s i v i t i e s used i n the general 
model are given i n Table I. D i f f u s i v i t i e s for ions are taken 
to be those i n absence of a potential gradient, since there i s 
usually a large excess of CaCl2 to disperse any potential 
gradient. At 25°C and i n f i n i t e d i l u t i o n , ionic d i f f u s i v i t i e s are 
given by: 

RTÀ 
D S-* (26) 

η (Fa) Z 

where Fa i s the Farady number, n. i s the charge on the j t h ion, 
and λ 0 i s the equivalent ionic conductivity. 

D i f f u s i v i t i e s at 55°C were estimated by the Stokes-Einstein 
relationship: 

V l Ρ2 η2 
T l " T2 

(27) 

For the basic and monohydrogen species of sulfosuccinic acid, the 
d i f f u s i v i t i e s were reduced by 45% to 25% respectively to account 
for Ca"1"4" interaction (24). 

Experimental Apparatus and Procedure 

Rates were measured i n a pH-stat with batch dissolution of 
CaCC>3 at constant pH and solution composition (29). The pH was 
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automatically controlled ± 0.02 units by t i t r a t i o n with 0.2 M HC1 
with the stoichiometry: 

CaC0 3(s) + 2HC1+ CaCl 2 + H 20 + C0 2(g) 

Either CO2 or N2 were sparged at 1750 cm^/min into the solution to 
maintain a constant P(X)2 a n c* HCO3- concentration. The r e l a t i v e 
change i n calcium concentration was minimized by dissolving 5 mM 
CaC03 into solution with 0.1 M dissolved CaCl2- The cumulative 
dissolution was determined d i r e c t l y from a recording of HC1 volume 
added versus time. 

The dissolution reactor i s shown i n figure 1. I t was agitated 
by a three-bladed, marine propellor at 720 rpm. 

For runs at 55°C, the reactor temperature was controlled at 
ΐ 2°C by a water bath
reactor temperature. Th
calibrated at reactor temperature i n pH 4 phthalate and pH 7 
phosphate buffers. 

The reactor held one l i t e r of 0.1 M CaCl2 solution. Buffers 
were added i n nominal concentrations as needed. The pH was 
adjusted to the desired value by adding HC1 or NaOH. The experi
ment was i n i t i a t e d by addition of 0.5 g of Fisher Reagent CaC03 
(precipitated calcite) . In runs with s u l f i t e the reactor solution 
was analyzed by iodimetric t i t r a t i o n before and after the 
experiment. 

The p a r t i c l e size d i s t r i b u t i o n of the reagent CaC03 i s given 
in Table I I . I t was determined by a Model TAII Coulter Counter 
using 0.18 M CaCl2 electrolyte with a 100 ym aperture. 

Typical results of two experiments are given i n figure 2. 
The t o t a l fraction remaining, F, calculated from the volume of 
HC1 added i s given as a function of dimensionless time, t/t50, 
where t50 i s the time required to dissolve 50% of the CaC03. 
Calculated curves are also given using the simplified mass 
transfer model with a single p a r t i c l e size (monodisperse) and 
with the actual polydisperse size d i s t r i b u t i o n (Table 2). The 
polydisperse model f i t s the shape of the curve very well at a l l 
times. The monodisperse model i s only satisfactory for t/t50 
less than 1. 

The experimental rate constant, k, was determined by using 
equation 25 with the calculated and measured values of F at kt5Q 
and kt56« For the run at pH 5, t50 = 11.3 min. 
From figure 2: 

t 5 6 

t , - t = (- 1.0) 11.3 min = 96.8 sec 
D U ϋ50 

From the polydisperse model: 
—8 2 kt_. - k t c ^ = 6.14 · 10 cm 

JO DU 
Therefore, k = 6.34 χ 10" 1 0 cm2/sec. 
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DIMENSIONLESS TIME ( t / t 5 0 ) 

Figure 2. Dissolution curves for reagent grade CaCOs at 25°C with N2 sparging. 
Key: A, pH 4; ·, pH 5; , polydisperse model; and , monodisperse model. 
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Table I: D i f f u s i v i t i e s at 25°C 

D χ 10 5 

Species (cm^/sec) Ref. 

c o 2 2.00 25 
HC03- 1.20 26 
OO3- 0.70 26 
Ca 0.79 26 
H+ 9.30 26 
CaC0 3° 0.75 est. 
s o 3

= 0.70 26 
HSO3-
0H~ 
Adipate = 0.705 27 
Hadipate"" 0.71 est. 
Adipic acid 0.736 28 
Acetate 1.09 26 
Acetic acid 1.19 30 
Sulfosuccinate"^ 0.73 28 
H2sulfosuccinate = 0.53 24 
H2Sulfosuccinate~ 0.41 24 

Table II: P a r t i c l e Size Distribution of 
Reagent Grade CaCO^ (Fisher) 

Effective Volume % 
diameter greater than 
(ym) given size 

4.0 100.0 
5.04 99.8 
6.35 98.4 
8.00 91.7 

10.08 69.7 
12.7 30.7 
16.0 5.2 
20.2 0.6 
25.4 0.2 
32.0 0.0 
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Results and Discussion 

The measured rate constants, k, for c a l c i t e dissolution i n 
0.1 M CaCl2 are presented i n figures 3 through 8 over the ranges 
of pH 4.0 to 7.0, 0.0 to 1.0 atm CO2, 25 to 55°C, 0 to 10 mM 
buffer additives, and 0 to 28 mM t o t a l s u l f i t e . 

The curves given i n figures 3 through 8 were calculated by 
the general mass transfer model with a 10pm p a r t i c l e diameter and 
an empirical factor of 1.88. The mass transfer model accurately 
predicts the effects of a l l variables except for i n h i b i t i o n by 
selected organic acids. There i s no evidence of any effect of 
surface kinetics, even at moderate and high values of pH. I f 
surface kinetics were important the measured rate would be less 
than that predicted by the unadjusted model. However, the 
measured rate i s 1.88 time
Therefore, i t i s highl
t e r i s t i c of natural, ground limestones w i l l be their p a r t i c l e 
size d i s t r i b u t i o n . Limestone r e a c t i v i t y should be independent 
of BET surface area, grain size, and other such variables. 

Effect of pH. Figures 3 and 4 show that dissolution rate i s 
a strong function of pH. With CO2 sparging at 25°C the d i s s o l u 
tion increases a factor at 6.7 from pH 4.0 to pH 5.0. £t these 
conditions the dissolution i s controlled primarily by H 
di f f u s i o n from the bulk solution with a stoichiometry given 
approximately by: 

CaC0 3 + Ca^ + HC03~ 

The adjusted model gives 0.36 cm/sec as the mass transfer 
c o e f f i c i e n t of H + with a 10 ym p a r t i c l e . This compares to 0.05 
cm/sec measured by Plummer et a l (6) with much larger p a r t i c l e s . 

Effect of CO2. Figures 3 and 4 show that high CO2 p a r t i a l 
pressure generally enhances the dissolution rate by about 15% 
except close to equilibrium. Berner and Morse (7) observed a 
similar effect with precipitated CaC03. At pH 4.5 to 5.0, CO2 
probably enhances by d i f f u s i o n from the bulk solution with the 
following net f i n i t e - r a t e reaction and stoichiometry: 

CaC0 3 + C0 2 + H 20 ^ Ca*4" + 2HC03~ 

At pH less than 4 to 4.5, the f i n i t e - r a t e CO2 reaction produces 
CO2 i n the boundary layer and requires somewhat higher H + 

stoichiometry as follows: 
CaC0 3 + 2 H + ^ Ca 4 4" + C0 2 4- H 20 
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4.0 4.5 5.0 
PH 

Figure 3. Dissolution rate of reagent grade CaCOs with COz sparging in 0.1 M 
CaCl2. 

Figure 4. Dissolution rate of reagent grade CaCOs with N2 sparging in 0.1 M 
CaCl2. 
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At pH 5.0, Plummer et a l (6) found that 1 atm CO2 increased 
the dissolution rate of coarse Iceland spar a factor of f i v e . 
The p a r t i c i p a t i o n of CO2 i s limited by a homogeneous reaction i n 
the mass transfer boundary layer. The volume of the boundary 
layer i s greater than the surface area i n coarser p a r t i c l e s . 
Therefore, a much larger e f f e c t i s expected with coarse particles. 

With C02 sparging the calculated equilibrium pH i n 0.1 M 
CaCl2 i s 5.6 at 25°C and 5.4 at 55°C. Therefore, CO2 sparging 
i n h i b i t s dissolution above about pH 5.2. 

Effect of Temperature. At pH 5.0 or less, figures 3 and 4 
show that the dissolution rate increases by a factor of 1.6 to 
1.8 from 25 to 55°C. This gives an activation energy of about 
4 kcal/gmol, corresponding to the effect of temperature on 
d i f f u s i v i t i e s . 

Above pH 6.0, CaC0
dif f u s i o n of 0H~ and HC03~ from the limestone surface. The 
driving force for this d i f f u s i o n i s determined to a large extent 
by the equilibrium: 

CaC0 3 + H 20 t Ca 4 4" + HCO3" + 0H~ 

This equilibrium changes s i g n i f i c a n t l y with temperature. There
fore, at pH 6 to 6.5 with N2 sparging, the rate increases a 
factor of 3 from 25°C to 55°C, giving an activation energy of 
about 7 kcal/gmol. Other investigators have attributed this 
higher temperature dependence to surface kinetics, but our 
results showed that i t arises from an effect of temperature on 
d i f f u s i v i t i e s and solution e q u i l i b r i a . 

Effect of Organic Acids 

Figures 5, 6, and 7 demonstrate the effect of organic acids 
on the dissolution rate at 25°C. Additives that provide buffer 
capacity between the bulk solution pH (4.0 to 5.5) and the pH 
at the limestone surface (5.5 to 8.0) enhance dissolution rate 
by providing an additional means of dif f u s i n g a c i d i t y to the 
limestone surface. Figure 5 shows that at pH 5.0, 3 mM to t a l 
acetic acid enhances the dissolution rate a factor of 7. This 
enhancement i s somewhat greater at higher pH, where diff u s i o n 
i s much more limited. 

At pH 5, the effect of CO2 i s i n s i g n i f i c a n t i n the presence 
of acetic acid. With CO2 sparging at pH 5.5, very near the 
equilibrium pH of 5.6, the calculated rates with acetic acid 
(figure 5) are 2-3 times greater than the measured rates. This 
discrepancy may result from experimental pH error, or from error 
in accurately estimating the equilibrium pH. 

Figure 6 shows that adipic acid i s 20 to 50% more effective 
than acetic acid. Figure 7 shows that a c r y l i c and sulfosuccinic 
acids are about equivalent. However, hydroxypropionic, 
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I ι I I I I I 
0 2 4 6 8 10 12 

TOTAL ACETIC ACID ( m M ) 

Figure 5. Effect of acetic acid on CaCOs dissolution at 25° C in 0.1 M CaCl2. N2 

sparge ( ): · , pH 4.0; • , pH 5.0; and A, pH 6.0. C02 sparge ( ): ψ, pH 
5.0; and •, pH 5.5. 
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Figure 7. Effect of organic acids on dissolution rate in 0.1 M CaCl2 with Nt 

sparging at 25 °C and pH 5. Key: A, acrylic; · , sulfosuccinic; • , sulfopropionic; 
A, hydroxy propionic; and | , poly acrylic. 
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sulfopropionic, and polyacrylic acids i n h i b i t limestone 
dissolution, probably by surface adsorption of polyacrylic acid, 
Sulfopropionic acid was synthesized by reaction of a c r y l i c acid 
with SÛ3 = i n the presence of a i r (31). Hydroxypropionic acid 
was synthesized by hydration of 2 M a c r y l i c acid at 100°C i n 
1 M H2SO4 for 20 hours (31). Both of these procedures could give 
some polyacrylic acid impurities by free r a d i c a l polymerization. 

Effects of S u l f i t e . The effects of t o t a l dissolved s u l f i t e 
are given i n figures 8 and 9. At low concentrations s u l f i t e 
enhances dissolution by acting as a buffer. However, at concen
trations greater than 1 mM, s u l f i t e appears to i n h i b i t CaC03 
dissolution. This effect i s more apparent at higher pH values. 
The range of s u l f i t e concentration at which i n h i b i t i o n becomes 
apparent corresponds closel
i n high pH solution, characteristi
surface. At lower pH values CaC03 dissolution rates do not 
actually decrease s i g n i f i c a n t l y u n t i l the bulk solution approaches 
the s o l u b i l i t y l i m i t of CaS03. A l l of the measured rates were 
well-behaved, therefore i r r e v e r s i b l e CaS03 blinding of the 
surface i s not occurring. 

Figure 9 shows that at pH 5 3 mM s u l f i t e enhances dissolution 
with less than 2 mM acetate, but i n h i b i t s above 2 mM acetate. 

The enhancing and i n h i b i t i n g effect of s u l f i t e can be 
modeled as a s h i f t i n equilibrium at the c a l c i t e surface. Thus, 
the equilibrium [CaCO^0] i s reduced by increased [CaSOg 0], much 
l i k e a s o l i d solution at the CaC03 surface. Using the general 
mass transfer model, the solution composition at the CaCO^ sur
face was calculated from the experimental rate data. 

Figure 10 shows that the calculated surface concentrations 
of CaC03° and CaS03° are correlated by the equation: 

log [CaC03°] = -10.76 - 1.29 log[CaS0 3°] (28) 

Thus, CaS03° concentration quantitatively reduces the equilibrium 
s o l u b i l i t y of CaC03°, probably by forming a s o l i d solution or 
adsorption layer at the c a l c i t e surface. For [CaS03°] less than 
0.05 mM, [CaC03°] at the surface i s equal to i t s normal e q u i l i 
brium value, 6.80 χ 10~7 M. The calculated rate i s obtained by 
successive t r i a l and error with β u n t i l the above s o l i d solution 
equilibrium i s s a t i s f i e d . 

As shown i n figure 8, the modified mass transfer model 
predicts the measured rate well at pH 4.5, 5.0, and 6.0, but 
deviates s i g n i f i c a n t l y at pH 5.5 and 5.75. These deviations 
may result from the s e n s i t i v i t y of the calculated rates to the 
estimated equilibrium constants and d i f f u s i v i t i e s used i n the 
model. The maximum dissolution rates at each pH correspond 
roughly to the CaS03 s o l u b i l i t y , s h i f t i n g to higher s u l f i t e 
concentrations at lower pH. A higher dissolution rate was 
observed at 55°C, but the rates are s t i l l modeled well by mass 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



92 F L U E GAS D E S U L F U R I Z A T I O N 

0 5 10 15 20 25 
T O T A L S U L F I T E (mM) 

Figure 8. Effect of sulfite with N2 sparging at 25 and 55°C. Curves calculated 
from mass transfer model. Including CaCOs°/CaSOs° solid solution (Figure 10). 

pH: •, 4.5; Ο and A, 5.0; 0, 5.5; · , 5.75; and A, 6.0; and A, 55°C. 
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Figure 9. Effect of acetate on dissolution rate with 3 mM of total sulfite (pH 5 
and 25°C). 
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Figure 10. Calculated solution composition at CaCOs surface with N2 sparging at 
25°C. pH: A, 4.5; O, 5.0; • , 5.5; Δ, 5.75; · , 6.0; and 0, 5.0 w/acetate. 
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transfer with the same CaS03°/CaC03° equilibrium. It i s s i g n i f i 
cant that the s o l i d solution equilibrium predicts well even with 
the higher rates i n acetate buffer (figure 9). Therefore, sulfite 
affects surface equilibrium, not surface k i n e t i c s . 

Inhibition by s u l f i t e i s analogous to i n h i b i t i o n by phosphate 
(7, 13) and metal ions (13, 14, 15). Inhibition by metal ions 
has also been modeled by a reduction i n CaCU3 s o l u b i l i t y . 
Calcium phosphate and metal carbonates are r e l a t i v e l y insoluble 
salts that could form adsorption layers or s o l i d solutions at a 
ca l c i t e surface. 

S u l f i t e i n h i b i t i o n i s very s i g n i f i c a n t for commercial a p p l i 
cations i n scrubber systems using CaC03 to produce CaS03 s o l i d s . 
CaS03 nucleation/crystallization may interact strongly with 
CaC03 u t i l i z a t i o n . Inhibitors of CaS03 c r y s t a l l i z a t i o n such as 
Mg"*"*" or dissolved iron ma
which would i n turn i n h i b i
CaS03 supersaturâtion i r r e v e r s i b l e blinding of the CaC03 surface 
could occur. 

Conclusions and Recommendations 

1. Limestone dissolution i n throwaway scrubbing can be 
modeled by mass transfer. The mass transfer model accurately 
predicts effects of pH, Ρ(χ)2» temperature, and buffers. For 
parti c l e s less than 10-20 ym, the mass transfer c o e f f i c i e n t can 
be obtained by assuming a sphere i n an i n f i n i t e stagnant medium. 
This model underpredicts the absolute dissolution rate by a 
factor of 1.88, probably because i t neglects agitation and actual 
p a r t i c l e shape. 

2. Organic buffer additives such as acetic, adipic, a c r y l i c , 
and sulfosuccinic acid enhance the rate of c a l c i t e dissolution by 
providing for mass transfer of ac i d i t y to the limestone surface. 

3. At pH 4.5 to 5.5, P(X)2 o r" 1 a t m increases the rate of 
dissolution by 15% because of the indirect reaction of CO2 with 
CaC03. However, at low pH (4.0), the effect of PCO2 i s i n s i g n i f i 
cant. High P(X)2 * s a l s o a dominant factor i n determining the 
equilibrium pH at which dissolution stops. 

4. The rate of dissolution i s enhanced at low s u l f i t e concen
tration and inhibited at high s u l f i t e concentration. These 
phenomena are modeled by mass transfer with a s o l i d solution 
equilibrium of CaS03° and CaC03°. 

5. The rate of c a l c i t e dissolution i s a function of the 
solution composition and p a r t i c l e size d i s t r i b u t i o n . The rate 
should be independent of surface roughness, internal surface area, 
and other variables. 

6. The effects of temperature are predicted by the mass 
transfer model with appropriate physical constants. High 
temperature dependence at high pH results from the effect of 
temperature on OH equilibrium. 
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7. More experimental data are needed to establish better the 
v a l i d i t y of the mass transfer model near equilibrium pH. 

Nomenclature 

a - a c t i v i t y , M ^ 
D - d i f f u s i v i t y , cm /sec 
d - p a r t i c l e diameter, cm 
Fa - Faraday Number, 23,062 cal/volt-equiv 
f - fraction remaining of a given size fraction 
F - t o t a l fraction remaining 
ΔΗ - apparent heat of reaction, kcal/mol 
k - dissolution rate constant, cm^/sec 
M - molar, gmol/liter 
nj - charge on the
^002 " p a r t i a l pressur
pH - negative logarithm of hydrogen ion a c t i v i t y 
R - universal gas constant, 0.08205 liter-atm/gmol-K 
r - distance from center of sphere, cm 
Τ - temperature, °K 
t - time, sec 
t50 - time for 56% of CaC03 remaining, sec 
t55 - time for 56% of CaC03 remaining, sec 
V - volume of p a r t i c l e , cva? 
χ - dimensionless distance (1 - d/2r) 2 _^ 
3 - rate of dissolution per unit radius, M cm sec 
a i > 3 i *" constants of integration, M cm^ sec~l 
γ - a c t i v i t y c o e f f i c i e n t 
λ 0 - equivalent ionic conductivity at i n f i n i t e d i l u t i o n 

cm^/gmol/ohm 
η - vi s c o s i t y , poise 
0j - the fract i o n of t o t a l p a r t i c l e mass with diameter from dj 

to d j + 1 

[ ] - concentration, M 

Superscripts 

ο - ion pair, degrees 

Subscripts 

b - bulk 
exp - experimental 
s - surface 
i - i n i t i a l 
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This paper summarize
funded by the Electric
ine the factors which affect limestone reactivity and the avail
ability of magnesium in limestone. The use of limestone in 
calcium-based SO2 wet scrubbers is well demonstrated technology. 
However, guidelines to assess the acceptability of a given lime
stone for a specific scrubbing system are incomplete. Size, 
calcium concentration, and inert content are generally the only 
criteria included in the limestone specifications. Experience 
as well as theoretical considerations indicate that these pro
perties are insufficient to uniquely gauge the reactivity of the 
limestone. The chemical composition, the crystal lattice imper
fections, and the composition of the specific scrubber solution 
may also affect the dissolution rate and hence the acceptability 
of the limestone. The availability of the magnesium in limestone 
to dissolve is also important since the presence of magnesium 
is beneficial to scrubber efficiency. However, not all the mag
nesium in limestones will dissolve under scrubber conditions. 
Therefore, this study was funded to examine key variables 
including temperature, particle size, pH, stir rate, and the 
magnesium level in the dissolving solution. 

The use of limestone in calcium-based SO2 wet scrubbers is 
economically preferable at large facilities such as electrical 
utilities' coal-fired generating plants because of the increas
ing cost differential between limestone and lime. This differ
ential is caused by the continually rising fuel costs incurred 
in the calcination of limestone to lime. However, the economic 
advantage of limestone is diminished if its utilization in a 
particular process is low. Low utilization results in higher 
reagent costs as well as increased disposal burden. This paper 
presents a laboratory apparatus and test procedure to measure 
the reactivity of different limestones at a variety of simulated 
scrubber operating conditions. The results from this test can 
then be used to choose the most appropriate limestone. 
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The limestone r e a c t i v i t y test procedure c a l l s for the 
samples to be ground and screened to produce material i n narrow 
pa r t i c l e size ranges for testing. Solution composition and pH 
are maintained constant throughout the measurement period (up to 
20 hours) at preselected values. The selection of pH and solu
tion compositions i s based upon several design c r i t e r i a i n 
cluding : 

• desired operating pH, 

• forced versus natural oxidation, 

• quality of makeup water, 

• degree of solid  dewatering d 

• scrubber design

Using an SO2 wet scrubber computer model, the above information 
can be used to predict the solution composition i n a system at 
steady-state conditions. Further descriptions of the test 
equipment and procedure as well as recent experimental data on 
a variety of limestones are presented i n the following sections. 

Discussion 

The dissolution of limestone i s known to be controlled by 
both diffusion of ions i n solution and surface reaction rates. 
The pH value influences which of these steps dominates i n the 
limestone dissolution. For example, at pH values less than 5 
the diffusion process dominates the dissolution with l i t t l e 
dependence on surface reaction. On the other hand, at pH values 
greater than 7 the reaction at the limestone surface begins to 
dominate the dissolution process. In the pH range between 5 
and 7 both dissolution steps can influence the overall rate. 

The bulk of the limestone dissolution i n most SO2 scrubbers 
occurs i n the 5-6 pH range. Thus, both solution mass transfer 
properties and the nature of the limestone must be considered 
at t y p i c a l operating conditions. Therefore, the pH, solution 
composition, solution buffer capacity, and the nature of the 
limestone are important considerations when designing for maxi
mum limestone u t i l i z a t i o n . This paper deals primarily with the 
measurement of the influence of limestone properties on the 
overall dissolution rate. 

The chemical reactions involving calcium carbonate at the 
surface of the solids i n the scrubber pH operating range are: 

CaC03 + H 20 $ Ca + H C O 3 + OH" (1) 
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CaC03 + H+ $ Ca++ + HCOI (2) 

CaC03 + H2CO3 X Ca4"* + 2HCO3 (3) 

Reaction (2) i s thought to have a more rapid rate than 
reactions (1) and (3). This i s substantiated by experimental 
data that show the log of the dissolution rate to be inversely 
proportional to the pH in the range of 2 to 5 (1). However, at 
pH values above 5, the hydrogen ion concentration decreases s i g 
n i f i c a n t l y and thus this step becomes less s i g n i f i c a n t . This i s 
also the case for the reaction shown i n equation (3). Therefore, 
equation (1) represents the predominate dissolution mechanism 
at high pH. 

Since water i s the reactant i n equation (1), the diffusion 
should be important onl
action zone. The measurement
Results Section were designed to determine the re l a t i v e effects 
of the surface reaction rate and the diffusion of products on 
the overall dissolution rate. The variables i n these tests 
were temperature, pH, s t i r r i n g rate, and type of limestone. 

The equation used for correlating the data i s : 

D.R. = dissolution rate, 

k = reaction rate constant, constant with temperature 
and limestone type, 

SA = limestone surface area, 

RS = degree of subsaturation of calcium carbonate i n 
the boundary layer, and 

η = exponent usually equal to 1. 

The d i f f i c u l t y with applying equation (4) i s the uncertainty 
as to whether the RS value measured i n the bulk liquor (which 
can be measured) i s the same as the RS i n the boundary layer 
surrounding the limestone p a r t i c l e s (which cannot be measured). 
Test conditions employing high s t i r r i n g rates and rel a t i v e large 
particles (-100 ym) have been chosen to minimize the differences 
i n these two RS values. 

D.R. = k-SA-(RS-l) η (4) 

where, 
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Experimental Approach 

The experimental apparatus shown i n Figure 1 was used to 
evaluate limestone r e a c t i v i t y . Conditions i n the reactor 
approximate conditions i n the reaction tank of a limestone scrub
bing system. As the limestone dissolves, the pH i n the reactor 
w i l l begin to r i s e . Therefore, to insure a constant pH i n the 
experimental reactor, a low pH test solution (see Table I) i s 
metered to the reactor. As the low pH feed i s added, an equal 
amount of reactor liquor i s also withdrawn to maintain the 
reactor volume also remains constant (2.5L). In an actual scrub
bing system, S0 2 absorbed from the flue gas w i l l provide enough 
acidi t y such that the pH remains approximately constant. 

TABLE I. SCRUBBE

Normal High Magnesium 
Conditions Scrubber 

NaaSOit 24 24 

HC1 25 25 

MgCl 2 0 87 

pH 2.0 2.0 

Prior to testing, 3.0-3.5L of scrubber feed solution are 
saturated overnight with approximately 10 g of the limestone of 
interest. Saturation i s accomplished at the temperature at 
which the run i s to be performed. Ten grams of the limestone 
are ground and sized to the desired mesh. Pictures were taken 
using an optical microscope to document the size d i s t r i b u t i o n . 

The next day the f i l t e r e d solution i s then used as the 
i n i t i a l charge to the reactor. In this way, the i n i t i a l reactor 
composition w i l l be approximately the same in the beginning as 
during the run. The pH controller i s then set to the desired 
value. The pH controller i s used to meter scrubber feed liquor 
(pH 2) into the reactor to maintain a constant reactor pH. After 
the s t i r r i n g rate has been set and the desired temperature 
reached, 10.00 g of sized limestone are added to the reactor. 

As the run proceeds, the accumulated volume leaving the 
reactor i s recorded. Samples of the reactor liquor are also 
taken p e r i o d i c a l l y and analyzed for calcium and magnesium by 
atomic absorption. By maintaining a constant reactor pH, the 
composition remains f a i r l y constant throughout the run. Based 
upon the flow rate data and the solution composition, the 
fraction of the stone dissolved and dissolution rate can then 
be calculated. 
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Figure 1. Limestone reactivity apparatus. 
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Experimental Results 

Fifteen runs using three limestones are reported for various 
reactor conditions. A base case experiment was performed for 
each of three limestones: 1) Fredonia, 2) Brassfield, and 
3) Pfizer (see Tables II and I I I ) . Operating conditions were 
then varied to show the effect of s t i r rate, temperature, and 
pH as well as reactor feed composition. 

Each stone was ground and sized to 120-200 mesh i n an 
attempt to minimize differences i n surface area between the 
samples. Based upon optical counts of the three sized stones, 
each sample used i n the experiments had approximately the same 
average p a r t i c l e diameter (Fredonia - 134 ym, Pfizer - 147 ym, 
Brassfield - 133 ym). However, no attempt was made to correct 
for any surface area difference  du  differen  limeston
porosities. 

The experimental results are summarized i n Table IV. The 
run condition describes the operating variable which was 
changed from the base l i n e conditions. For Fredonia, the effects 
of temperature (30°C, 50°C, 60°C), s t i r rate (500 rpm, 1000 rpm, 
1500 rpm) and pH (5.0, 5.8) were examined. For Brassfield, a 
high temperature (60°C), low pH (5.0), and high magnesium 
(87 mmol/L) cases were run i n addition to the base case. Base, 
low pH (5.0), and high magnesium (87 mmol/L) cases were con
ducted for Pfizer. 

TABLE II. BASE CASE OPERATING CONDITIONS 

S t i r Rate 500 rpm 

Temperature 50°C 

pH 5.8 

Par t i c l e Size 120-200 mesh 

Reactor Feed Composition 

Na2S0i+ 24 mmol/L 

HC1 25 mmol/L 

MgCl 2 0 mmol/L 
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TABLE III. COMPOSITIONS OF LIMESTONE SAMPLES TESTED 

Composition (wt%) 
Limestone CaC03 MgC03 Inerts 

Fredonia 96.8 1.5 1.7 

Brassfield 88.3 9.0 2.7 

Pfizer 94.6 4.8 0.6 

The calcium and magnesium dissolved from the limestones are 
calculated by multiplying their respective l i q u i d concentrations 
(mg/L) by the volume of liquor leaving the reactor during some 
increment of time. By
the t o t a l amounts of calciu
can be calculated. 

To aid i n analyzing the data and to allow extrapolation to 
greater dissolution fractions ( t y p i c a l l y only 40-50 percent of 
the stone dissolves i n a 6 hour run), the data are f i t to a 
power function of the form: 

1 - W/W = a t b (5) ο 
where, 

W = weight (g) of calcium or magnesium remaining i n lime
stone at time t; 

W = i n i t i a l weight (g) of calcium or magnesium i n lime
stone ; 

a, b = constants; and 

t = time (min.). 

By d i f f e r e n t i a t i n g equation (5), the rate of dissolution at 
any time (t) can be calculated from: 

dW = -W a b t b _ 1 (6) 

Using equation (6), the dissolution rates of CaC03 and 
MgC03 were calculated when 50 percent of the calcium and magne
sium had dissolved (see Table IV). The values reported i n 
Table IV represent the rate of dissolution (dW/dt) divided by 
the amount of CaC03 or MgC03 l e f t i n the limestone (50 percent 
of W0). The Fredonia base case dissolution rates from three 
replicate tests were calculated to be 1.77 χ 10~ 3, 1.75 χ 10" 3, 
and 2.05 χ 10" 3 g/min/g CaC0 3(s) at 50 percent CaC03 dissolved. 
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Comparing the CaC03 dissolution rates for the three stones, 
Fredonia appears to dissolve only s l i g h t l y faster than either 
Pfizer or Brassfield with Brassfield the slowest of the three. 
The differences i n the MgC03 dissolution rates are more s i g n i 
ficant; again, Fredonia appears to be the fastest dissolving. 

Low pH increased the dissolution rates of both CaC03 and 
MgC03 for a l l the stones as expected. Figure 2 graphically 
i l l u s t r a t e s the effect of pH on the CaC03 dissolution rate. 
Fredonia shows the greatest increase i n dissolution at the lower 
pH. However, both Brassfield and Pfizer also show substantial 
increases i n dissolution rate. 

Higher temperature seemed to increase the dissolution rates 
of CaC03 and MgCÛ3 for both Fredonia and Brassfield. Figure 3 
shows the effect of temperature on the CaCÛ3 and MgC03 dissolu
tion rates for the Fredoni
graphs suggests an Arrheniu
This indicates that a temperature dependent reaction(s) (such 
as the surface dissolution) may play a major role i n l i m i t i n g 
the dissolution of the Fredonia limestone at pH 5.8. 

Several runs were also made for the Fredonia stone at v a r i 
ous s t i r r i n g rates. As shown i n Table IV and Figure 4, the s t i r 
ring rate did not have a drastic effect on either the calcium or 
magnesium dissolution rates. There was a s l i g h t increase seen i n 
the CaC03 dissolution rate at 1000 rpm and 1500 rpm. However, 
the change in the CaC03 dissolution (approximately 30 percent 
from 500 rpm to 1500 rpm) i s not that significant when compared 
to other factors such as temperature. F i n a l l y , the magnesium 
lev e l i n the dissolving solution did not seem to affect the CaC03 
dissolution rate of either Brassfield or P f i z e r . 

Conclusions 

The results reported i n this paper represent only three of 
the seven limestones which w i l l be tested during this study. 
However, based upon the results to date the following conclu
sions can be made. 

1. CaC03 and MgC03 dissolution data at various temperatures 
suggest an Arrhenius form of the temperature dependence. 
The calculated activation energy of 11 Kcal/mole i n d i 
cate that the dissolution at pH 5.8 i s reaction rate, 
not diffusion, limited. 

2. There does appear to be some difference between lime
stones i n the CaCÛ3 dissolution rate. However, the 
most si g n i f i c a n t difference between stones i s the rate 
of dissolution of MgC03. 
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Figure 3. Dissolution rate at pH 5.8 vs. reciprocal temperature—Fredonia lime
stone. 
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3. A low pH dissolving environment does increase both 
the CaCÛ3 and MgCÛ3 dissolution rates as expected. 

4. High magnesium dissolving solutions did not s i g n i f i 
cantly impede the CaC03 dissolution rate for either 
the Brassfield or Pfizer stones. 

5. S t i r r i n g rate appeared to have l i t t l e effect on the 
CaC03 and MgCÛ3 dissolution rates for the Fredonia 
limestone at pH 5.8. 
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This work shows that oxygen-free sulfite in 
lime/limestone slurries, exposed to sulfur 
dioxide, slowly decomposes under process condi
tions. In fact, auto-redox reactions of sulfur 
oxyacids can occur in a l l coal desulfurization 
systems, including coal-gasification systems and 
impurities present in commercial flue gas sys
tems are capable of catalyzing the reaction 
under process conditions. Our experiments 
indicate that any large-scale coal uti l ization 
wi l l depend on appropriate control of the auto
-redox reactions of sulfur species. 

It is well known that sulfite and bisulfite can be oxidized 
to sulfate by oxygen in a ir . It is less widely recognized that 
sulfite can be converted to sulfate by auto-redox decomposition 
reactions, even i f no oxygen is present. This latter reaction 
was f irst described by Priestley in 1790 (1) · Priestley con
ducted his experiments with sulfurous acid solution ("volatile 
acid of sulfur") sealed in a soft-glass tube. The latter was 
stored in a sand bath at 180°C for several months until brownish 
solid and liquid phases formed. Priestley recognized that the 
reaction products included elemental sulfur as well as 
sulfate. This auto-redox reaction was a l l but forgotten for 
almost a hundred and fifty years and has been widely ignored by 
chemists and chemical engineers during the last fifty years, 
probably because i t was assumed to be slow and insignificant. 

This assumption is incorrect. Already the earliest patent 
literature on desulfurization of coal gasification, "city gas", 
and coal combustion gas desulfurization (2) contains persistant 
and recurring reports of decomposition of sulfur scrubbing 
liquids, yielding unexpected and difficult-to-handle products, 
among them nascent, polymeric elemental sulfur which forms rub
bery and sticky films causing breakdown of equipment. Our 
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research group has studied a variety of systems, including 
lime/limestone s l u r r i e s , as well as magnesium, sodium and potas
sium systems, including impurities containing transition metal 
ions and nitrogen compounds. The l a t t e r are almost absent i n 
o i l - d e s u l f u r i z a t i o n systems, but quite abundant in heterocycles 
in coal and therefore i n coal gases. 

We have found that ammonia solution saturated with sulfur 
dioxide gas sealed in glass tubes precipitate sulfate crystals, 
as well as elemental sulfur within less than 72 hrs at 70°C. We 
also observed the same products at room temperature after less 
than two months. 

Thus, the decomposition of s u l f i t e occurs at lower tempera
ture and far quicker than generally assumed, under conditions 
well within the temperature range of many desulfurization pro
cesses. The reaction
sulfur (IV). Dependin
reaction can be summarized as shown in Equations I-III. 

3S0 2 + 4H20 +· 2HS04" + 1/n Sn + 2H 30 + (I) 

3HS03~ * 2S04
2"~ + 1/n Sn + H 30 + (II) 

3S0 3
2" + H 20 -> 2S0 4

2~ + 1/n Sn + 20H~ (III) 

Equation I applies at pH<2, the ρΚ χ for H 2S0 3. The reac
tion must be conducted i n a sealed tube to exclude oxygen and to 
confine sulfur dioxide gas, the s o l u b i l i t y of which is 22.24 wt% 
at 20°C, yielding a 4.1 M saturated solution. Equation II 
applies at 2<pH<7. In this range b i s u l f i t e prevails. At high 
concentration i t i s accompanied by up to approximately 4% 
S 20^ ~, d i s u l f i t e . Equation III i s valid above pH7, i . e . pK 2 of 
H 2S0 3. 

Experimental 

Fortunately, we are no longer dependent on visual i d e n t i f i 
cation of reaction products, as Priestley was (1), nor are we 
dependent on complex analytical wet-chemistry as were Bichowsky 
(3) and others who investigated these systems during the l a s t 
f i f t y years. We use now a Raman spectrometric method, details 
of which have been recently reported (4) · This method makes 
possible continuous in s i t u determination of the components, 
free of interference by analytical reagents which i n t r i n s i c a l l y 
s h i f t e q u i l i b r i a . The method i s based on the fact that each of 
the aqueous sulfur species has d i s t i n c t and characteristic 
vibrational modes. The frequency of these vibrational modes i s 
used to identify the species; the intensity is a measure of the 
concentration· 

We employ the blue line at 488.0 nm and the green l i n e at 
514.5 nm of an argon laser to illuminate about 2 ml of the 
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degassed, aqueous solution sealed i n an 8 mm diameter pyrex 
tube. The Raman scattered light i s collected i n a J-Y double 
spectrometer. The li g h t intensity i s displayed as a function of 
wavelength on a TV screen and the data i s stored on a magnetic 
disc. A microcomputer i s used for integration spectra, and for 
conducting a semi-quantitative analysis of the solution. This 
i s achieved by comparison of the spectrum of the unknown sample 
with that of a standard solution of known composition and con
centration (4_) · The chemical analysis can be conducted while 
the experiment i s in progress, and instant feed-back makes i t 
possible to adjust and control the chemical parameters as 
desired. This reduced the need for repetitive experimenta
tion. The chemical analysis i s based on standard spectra of 
standard solution and synthetic mixtures of known composition. 

The reaction system
research samples containin
carefully purged of oxygen, as well as samples drawn from p i l o t 
scale sulfur dioxide scrubbers using commercial grade lime and 
limestone s l u r r i e s exposed to a i r . 

Results 

Preliminary experiments confirmed that b i s u l f i t e solutions 
autodissociate into elemental sulfur and sulfate, and that the 
reverse reaction also proceeds readily (5). However, i t was 
immediately apparent that the reaction proceeded at a far higher 
rate at 120°C than one would predict from extrapolation of 
experiments at 180°C on the basis of activation energy estima
tio n . In fact, i t was found that 0.1 M barium chloride solution 
could precipitate barium sulfate from a pure barium s u l f i t e 
solution after only nine hours at room temperature. The barium 
sulfate, which has a s o l u b i l i t y product of 10 , is readily 
recognized by the strong vibration frequency of 981 cm · F o l 
lowing this discovery, a search was undertaken to iden t i f y 
intermediates indicative of possible low temperature reaction 
mechanisms. Among the potential intermediates are a l l oxyacids 
of sulfur with oxidation states from +2 to +6, as well as sulfur 
and s u l f i d e s . A summary of the fourteen best known species i s 
provided i n Table I, which also l i s t s the oxidation states of 
sulfur. The pertinent Raman data has been published (4,19,20). 

Ammonia Solutions. It has long been suggested that ammonia 
solutions age quicker than sodium or potassium solutions of 
s u l f i t e . We have recorded Raman spectra of three year old 1 M 
ammonium b i s u l f i t e solutions i n sealed ampules. These contain 
not only a s o l i d elemental sulfur phase and s o l i d ammonium 
sulfate phase, but the l i q u i d phase contains also several per
cent of dithionate, recognizable by the vibration frequencies of 
710 cm~* and 1206 cm-*, with an intensity ratio of Iy,0^1206 = 

3.2. A search for other oxyacids yielded traces of thiosulfate 
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Species 

TABLE I 

Oxyacids Ions of Sulfur 

so 4" 2 

HS04~ 
s 2o 6~ 2 

S0 3
 2 

HSO^"~ 

S2°5 
S3°6~ 
S2°4 
S4°6 
S2°3 
S5°6 
Sx°6 
SSSOT 

-2 

-2 
y 

-2 

-2 
-2 

-2 

s-s xo 3 
-2 

+6 sulfate 
+6 bisulfate 
+5 dithionate 
+4 s u l f i t e 
+4 b i s u l f i t e 
+4 d i s u l f i t e 
3.3 trithionate 
+3 dithionate 
2.5 tetrathionate 
+2 thiosulfate 
2 pentathionate 

10/x polythionate 
1.3 disulfane 

monosulfonate 

/(x+D polysulfane 
sulfonate 
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when fresh samples were temperature cycled between 25 °C and 
100°C. The reaction mechanism for the formation of these 
species i s not yet clear. Dithionate contains sulfur i n the 
oxidation state V. It i s possible that this intermediate oxida
tion state results from a multimolecular reaction. It should be 
possible to v e r i f y this through concentration studies. The 
reaction i s clearly pH dependent. At high pH the reaction pro
ceeds substantially more slowly. 

Figure 1 shows the decomposition of a saturated ammonia-
sulfur dioxide solution at 70°C. At the beginning, the yellow 
liquor displays the strong characteristic spectrum of b i s u l f i t e 
and d i s u l f i t e , Figure l a . After 18 hrs, a weak sulfate peak 
appears at 981 cm , Figure l b . During subsequent periods, the 
concentrations of b i s u l f i t e and d i s u l f i t e decrease, while that 
of sulfate increases,
fate dominates the spectru
c o l l o i d a l sulfur recognizable by the peak at 450 cm and 
below. A white s o l i d also forms, Figures 2a and 2b, which con
tains sulfate as well as specks of elemental sulfur. 

Solutions of Sodium and Potassium S u l f i t e and B i s u l f i t e . 
Oxygen free, pure s u l f i t e and b i s u l f i t e solution containing 
sodium or potassium ions are stable for more than a year at room 
temperature. However, at 100°C or above, the sulfate spectrum 
can be observed already after a few days. Elemental sulfur does 
not immediately appear. Sometimes, at intermediate and high pH, 
thiosulfate can be observed i n a few experiments. The 
appearance of these species indicates that they are i n t e r 
mediates i n the auto-redox reaction Equations I-III, or that 
they are formed in a secondary reaction of sulfur (IV) with the 
product elemental sulfur. The l a t t e r reactions are already 
known. They occur during the degradation of elemental sulfur 
with s u l f i t e , yielding thiosulfate, as a stepwise process, con
s i s t i n g of ring open, Equation IV: 

s g + so 3" ~s 8-so 3" (IV) 

followed by chain degradation according to Equation V: 

""Sx-S03 + S0 3" s 2 ° 3 2 " + ~ S x - l " " S 0 3 ~ ^ 
These reactions are reversible. The intermediate species 

contain sulfur i n three different oxidation states: The s u l 
fonate group contains sulfur in the oxidation state (VI), the 
sulfide t a i l sulfur (-II) and the chain links are i n the oxida
tion state sulfur (0). These sulfane-sulfonate species were 
f i r s t proposed by Schmidt (6); the charge di s t r i b u t i o n i n these 
species was evaluated by Peter (7). These ions have not yet 
been i d e n t i f i e d i n pure form. 

As long as excess s u l f i t e i s present under appropriate pH 
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Figure 1. Raman spectra of ammonium bisulfite solution. 
Key: a, Yellow liquid (time = 0) saturated with S02. The peaks are identified in Ref. 4. 
b, Yellow liquid after 36 hrs at 70°C. The sulfate peak appears at 981 cm'1, c, Yellow 
liquid after 48 hrs at 70°C. The spectrum below 450 cm'1 indicates the pressure of col
loidal sulfur, d, After 72 hrs at 70°C, the liquid is clear and colorless. The solution is 

saturated with sulfate, of which the bulk has precipitated (Figure 2). The peak at 
1650 cm'1 belongs to water. 
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conditions, a l l elemental sulfur converts to thiosulfate by this 
mechanism. The speed of the reaction and the y i e l d of the pro
ducts depend on the s u l f i t e concentration. The reverse reaction 
has been invoked by Davis and Bartlett (8) to explain the decom
position of thiosulfate at low pH which yields S^, Sg, S^Q and 
various other elemental sulfur allotropes. 

These reactions show that the study of any redox-reaction 
involving s u l f i t e and elemental sulfur must be based on a sound 
understanding of reactions of pure thiosulfate solutions. 

Thiosulf ate Solutions. Aqueous thiosulfate i s stable at 
room temperature for several weeks, but i t decomposes within 
days at 100°C. The reaction products depend on the pH. Our 
Raman study essentially confirms the formation of products found 
by e a r l i e r authors (8^9)
high pH thiosulfate prevails
groups appear: either elemental sulfur and sulfate appear, or 
polythionates; rarely both product groups form simultaneously. 
At 2<pH<4 trithionate i s metastable; between KpH<5 t e t r a -
thionate seems to be the preferred products. Eventually, poly-
thionate decomposes to thiosulfate, sulfur and sulfate. 

The study of these complex, metastable systems has been 
previsouly hampered by d i f f i c u l t i e s in analyzing oxyacid mix
tures and, especially, polythionate mixtures. 

Figure 4 shows that the problem can be solved by high-
resolution Raman spectroscopy. However, the interpretation of 
our data i s far from complete. 

The formation of polythionates can be rationalized by the 
reaction shown i n Equation VI. 

3HS 20 3" + 2HS03" + H 30 + 2S 40 6
2" + 4H20 (VI) 

Our work indicates that polythionates are far more stable 
intermediates than previously assumed. In fact, we find poly
thionates among the prevailing species in HCl-thiosulfate mix
tures at and below room temperature for several days. 

The Influence of Catalysts. The effect of ammonia has 
already been described above. At low pH the c a t a l y t i c effect of 
ammonia i s clearly due to chemical interactions between ammonia 
and sulfur dioxide, because in very concentrated solution, and 
i n non-aqueous systems, N-S bonded compounds can be found and 
i d e n t i f i e d (10). At high pH, ammonia cle a r l y catalyzes the 
decomposition of oxyacids, and, in l i q u i d ammonia, even ele
mental sulfur is activated, even though N-S bonded products have 
not yet been clearly i d e n t i f i e d (11). 

We have also studied the effect of metal ions, and found 
that the heavy metals, such as Se, Μη, Cr, and V do not only 
catalyze the oxidation by oxygen from a i r , but also strongly 
catalyze the oxygen-free auto-redox reaction described above. 
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Figure 3. Relative concentration of products of the decomposition of thiosulfate 
(1 M at 20°C) as a function of pH. The products also depend on concentration and 

the speed of acidification. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



122 F L U E GAS D E S U L F U R I Z A T I O N 

1050 

-2 

1040 

- 2 

1650 

1 1 I 1 

1400 

1/ 
1800 1600 

' I ' 
1200 

1 I ' 
1000 800 BOO 400 200 cm" 

Figure 4. Raman spectra of a mixture of trithionate and tetrathionate. The peak 
at 1650 cm'1 belongs to water. 
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Thus, Se and Cr cause the decomposition of s u l f i t e and b i s u l f i t e 
already at 90°C within two or three days. However, we have 
found that the reaction speed i s not always readily repro
ducible, with reaction speeds varying by factors of up to 10 
for given conditions. Furthermore, the reaction speed changes 
in some systems during the course of the reaction, and f i n a l l y , 
with some metals different end products can be formed. Thus, 
one Mn02 modification yields p r e f e r e n t i a l l y sulfate, while 
another yields dithionate. A careful study of these systems 
w i l l require substantial experimentation. 

Solid Calcium S u l f i t e . Recent thermodynamic studies of 
calcium s u l f i t e by mass spectroscopy indicated that calcium 
s u l f i t e dissociates into calcium oxide and sulfur dioxide 
(12). Under atmospheri
slow i n the range belo
substantial decomposition of s u l f i t e , yielding sulfate, e l e 
mental sulfur as well as thiosulfate. These observations are 
consistent with experiments by Brewer (13), and confirm old 
observatons made by wet-analysis of these complex solids (14). 
Our work confirms seventy year old l i t e r a t u r e reports which 
suggested evidence for thiosulfate, trithionate and dithionate 
in old pulping s u l f i t e liquor which yellows when kept in a i r -
free, sealed ampules (15-18). 

While our Raman spectroscopic method i s useful for the 
i d e n t i f i c a t i o n of the s o l i d reaction products and the analysis 
of surface products, i t is not suitable for direct, t o t a l quan
t i t a t i v e in s i t u analysis of s o l i d s . 

Summary 

Oxidation of s u l f i t e to sulfate can proceed by mechanisms 
other than those involving oxygen from a i r . The reaction 
kinetics and the mechanics are not yet understood, but our 
experiments show that oxygen-free s u l f i t e i n lime/limestone 
s l u r r i e s , exposed to sulfur dioxide, slowly decomposes under 
process conditions. In fact, our experiments indicate that 
auto-redox reactions of sulfur oxyacids can occur in a l l coal 
desulfurization systems, including coal-gasification systems and 
that impurities present i n commercial flue gas systems are 
capable of catalyzing the reaction under process conditions. 

Our experiments indicate that any large-scale coal u t i l i t i -
zation w i l l depend on appropriate control of the auto-redox 
reactions of sulfur species. 
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7 
Kinetics of Reactions in a Wet Flue Gas 
Simultaneous Desulfurization and Denitrification 
System 

S. G. CHANG, D. LITTLEJOHN, and Ν. H. LIN 

University of California, Lawrence Berkeley Laboratory, Berkeley CA 94720 

A number of processe
opment for simultaneous removal of SO2 and NOx 
have been based on either the oxidation of rela
tively insoluble NO to more soluble NO2 or the 
employment of a water-soluble ferrous-chelating 
compound as a catalyst to aid in the absorption 
of the insoluble NO. These ferrous compounds 
have the ability to form complexes with the NO 
and thus promote the absorption of the NO. Once 
in solution NOx can be reduced by the absorbed 
SO2 to form molecular N2, N2O, or reduced nitro
gen compounds such as NOH(SO3) 
NH2SO3-, and NH4+; while SO2 is oxidized to 
sulfate. The kinetics and mechanisms of reac
tions involved in this system are discussed. 

Power plant flue gas contains several hundred ppm N0X and 
hundreds or thousands ppm SO2. Most N0X is in the form of NO. 
Several processes, s t i l l in the development stage, are based on 
using N0X as an oxidizing agent for SO2 in aqueous solution to 
simultaneously control the emission of both SO2 and N0X in the 
flue gases. These processes can be divided into two different 
types: one is classified as an oxidation-absorption-reduction 
technique, and the other as an absorption-reduction technique. 
Table I (1, 2) summarizes additives, products, testing conditions, 
and SO2 and N0X removal efficiencies of some of these processes. 

Both types of process are being developed mainly in Japan 
and have not approached the stage of commercial use. Part of 
the reason for this is that these processes are recent develop
ments and have not been tested extensively and the chemistry 
involved in these systems is not yet well understood. This paper 
discusses the kinetics and mechanisms of reactions involved in 
both types of process. 
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Oxidation-Absorption-Reduction Processes 

This type of process i s based on injecting a gas-phase o x i 
dant, such as O3 or C102, into the flue gas to sele c t i v e l y o x i 
dize the r e l a t i v e l y insoluble NO to the more soluble N02. 
Nitrous and n i t r i c acids are produced i n the aqueous phase after 
N02 and/or N203 are absorbed into solution; and sulfur oxyacids, 
such as s u l f i t e / b i s u l f i t e or pyrosulfite, are formed i f S02 d i s 
solves i n the solution. Interaction among oxides of nitrogen, 
nitrogen oxyacids, sulfur oxyacids, oxygen, and trace metal ions 
such as Fe(III) or Mn(II) can take place i n a flue gas wet scrub
ber. Identifying a l l reactions involved i n this complex system 
i s impossible. However, important reactions must be i d e n t i f i e d 
and characterized i n order to improve the performance of a 
scrubber. 

Several Japanese processe
Chiyoda, or Mitsubishi processes i n which the NO i n the flue gas 
is oxidized to N02 by O3 and subsequently passed to a N02/S02 

absorber, have shown that a major fraction of the absorbed N0X i s 
in the form of nitrogen-sulfur complexes, which are the compounds 
produced i n the reaction between n i t r i t e and s u l f i t e ions. 

We have reviewed the l i t e r a t u r e (3-20) and found that many 
concurrent and consecutive chemical reactions can occur as a 
result of the interaction between n i t r i t e and s u l f i t e ions. We 
w i l l summarize the kinetic results of these reactions and present 
the results of model calculations that give the concentration 
p r o f i l e of species produced i n this system as a function of reac
tion time. The effects of temperature, pH, and concentrations of 
reactant w i l l be demonstrated. 

Review of Previous Kinetic Studies 

Nitrous acid and s u l f i t e react to form nitrososulfonic acid, 
which then continues along one or more of three reaction paths: 

1. Further sulfonation to produce hydroxylamine disulfonate 
and amine trisulfonate. These sulfonates can hydrolyze to form 
s u l f u r i c acid and reduced nitrogen species. The la t t e r can under
go further reaction with b i s u l f i t e and n i t r i t e . 

2. Hydrolysis to form s u l f u r i c acid and hyponitrous acid. 
The l a t t e r decomposes to produce nitrous oxide. 

3. A reaction with nitrous acid to y i e l d s u l f u r i c acid and 
n i t r i c oxide. 
The extent to which these three different paths w i l l contribute 
to the system depends on the pH, temperature, and concentration 
of n i t r i t e and s u l f i t e species. It i s believed that process 1 i s 
favored by a neutral or mildly acidic solution; processes 2 and 3 
are expected to become increasingly important as the pH of the 
solution decreases. A summary of reactions that can take place 
as a result of interactions between s u l f i t e and n i t r i t e ions i s 
shown in the following reaction scheme: 
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HSO., HSO" HSO" 
HNQ2 % * » H03SNO « ύ > (HO.S).ΝΠΗ 4 » (HO^S) 

N i t r o u s a c i d N i t r o s o s u l f o n i c Hydroxylamine Amine t r i s u l f o n i c 
a c i d d i s u l f o n i c a c i d a c i d 

NH + + HSO: N, + HSO 4 2 

The k i n e t i c information of reactions involved i n this system i s 
outlined below. 

Formation of Hydroxylamine Disulfonate by Reaction of 
Nitrous Acid with B i s u l f i t e Ion. Hydroxylamine disulfonate 
(HADS) i s formed according to the following net reaction: 

N02~ + 2HS03~ •> HON(S0 3) 2
2" + 0H~ 

The kinetics of this reaction was f i r s t studied (at pH between 
5 and 7) by Seel and Degener (10) over two decades ago. They 
found two concurrent processes for the HADS production as sum
marized by the following rate law: 

d [ H ^ S ] = k l a [ H + ] 2 [ N 0 2 " ] + k l b[H +][N0 2"][HS0 3"] (1) 

Yamamoto and Kaneda (11) i d e n t i f i e d the same two processes. How
ever, they found that the f i r s t term was r e a l l y a combination of 
both general acid and acetic acid s p e c i f i c catalyzed reactions. 
Seel and Knorre (12) la t e r investigated this reaction (at pH 
between 6.13 and 6.92) and interpreted their results as a single 
process having the following rate law: 

d[HADS] k 2 a[N0 2-][HS0 3-] 2 

1 + k 2 f e [ S 0 3
Z ] 

Because of the discrepancies between these results, we have 
undertaken a systematic investigation (7) of this reaction over 
the pH range between 4.5 and 7. The reaction has been found to 
consist of two concurrent processes. The rate law was shown as 
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d [ H ^ S ] = k 3 a [ H + ] [ N 0 2 ][HS0 3 ] + k 3 f c[N0 2 ] [HS0 3 ] 2 ( 3 ) 

The dependence of and k ^ on temperature and ion strength was 
also studied: 

, 0 _ 1 Λ12 -6100/T Ί . 2, _ 2 . ν k = 3.7 χ 10 e l i t e r /mole -sec (a) 

k0, = 9.0 χ ΙΟ""4
 e

2 , 1 V ^ l i t e r 2 / m o l e 2 - s e c (b) 
JD 

The following reaction mechanisms are suggested: 

HONO + HS03~ t NOS03" + H20 slow (4) 

N0S03" + HS0 3" t H0N(S0
N 0 2 ~ + S 2 ° 5 2 ' ^ 0 N ( S 0 3 ) 2

3 " s l o w ( 6 ) 

Hydrolysis of Hydroxylamine Disulfonate (HADS). HADS hydro-
lyzes to give hydroxylamine monosulfonate (HAMS) and sulfates: 

2- - -
H0N(S0 3) 2 + H20 -> H0NHS03 + HS0 4 (7) 

The rate and mechanism of this hydrolysis was performed by 
Naiditch and Yost (13). These authors found that hydrolysis i s 
catalyzed by acid as well as water, but the effect of water i s 
much less than that of acid. The rate equation can be expressed 
as 

_ d [ H ^ S l = | k g a [ H + ] + k g b[H 20] } [HON(S0 3) 2
2 _] (8) 

kg a and kg^ are respectively the rate constants for acid- and 
water-catalyzed reactions. At zero ionic strength: 

k g a = 2.1 χ 1 0 1 1
 e " 1 7 6 0 0 / R T liter/mole-sec (c) 

, - ,-, i n l l -23000/RT -1 ,,v k g b = 1.67 χ 10 e sec (d) 

The proposed mechanism assumes that the ion H0N(S0 3) 2H forms a 
reaction complex with water. The ov e r a l l rate i s determined by 
the rate at which the complex i s converted into the hydrolytic 
products: 

H + + H0N(S0 3) 2
2" t H0N(S0 3) 2H" (9) 

H0N(S0 3) 2H" + H20 t H0N(S0 3) 2H 30~ (10) 

H0N(S0 3) 2H 30" + H0NHS03H + HSO^" slow (11) 
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Hydrolysis of Hydroxylamine Monosulfonate (HAMS). HAMS 
hydrolyzes i n acid i c solution, but at a much slower rate than 
that of HADS (13). The hydrolysis of HAMS produced hydroxylamine 
(HA) and sulfates: 

* +
 + HONHSOQ + H o0 •> NHQOH + HSO. (12) 3 ζ J 4 

The rate equation may be assumed to be 

-d[HAMS] = k [ H 0 N H S 0 3 - ] [ H + ] ( 1 3 ) 

The rate constant was not determined; however, an upper l i m i t can 
be obtained from the result of Naiditch and Yost (13): 

. . 0 c - l n l l -19500/Rk ^ 2.65 χ 10 e

at an ionic strength μ = 0.01 M 

Sulfonation of Hydroxylamine Disulfonate. Seel et a l . (14) 
studied the reaction between HADS and b i s u l f i t e and found that 
this reaction produced about 70% aminetrisulfonate (ATS) and 30% 
aminedisulfonate (ADS) i n the temperature range from 25 to 60°C 
and io n i c strength from 1.0 to 1.2 M, with reaction times ranging 
up to 4.5 hr at a pH of 7. The reaction proceeds according to 
Eqs. (14) and (15): 

^ N ( S 0 3 ) 3
3 " + H 20 (14) 

H0N(S0 3) 2
2' + HS0 3"^ 

^ N H ( S 0 3 ) 2
2 ~ + HS0 4" (15) 

Aminedisulfonate can also be formed through the hydrolysis of 
hydroxylamine trisulfonate: 

N ( S 0 3 ) 3
3 " + H 20 + NH(S0 3) 2

2" + HS0 4~ (16) 

The rate of disappearance of HADS can be expressed as 

- 4 I 5 g s i . A e-AE a/RT [ H o N ( s o 3 ) 2
2 - ] [HSO3-] (f) 

Q 
where A = 7.2 χ 10 liter/mole-sec, and AE a = 18.0 kcal/mole. 
This rate equation indicates that the rate determining step i s 
reaction 14 and/or 15, while Eq. (16) i s a fast reaction; and the 
activation energy determined i s a weighted value of reactions 
14, 15, and 16, leading to the formation of a mixture of products. 

Yamamoto and Kaneda (11) measured the rate of formation of 
ATS and obtained an id e n t i c a l rate equation with A = 3.4 χ 1 0 ^ 
liter/mole-sec, and AE a = 19.2 kcal/mole at μ = 1.0 M. 
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Sulfonation of Hydroxylamine Monosulfonate (HAMS). Accor
ding to Seel et a l . (14), the reactions between HAMS and b i s u l f i t e 
are branched ones (Eqs. 17 and 18), producing about 70% amine-
disulfonate (ADS) and 30% sulfamate (SAM) in the temperature 
range 25-60°C and i o n i c strength range 1.0-1.2 M, with reaction 
times ranging up to 12 hr at a pH of 7: 

_ ^NH(S0 J 2 ~ + Η 0 (17) 
H0NH(S0J + HSO _ _ (18) 

^^NH oS0 o + HSO. 2 3 4 
Aminedisulfonate can undergo hydrolysis to form sulfamate: 

NH(S0Q) 2 ~ + H o0 + NHoS0 " + HSO." (19) 3 2 2 2 3 4 
The rate determining ste
equation i s : 

_ H H A ^ l = A e-AE a/RT [ Η Ο Ν Η ( δ θ 3 ) Ί [ H S 0 3 - j ( g ) 

13 
where A = 2.0 χ 10 liter/mole-sec, and AE a = 24.5 kcal/mole. 
Hydroxylamine O-sulfinic acids are assumed to be intermediate 
products. 

Sulfonation of Hydroxylamine (HA). S i s l e r and Audrieth (15) 
studied the formation of sulfamic acid by the reaction of 
hydroxylamine with sulfur dioxide in an aqueous solution and pro
posed that the reaction mechanism involved coordination between 
NH20H and S0 2 molecules with subsequent rearrangement to sulfamic 
acid. The kinetics of this reaction was investigated by Brackman 
and Higginson (16) at room temperature. They found that i n addi
tion to sulfamic acid, trace amounts of ammonium bi s u l f a t e were 
also formed and that the percentage of ammonium bi s u l f a t e produced 
appeared to be independent of pH. Fraser (17) and Gomiscek et a l . 
(9) studied the kinetics of this reaction as a function of tem
perature. The k i n e t i c studies by both Brackman and Higginson (16) 
and Fraser (17) were performed by monitoring the rate of disap
pearance of t o t a l s u l f i t e during the course of the reaction, 
while Gomiscek et a l . (9) studied this reaction by monitoring the 
rate of disappearance of t o t a l hydroxylamine. 

This reaction can be expressed as 

Ν Η , Ο Η ^ Ο , . Η , Ο ^ Η ^ ^ 0 ( 2 0 ) 

1 Z XNH.HSO. (21) 4 A 
The rate law can be written as 

- ^ r 1 = ( k 2 0
 + k 2 1 } [ N H 2 0 H ] t S 0

2 ' H 2 0 ] ( h ) 
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The enthalpy and entropy of activation for the formation of sul
famic acid and ammonium bis u l f a t e are: 

Sulfamic acid Ammonium bi s u l f a t e 

Δ Η20 Δ 4 ΐ Δ 4 ΐ Δ 4 
(kcal/mole) (e.u.) (kcal/mole) (e.u.) 

a 
Fraser 10.9 -16 1 -56 
Gomiscek 
et a l . b 13.4 - 6.1 3 -45.8 

aRef. 17 bRef. 9 

Hydrolysis of Aminetrisulfonat
potassium aminetrisulfonat
Audrieth (15) at 25, 40, 67, and 100°C. They found that this 
reaction (Eq. 22) i s acid catalyzed and that the ATS was rapidly 
converted into aminedisulfonate and sulfates even i n a neutral 
solution and at 25°C: 

N ( S 0 3 ) 3
3 ~ + H20 HN(S0 3) 2

2" + HS0 4" (22) 

The rate equation may be written as 

_ d [ g S l = k 2 2 [ N ( S 0 3 ) 3 3 - ] [ H 3 0 + ] ( i ) 

The rate constant has not been determined, however. 

Hydrolysis of Amine Disulfonates (ADS). ADS hydrolyzes i r 
reversibly and quantitatively to form sulfamate (SAM) and s u l 
fates according to Eq. 23 ÇL8, 1,9, 20) : 

?- H + 

HN(S0 3) 2 + H20 -* H 2NS0 3 + HS04 (19) 

The rate of the acid-catalyzed reaction has been studied (20) 
over the temperature range 25-45°C. The results at constant 
ionic strength conform to the rate equation: 

- = k 2 3[HN(S0 3) 22-][H +] (j) 

The variation of the rate constant k23 at zero ionic strength 
with temperature i s described by the equation 

, 0 1 Λ14 -23500/RT _ . , -
k 2 3 = 2.54 χ 10 e- liter/mole-sec 

The r e l a t i v e l y large value of the frequency factor was explained 
on the basis of a large positive entropy (AS* = 21.3 e.u.) of 
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formation of the activated complex due to i t s e l e c t r o s t a t i c 
interaction with the solvent. 

The dependence of the s p e c i f i c rate constant on ionic 
strength at 25°C, based on the Β rested-Deb ye-Huckel theory (21) , 
was studied. 

i o g 1 0 k 2 3 = i o g 1 0 k ° 3 + 1 2 i / 2 + 3y 00 
1 + μ 

where A = 0.5065, ζχζ 2 = -2, and 3μ = +0.092. The uncatalyzed 
hydrolysis was found to have an undetectable rate compared to 
the rate of the acid-catalyzed reaction. 

The ionization constant for reaction 23 

HN(S0 3) 2
2~ t H + + N ( S 0

in a sodium chloride solution at an ionic strength of 1.0 at 25°C 
i s 3.2 χ 10" 9 mole/liter. 

Hydrolysis of Sulfamate (SAM). The kinetics of hydrolysis 
of sulfamate ion was investigated by Maron and Berens (22) (in 
di l u t e acid at 80-98°C) and by Candlin and Wilkins (23) (in 
10*" 3 M to 6 M perchloric acid at 95°C). A reaction mechanism 
involving a pre-equilibrium between sulfamate ion and sulfamic 
acid (Eq. 24), followed by slow hydrolysis of the acid (Eq. 25), 
was proposed: 

H 2NS0 3" + H + t H2NS03H (24) 

HoNS0oH + H o0 ·* NH,+ + HSO," slow (25) 2 3 2 4 4 
The rate equation can be expressed as 

_ d[SAM] =
 1 [ N H SO " + NH.SO.H] (1) 

d t Κ + [Η ] 2 3 2 3 

where k = 2.3 χ 10~^ sec" 1 at 95°C, io n i c strength μ = 1M, and Κ 
i s the ionization constant of sulfamic acid, which has been 
determined by E.M.F. (24) and conductance (25) measurements. A 
relationship, -log Κ = (3792.8/T) - 24.122 + 0.041544 T, has been 
deduced from the measurements between 10 and 50°C (K - 0.1 mole/ 
l i t e r at 25°C, and 0.266 at 95°C). 

The energies and entropies of activation determined by Maron 
and Berens (22) (30.5 kcal/mole and 9.7 e.u.) include the energy 
and entropy of formation of sulfamic acid ( i . e . , both reactions 
24 and 25). The l a t t e r values can be estimated from the data of 
King and King (24) as +0.9 kcal/mole and +9 e.u., and this w i l l 
mean values for the energy and entropy of activation of hydrolysis 
of sulfamic acid (Eq. 25) of 29.6 kcal/mole and 0.7 e.u. 
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respectively, which are i n good agreement with those determined 
by Candlin and Wilkins (23) (29.7 kcal/mole and 3.2 e.u.). 

In addition to the A 1 acid-catalyzed decomposition of s u l 
famate ion, proposed by Maron and Berens (22) and Candlin and 
Wilkins (23), Hughes and Lusty (26) present evidence that an 
additional A 2 path involving sulfamic acid (Eq. 26) also occurs: 

NH3 S0 3 + H t NH3 S03H •> [NH^] 4- H 2S0 4 (26) 

This mechanism would predominate or occur exclusively above 2 M 
perchloric acid. 

Reaction of Sulfamic Acid with Nitrous Acid. A ki n e t i c 
study of the reaction of sulfamic acid with nitrous acid (Eq  27) 
by Hughes (27) reveale

NH0SOQH + HN0o -> N 0 + HoS0. + Ho0 (27) 2 3 2 2 2 4 2 
at a c i d i t i e s less than 0.248 M, proceeded according to reactions 
28 and 29: 

H + + HN02 t H 2N0 2
+ (28) 

H 2N0 2
+ + NH 2S0 3" •> N 2 + H 2S0 4 + H20 (29) 

The protonated nitrous acid species reacts with sulfamate ion in 
a slow step. The rate equation can be written as 

d[HN0 ] 
^ = k 2 9 [ H ][HN0 2][NH 2S0 3 ] (m) 

At an ion i c strength μ = 0.25 M, k 29 i s 170, 667, 1130, and 2040 
l i t e r 2 mole- 2 s e c - 1 at 0, 18, 25, and 34.5°C respectively. This 
temperature dependence study reveals that AS* = -6.6 e.u., and 
ΔΗ* =11.3 kcal/mole. 

In the acid range 0.25-3 M, a second pathway emerges i n 
which H 2N0 2

+ attacks sulfamic acid. As the concentration of 
sulfamate ion becomes very small at these higher a c i d i t i e s , the 
reaction with sulfamic acid w i l l become more important although 
sulfamate ion i s more reactive than sulfamic acid. The two 
mechanisms are operating side by side, with an increase of 
aci d i t y favoring the reaction through sulfamic acid. 

Several more reactions are known to take place i n this sys
tem in addition to those discussed above. However, their kine
t i c s and mechanisms have not been well characterized. Some of 
these reactions are: 

1. Formation of hyponitrous acid (H 2N 20 2) from the acid-
catalyzed hydrolysis of nit r o s u l f o n i c acid. 

2. Reaction of ni t r o s u l f o n i c acid with nitrous acid to form 
sulfates and liberate NO. 
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3. Production of hyponitrous acid and sulfates from the 
reaction of hydroxylamine monosulfonate with nitrous acid. 

4. Reaction of hydroxylamine with nitrous acid to y i e l d 
hyponitrous acid or N2O. 

5. Reaction of hyponitrous acid with nitrous acid to form 
n i t r i c acid and N 2. 

Chemical Kinetics Modeling. The concentration p r o f i l e s 
of HADS, HAMS, HA, ATS, ADS, SAM, 
NH4 , N 2, and sulfate as a function of time resulting from the 
reaction of s u l f i t e and n i t r i t e ions i n aqueous solutions was 
calculated at various conditions (Figures 1-6). A CHEMK software 
package developed by Systems Applications, Inc., of San Rafael, 
C a l i f o r n i a , was used fo
i n i t i a l S02 and N0 X concentration
1000, 450, and 50; 1000, 250, and 250; 2000, 250, and 250 respec
t i v e l y for SO2, NO, and NO2. Calculations were carried out at 
two different temperatures (55 and 25°C) and three different pH fs 
(3, 5, and 7). The pH of the solution was assumed to be constant 
throughout the reaction. Table I l i s t s elementary reactions con
sidered and rate constants used. The following additional 
assumptions were made i n this calculation: 

1. Gas dissolution and li b e r a t i o n rates are much larger 
than chemical reaction rates. 

2. Any reaction involving aqueous HNO3, NO, NO2, N2O3, and 
N2O4 i s neglected. 

3. The equilibrium i s maintained a l l the time for reactions 
1 through 7. The rate constant of the 14 reversible reactions 
was adjusted to s a t i s f y the equilibrium condition. 

4. Oxidation of NO to NO2 (both i n gas phase and aqueous 
solution) i s discounted. 

Figures 1-4, 5, and 6 show the time-resolved concentration of 
species i n a batch reactor at various pH fs, temperatures, and 
i n i t i a l p a r t i a l pressures of SO2 and N0 X for the f i r s t 2 and 24 
hours respectively. The gas-to-liquid ratio (G/L) i s 75. Figure 
1 (at Ps02 = 1000, P N 0 = 450, and PNO2 = 5 0 PPm> pH = 5, and Τ = 
328K) demonstrated that the removal efficiency of NO i s only about 
10%, although NO2 can be removed nearly completely. This i s 
because NO alone cannot be converted into nitrous acid. The major 
product i s HADS within the i n i t i a l 1-1/2 hr; the concentrations of 
HAMS and sulfate increase while that of HADS decreases as the 
reaction time continues. If the reaction i s allowed to continue, 
the f i n a l products w i l l be NH4+, N2, and sulfate. Because we 
disregard the reaction of HAMS and HA with HNO2 and the hydrolysis 
of n i t r o s u l f o n i c acid, no N2O i s formed. 

The effect of the oxidation of NO to NO2 by an oxidant such 
as O3 i s i l l u s t r a t e d i n Figure 2 (PS02 = 1000, P ô = PN02 = 2 5 0 

ppm, pH = 5, and Τ = 328K). The result indicates enormous 
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Figure 1. The concentration profile of species as a function of reaction time in a 
batch reactor (pH 5 and 328 K) at the following initial condition: PS02 = 1000, 

PN0 = 450, and PN02 = 50 ppm. The gas-to-liquid ratio, G/L, is 75. 
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Figure 2. The concentration profile of species as a function of reaction time in a 
batch reactor (pH 5 and 328 K) at the following initial condition: P8o2 = 1000, 

PN0 = PN02 — 250 ppm. G/L, 75. 
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Figure 3. The concentration profile of species as a function of reaction time in a 
batch reactor (pH 3 and 328 K) at the following initial condition: Pso2 — 

1000, PN0 = PN02 = 250 ppm. G/L, 75. 
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Figure 4. The concentration profile of species as a function of reaction time in a 
batch reactor (pH 5 and 328 K) at the following initial condition: Pa0i = 2000, 

PN0 = PN02 = 250 ppm. G/L, 75. 
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Time (minutes) 

Figure 5. The concentration profile of species as a function of reaction time in a 
batch reactor (pH 5 and 328 K) at the following initial condition: P8o2 = J 000, 

Pno = Pno2 = 250 ppm. G/L, 75. 
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Time (hours) 

Figure 6. The concentration profile of species as a function of reaction time in a 
batch reactor (pH 5 and 298 K) at the following initial condition: P8o2 — 1000, 

PN0 = PN02 = 250 ppm. G/L, 75. 
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improvement i n N0 X removal efficiency. The concentration of 
HADS, HAMS, ATS, etc., species i s larger (compared to Figure 1) 
because of the larger concentration of n i t r i t e / n i t r o u s acid i n 
the solution. By the same token, HSO3" i s consumed at a larger 
rate. 

The effect of the pH of the solution on the reaction i s 
shown in Figure 3 (PSO2 = 1000, P N 0 = ?^02 = 2 5 0 PPm> pH = 3, 
and Τ = 328K). The reactions speed up at a lower pH (between 
pH = 5 and 3), and N0 X i s reduced at a larger rate. The concen
trati o n of HAMS i s larger than HADS after about 20 min. Simi
l a r l y , larger concentrations of HA, SAM, N2, and NH4+ are obser
ved at a given time. These are due to the fact that the hydrol
ysis reaction i s acid catalyzed, and therefore low pH conditions 
would favor the formation of hydrolysis products. 

If the S0 2 concentratio
held constant, i . e . , a
P S o 2 = 2 0 0 0 > pN0 = PN02 " 2 5 0 PP > P  5> a n d  3 2 8 K ) > t h e P r o" 
duction rate of ATS, ADS, and SAM increases because a larger 
S02/N0X ratio favors sulfonation reactions. The NH4+/N2 ratio 
increases with an increase of the S02/N0X ratio because the N2 
formation rate i s only s l i g h t l y affected by the change i n the 
S02/N0X r a t i o . (The effect due to the increase in SAM concentra
tion i s offset by that due to the decrease in HNO2 concentration.) 
However, the NH4+ rate of formation increases as the concentration 
of SAM increases at a constant pH of the solution. 

The effect of temperature i s demonstrated i n Figure 5 (Ps02 
= 1000, P N 0 = P NQ 2 = 250 ppm, pH = 5, and Τ = 328K) and Figure 
6 (PSO2 = 1° 0 0> pN0 = pN02 = 2 5 0 PPm> P H = 5> and Τ = 298K). The 
results indicate that the overall reaction rate speeds up at 
higher temperatures. 

Absorption-Reduction Processes 

This type of process i s based on the addition of metal 
chelates such as Fe(II)EDTA i n aqueous solution to promote ab
sorption of NO i n solutions (1, 2). These metal chelates can 
bind NO to form n i t r o s y l metal chelates which can react with 
absorbed S0 2 in aqueous solution to produce reduced nitrogen 
species and sulfate while metal chelates are regenerated. 

Identification of an e f f i c i e n t metal chelate for optimum 
absorption of NO requires knowledge of the thermodynamics and 
kinetics of the coordination of NO to various metal chelates. 
Knowledge i s also needed of the kinetics and mechanisms of the 
reaction between n i t r o s y l metal chelates and absorbed S0 2 i n 
solution to calculate the regeneration rate of metal chelates 
and to control the products of reaction by adjusting the scrubber 
operating conditions. Not much of this information i s available 
in the l i t e r a t u r e , although several ferrous and cobalt chelates 
have been used as additives for testing i n bench-scale wet flue 
gas simultaneous desulfurization and d e n i t r i f i c a t i o n scrubbers. 
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Equilibrium Constants, Enthalpy, and Entropy of the Coordi
nation of NO to Metal Chelates. Complexes of NO have been known 
for centuries. Many studies have been done on determining the 
structure of these complexes, yet few have been done on deter
mining their thermodynamic properties and reaction ki n e t i c s . 
Hishinuma et a l . (28) and our group (29) have recently determined 
the equilibrium constants, enthalpy, and entropy for the coordi
nation of NO to Fe(II)EDTA and Fe(II)NTA. Both these groups per
formed their experiments by bubbling a mixture of NO and N2 of 
known NO concentration through a metal chelate solution and then 
measuring the NO concentration i n the outlet gas with a N0 X 

analyzer. NO absorption was carried out u n t i l the NO concentra
tion i n the outlet gas became equal to that in the i n l e t gas, 
i. e . , u n t i l equilibrium was reached. The experiments were per
formed at several temperature
of the reaction. The result
III. 

We recently determined the equilibrium constant for the coor
dination of NO to Fe(II)(H20)5, F e ( I I ) ( c i t r a t e ) , and Fe(II)(acac)2 
using a temperature-jump apparatus (30). The source of the 
temperature jump i s a high-voltage d.c. power supply connected 
to a capacitor through a solenoid switch. After the capacitor i s 
charged, the switch i s disconnected. By closing a variable spark 
gap, the energy stored i n the capacitor can be discharged through 
a c e l l containing the reaction under study. A temperature jump 
of 8°C occurs within several microseconds. The temperature jump 
induces a change in the concentration of reactants and products 
as the reaction s h i f t s to a new equilibrium. The s h i f t i s moni
tored by a photomultiplier that responds to changes i n absorption 
of a n i t r o s y l ferrous chelate. The results are displayed on an 
oscilloscope, which i s triggered by the closing of the spark gap. 

The coordination of NO to metal chelates can be written as 

k l 
M(chelates) + NO + + M(chelates)(NO) (30) 

-1 
The reciprocal of the relaxation time equals the forward rate con
stant times the sum of the f i n a l equilibrium concentrations of 
M(chelates) and NO plus the backward rate constant. When the 
reciprocal of the relaxation time i s plotted against the f i n a l 
concentrations of M(chelate) + NO, the slope of the curve gives 
the forward rate constant (k^) and the point of interception 
gives the backward rate constant ( k _ i ) . The results are summar
ized i n Table III. 

By comparing the equilibrium constants of reactions l i s t e d 
i n Table III, i t i s obvious that Fe(II)(EDTA) and Fe(II)(NTA) have 
much larger absorption capacities for NO than Fe(II)(H20)5, 
F e ( I I ) ( c i t r a t e ) , and Fe(II)(acac)2 have. 
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Formation and Dissociation Rate Constants of Ni t r o s y l Metal 
Chelates. The absorption rates of NO i n an aqueous solution 
of Fe(II)EDTA were measured by Teramoto et a l . (31) and Sado et 
a l . (32) using a s t i r r e d vessel with a free f l a t gas-liquid i n t e r 
face. The forward rate constants of the complexing reaction were 
derived on the basis of the theory of gas absorption. The results 
are given i n Table II. 

With a temperature-jump technique we have d i r e c t l y measured 
the formation and dissociation rate constants (30) of 
Fe(II)(H20)5NO, Fe(II)(citrate)NO, Fe(II)(acac)2N0, 
Fe(II)(EDTA)N0, and Fe(II)(NTA)NO (Table I I ) . Values for the 
rate and equilibrium constants for the formation of 
Fe(II)(H20)5N0 determined i n this study agree well with those 
determined by Kustin et a l . (33). The forward and reverse rate 
constants for the formatio
smaller than the value
equilibrium constant i s larger. The kinetics for the formation 
and dissociation of the Fe(II)(acac)2NO complex are much slower 
than any other complex studied. 

For both Fe(II)(EDTA)NO and Fe(II)(NTA)NO, the relaxation 
times due to the temperature jump were too fast to be measured. 
However, an upper l i m i t of 10 microseconds was established for 
the relaxation times for both complexes. Using this value with 
the equilibrium constants determined for Fe(II)(EDTA)NO and 
Fe(II)(NTA)NO by Hishinuma et a l . and our group respectively, the 
lower l i m i t s of forward and reverse rate constants were 
calculated (Table I I I ) . 

Kinetics of Reactions of NO and S02 i n Aqueous Solutions 
Containing Metal Chelates. Under 02-free conditions, NO and SO2 
can react with metal chelates such as Fe(II)EDTA i n aqueous solu
tion to form Fe(II)(EDTA)NO and Fe(II)(EDTA)(SO32") respectively. 
However, when both NO and SO2 are bubbled into an aqueous solu
tion containing Fe(II)EDTA, species such as N20, sulfamate, d i -
sulfamate, dithionate, and sulfate are produced (34). The kine
t i c s and mechanisms of reactions involved i n this N0-S02-metal 
chelates-£«H20 system have not been characterized yet. Teramoto 
et a l . (31) have recently proposed the following reactions that 
could take place i n this system: 

Fe(II)EDTA + NO £ Fe(II) (EDTA) (NO) 

Fe(II)EDTA + SO^" t Fe(II) (EDTA) (SO^") (32) 

(31) 
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Fe(II)(EDTA)(S0 3
2 ) + NO t Fe(II) (EDTA) (SO^ ) (NO) (33) 

-(NO)(S0 3
2 ) 

SO. 

(36) 

-(S0 3
2 )(NO)| 

-SO. 

SO 

(35) 
2-

(34) 

Fe(II)(EDTA) <- Fe(II)(EDTA)(NO) 
(37) 

NO 

They suggested that reactions (34), (35), and (36) are slow com
pared to reaction (37); and the activation energies of reactions 
(34) and (37) are larger than those of reactions (31) and (33). 
From the absorption rate study using a s t i r r e d vessel, they 
derived the forward rate constant of reaction (33) to be 1.4 χ 
1()8 M-l sec""l at 25°C. The rate constants of other reactions, 
the rate law, and the products of a l l reactions involved have not 
yet been reported. 

We are investigating the kinetics of aqueous reactions 
between Fe(II)(NTA)NO and sodium s u l f i t e under well-controlled 
conditions. Our preliminary results indicate that the reaction 
rate i s second order with respect to the concentration of 
Fe(II)(NTA)NO and f i r s t order with respect to the concentration 
of SO32-. The major nitrogen product i s N2O. The rate constant 
i s about 2.15 χ 10 3 M~2 S e c _ l at 20°C. Work i s i n progress to 
determine the temperature and ionic strength dependence of the 
reaction and to identify a l l products for mass balance. We are 
also studying the kinetics of the reaction between 
Fe(II)(NTA)(SO3- 2) and NO. 

Conclusion. Considering the current lack of understanding 
of the chemistry involved and the present elementary stage of 
development for this type of process, J. Ando (35) suggested that 
this wet simultaneous S02/N0X removal technique may be economi
c a l l y competitive with the sequential i n s t a l l a t i o n of N0 X control 
by selective c a t a l y t i c reduction (SCR) followed by S02 control by 
flue gas desulfurization. Further research to identify a more 
effective metal chelate and to characterize important reactions 
involved could make this type of process an effective and eco
nomic scrubber for S02/N0X control i n a power plant. 
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8 
Kinetics of the Oxidation of Bisulfite Ion by 
Oxygen 

THOMAS G. BRAGA and ROBERT E. CONNICK 
University of California, Department of Chemistry, and Lawrence Berkeley Laboratory, 
Materials and Molecular Research Division, Berkeley, CA 94720 

The chain reactio
has been studied
where bisulfite ion, HSO3 , is the principal species. 
Preliminary measurements were made with a two-phase 
gas-aqueous system. To avoid mass-transfer problems, 
the remaining studies were done on a single aqueous 
phase with no gas phase present and using an oxygen 
meter to follow the concentration of dissolved oxy
gen as a function of time. Empirical rate laws 
were determined for a variety of conditions, in
cluding the presence of ethanol, manganous ion and 
ultra violet light. Without additives the chain 
appears to be terminated by a bimolecular reaction 
of chain carriers, since the rate law contains 
powers of multiples of 1/2. Ethanol inhibits the 
reaction by chain termination involving a single 
chain carrier. Manganous ion is a strong catalyst, 
apparently through the introduction of a new pro
pagating path as well as participation in the ini
tiation. Ultra violet light presumably initiates 
the chain. The "simplest" resolution of the rate 
laws into the three components: initiation, pro
pagation and termination is suggested. The data 
do not establish the identity of the intermediates; 
other information will be necessary to fix mechanisms 
of the reaction. 

The oxidation of bisulfite ion by oxygen: 
2 " + 

2HS03 + 02 = 2S0i+ + 2H 
is of importance in the lime/limestone processes for removing sul
fur dioxide from stack gases of coal-burning power plants as well 
as in the conversion of atmospheric SO2 to sulfuric acid, the 
principal component of acid rain. In the various Flue Gas Desul-

0097-6156/82/0188-0153$6.00/0 
© 1982 American Chemical Society 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



154 F L U E GAS D E S U L F U R I Z A T I O N 

f u r i z a t i o n processes, there are advantages to be gained i n accel
erating this oxidation i n some cases and i n slowing i t down in 
others. Thus a basic understanding of the kinetics of the re
action i s a desirable goal. 

Since Backstrom (1,2) reported studies of the thermal and 
photo-oxidation of sodium s u l f i t e solutions, the oxidation of 
S(IV) species by oxygen has been known to proceed by a chain mech
anism. The details of the mechanism, however, are s t i l l a matter 
of much controversy. 

A review of the extensive l i t e r a t u r e (_3,4) shows considerable 
disagreement concerning the rate law and rate constants. Most of 
the studies were done on s u l f i t e solutions around pH 9. The rate 
law appears to vary depending on the experimental conditions, and 
no consistent law has been obtained. The rate has been reported 
to be proportional to th
the oxygen concentratio
s u l f i t e and oxygen concentration  (8-10)  Althoug  report
(11) distinguish between the rate laws at s u l f i t e concentrations 
less than or greater than ^0.01 M, both expressions have been re
ported for both ranges. Dramatic effects of many metal ions (12-
14) and organic molecules (15-16) have been ci t e d , however i n 
many cases the role of these additives has not been determined. 

The effects of impurities have been well documented, with i n 
vestigators reporting that consistent results could only be ap
proached after extensive p u r i f i c a t i o n (7,9), although even then 
the rate may have been controlled by impurities. This s e n s i t i 
v i t y i s not surprising since, as a chain reaction, the process i n 
volves highly reactive chain c a r r i e r s . 

We have chosen to attack the control of this reaction not by 
exhaustive p u r i f i c a t i o n , which has proven to be a d i f f i c u l t task 
owing to the large effects produced by some catalysts even i n 
trace amounts, but by attempting to control or define the chain 
processes by the introduction of known catalysts and in h i b i t o r s . _ 

The present studies were carried out at a c i d i t i e s where HS03 

i s the pr i n c i p a l S(IV) species. The dependences of the oxidation 
rate on the concentration of b i s u l f i t e , oxygen and H + were stud
ied i n the pH range of 3.0 to 4.7. The effects of ethanol, man
ganous ion and u l t r a v i o l e t radiation on the rate and above depen
dences were investigated i n order to gain information concerning 
the f e a s i b i l i t y of controlling the oxidation reaction through 
their presence. 

Experimental. 

Two Phase Experiments. The rate of O2 uptake by b i s u l f i t e 
solutions was measured by following the change i n the volume of 
oxygen gas at one atmosphere pressure i n a closed, thermostated 
system at 25°C. The solution was v i o l e n t l y agitated using a 
Vibro Mischer (Ag. fur Chemie-Apparatebau, Zurich, Switzerland) 
which vibrated a perforated plate v e r t i c a l l y about 5 mm below the 
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surface of the l i q u i d at 7200 rpm with ca. 2 mm amplitude. This 
action forces many small gas bubbles into the solution below the 
plate and produces almost a froth above the plate. The mixing 
was further enhanced by a magnetic s t i r r i n g bar operating on the 
bottom of the vessel at i t s maximum speed. 

Aliquots of HS07 solution were introduced into the system by 
means of a pressure equalizing buret. 

Single Phase Experiments. In order to eliminate the possi
b i l i t y of gas-liquid mass transfer control,the rate of the d i s 
appearance of dissolved oxygen in b i s u l f i t e solutions was deter
mined i n the l i q u i d phase i n the absence of a gas phase using the 
vessel shown i n Figure 1. Concentrations were varied by i n t r o 
ducing aliquots of the reagents through the port of the vessel 
both at the beginning
i n i t i a l oxygen concentratio
few cases was as high as 4.3 χ 10  M. The direct measurement of 
the change i n the concentration of oxygen with time was achieved 
by using a Yellow Springs Instrument model 57 oxygen meter and 
model 5739 probe. This probe consists of a Clark-type membrane 
covering a gold and AgCl electrode system. Output was recorded 
on a Leeds and Northrup Speedomax s t r i p chart recorder. 

The response time of the oxygen probe was determined by mea
suring the response of the probe to a sudden change i n oxygen con
centration. This was accomplished by physically transfering the 
probe from a i r saturated water to deoxygenated water. Analyzing 
these data i n terms of a two layer d i f f u s i o n model (17) indicated 
that a zero order rate of O2 disappearance of less than ̂ 3 χ 10" 6 

M sec" 1 could be determined without applying any corrections due 
to d i f f u s i o n a l processes. Larger zero order rates were determined 
by graphically f i t t i n g the decay to a series of plots calculated 
using a mathematical treatment analogous to that of Benedek and 
Heideger (17) for the oxygen probe. Rates less than ^2 χ ΙΟ""5 M 
sec" 1 were measurable, i . e . , appreciably slower than the diff u s i o n 
control l i m i t . 

The pH of the solution was measured with an Orion Research 
model 601A d i g i t a l meter and a Markson model 788 combination elec
trode. 

U l t r a v i o l e t radiation was produced by a General E l e c t r i c 
H100A4/T bulb, with the glass outer casing removed, located ap
proximately 6 cm above the upper solution. The UV l i g h t was a l 
lowed to shine into the solution through the quartz tube indicated 
(Figure 1). The intensity of the l i g h t on the solution was var
ied by masking the cross sectional area of the tube close to the 
li g h t source with a f o i l perforated with holes. A l l experiments 
were at 25°C. 

Results 

Two Phase Experiments. Figure 2 shows ty p i c a l data for the 
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Figure 1. Reaction vessel used for single phase experiments. 
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Figure 2. Typical gas volume data for the absorption of gaseous 02 into a bisulfite 
solution. Sodium acetate-acetic acid buffer at 0.5 M ; initial [HS03~] = 0.012 M ; 
[02] = 1.23 χ ΙΟ3 M. Insert: O, 02 absorption into H20; Φ, initial 02 absorp

tion into HS03~ solution. 
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absorption of gaseous O2 into a b i s u l f i t e solution. To maintain 
pH control, an acetic acid-sodium acetate buffer (pH = 3.7 to 
4.7) was used. Since the solution was prepared from oxygen de
pleted water, the i n i t i a l rapid drop i n volume of oxygen occurs 
as the solution i s quickly being saturated, followed by the slower 
decrease i n volume as the oxidation proceeds. When the data for 
the f i r s t few minutes have subtracted from them values of the 
smoothly extrapolated remainder of the curve, i t i s found that the 
f i r s t order rate agrees closely with the rate at which 02(g) goes 
into water under the same mixing conditions (insert, Figure 2). 
The rate of reaction between HSO3 and O2 i s shown to be much 
slower than the mass transfer rate and therefore i s k i n e t i c a l l y 
controlled. This rate, on analysis, i s found to be 3/2 order i n 
b i s u l f i t e concentration during a single experiment (Figure 3). 

Rates were not reproducibl
to 20 percent but sometime
purity of the water and the source of b i s u l f i t e f a i l e d to e l i m i 
nate the problem. However, comparison of rates between experi
ments seemed consistent with 3/2 order for H S O 3 and indicated the 
rate was inverse f i r s t order i n H + concentration. The oxygen de
pendence was not tested. 

Single Phase Experiments. 

Buffered Solutions. Single phase experiments i n 0.5 M acetic 
acid - 0.5 M sodium acetate buffer solutions, with HS07 ( 0 . 0 1 to 
0.04 M) i n large excess over oxygen, gave approximately a zero 
order dependence on oxygen. The data actually indicated a some
what less than zero order i n i t i a l l y which gradually became zero 
order as the reaction approached completion. The complete rate 
law for these buffered solutions at pH ̂ 4.7 appears to be 

- dj -°2] = R a t e = k [ H S 0 7 ] 3 / 2 [ 0 2 ] ° ( 2 ) 

d t [H +] 

with k = 3 χ 10~ 8 s^ 1. The addition of 0 . 2 M CuSOi* increased 
the rate by a factor of 3 for 0.016 M HSO3 i n the equimolar buf
fer. 

Buffered Solutions with MnSOu and Ethanol. A series of ex
periments at constant [HSO^], buffer and i n i t i a l [O2] showed a 
f i r s t order dependence of the rate on concentration of manganous 
ion (Figure 4, curve A). 

A series of experiments at constant [HS07], buffer and i n i 
t i a l [O2] gave an inverse dependence of the rate on ethanol con
centration as shown in Figure 5 where the reciprocal of the rate, 
normalized to the value at zero ethanol i s plotted. For s u l f i t e 
solutions Backstrom (1) found an alcohol dependence of the form 
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0.0 5C.0 100.0 I50J0 200.0 250.0 300.0 

TIME ,min 
Figure 3. Plot indicating three-half-order dependence of rate on [HSOs~] for the 
reaction: HSOs~ + 02 in 0.5 M acetic acid-sodium acetate buffer. Initial [HS03~] 

= 0.012 M ; [02] = 1.23 χ ΙΟ3 M. 

[Mn2+] x ΙΟ 5 , M 

Figure 4. Effect of Mn2+ on the rate of oxidation of HS03~. Curve A: 0.25 M 
acetic acid-0.25 M sodium acetate buffer, 0.02 M HSOs'f 1.8 X 10'4 M 02, rate 
without Mn2+ (R0) = 9.6 χ ΙΟ1 M/s. Line of slope 1.0 indicated. Curve B: 9.0 χ 
10~3 M HSOi, pH 4.2, R0 = 5.70 χ 108 M/s. Line of slope 1.5 indicated. Curve 
C: 1.04 χ 10'2M HSOf, pH 3.00, R0 = 2.40 χ ΙΟ1 M/s. Line of slope 1.0 indi

cated. 
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CEtOHH, M 

Figure 5. Effect of EtOH on the rate of oxidation of HSOf in a 0.25 M acetic 
acid-0.25 M sodium acetate buffer. [HSOf] = 0.02 M ; [02] = 1.8 χ 10A M. 

Rate without EtOH (R0) = 8.7 χ 101 M A . 
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Rate °c 1 (2) 1 + k [EtOH] 

The present results at low ethanol concentrations are probably 
consistent with this relationship. At higher ethanol, a new re
action path becomes observable (Figure 5). This path i s roughly 
100 fo l d slower than the o r i g i n a l path and i s independent of the 
ethanol concentration. Further experiments showed that the new 
path had a 3/2 order dependence on oxygen and increased i n rate as 
the buffer concentration was increased. 

Experiments were attempted with both ethanol and manganous 
ion present. The results conformed to no simple rate law and 
seemed only understandable i f i t was assumed that the manganous 
ion (at <4 χ 10"1* M) wa
ethanol. P u r i f i c a t i o n o
the rate ca. 4 fol d but did not eliminate the eff e c t . Because of 
the apparent pa r t i c i p a t i o n of the buffer i n the rate law, work on 
buffered systems was discontinued. 

Non-buffered Solutions. The net reaction 

produces one Η per HSO3 consumed so i t i s necessary to add base 
to the reacting system i f the pH i s to be kept constant. This was 
done by addition of NaHC0 3 solution by means of a finely-tipped 
buret inserted into the solution i n the c e l l (Figure 1). The ad
dit i o n was done manually using the pH meter as an indicator of 
aci d i t y . 

As i n the buffered solutions, the rate was i n i t i a l l y less 
than zero order i n [O2]. It was discovered, however, that the 
rate increased somewhat and became zero order i f the reaction was 
repeated several times by introducing fresh oxygen. For this 
reason, the following procedure was adopted. After an aliquot of 
a HSO 3" solution was injected into the reaction vessel, the [O2] 
was recorded u n t i l the oxygen was completely depleted. The solu
tion was then re-oxygenated by bubbling O2 through i t . After the 
removal of a l l bubbles, the time dependence of the [O2] was again 
recorded. This procedure was continued u n t i l the rate became con
stant. Usually two complete reactions sufficed. 

As the rate was generally zero order i n [O2] with HSO3 i n 
large excess, the constant slope of the [O2] vs. time plot made i t 
easy to determine the rate. Because of this circumstance and i n 
order to minimize changes i n the solution that could lead to i r -
reproducibility, many of the experiments on the order with re
spect to HS07, Mn 2 +, ethanol and l i g h t intensity were done by f o l 
lowing the O2 disappearance long enough to establish the rate, 
adding a small volume of the species whose order was being deter
mined, following long enough to get the new rate, adding more of 

2 HSO3 + 0 2 = 2 S0 4 + 2 Η 
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the species, etc. In this way changes i n the reaction solution 
were kept to a minimum and hopefully i r r e p r o d u c i b i l i t y was mini
mized. 

Figure 6, curve A, and Figure 7, curve A, show the dependen
ce of the rate on the concentrations of b i s u l f i t e and hydrogen 
ion for the oxidation where the pH was controlled by the addition 
of NaHC03. These data indicate that under the described condi
tions, the rate i s 3/2 order with respect to [HSOJ] and approxi
mately inverse 3/2 order with respect to [H +]. Also, since the 
concentration of O 2 was observed to decrease l i n e a r l y with time, 
the rate i s independent of [ O 2 ] , as i n the buffered systems. 

An e a r l i e r series of experiments using different d i s t i l l e d 
water, b i s u l f i t e and sodium bicarbonate solutions gave a second 
order dependence on b i s u l f i t e concentration and an inverse second 
order dependence on [H
3 fold less. Since thes
buted to the introduction of impurities, another method of vary
ing the [HS07] was t r i e d . After making a run with a given H S O 3 

concentration, a small volume of ca. 2 M H 2 O 2 (prepared from 30% 
H 2 O 2 Mallinckrodt Superoxol) was added to reduce the HS07 con
centration by oxidation of a part of i t to SO2 . The solution 
was then reoxygenated and run again, etc. These experiments gave 
a 3/2 order with respect to b i s u l f i t e , thus adding support to the 
f i r s t cited rate law, although, as in other cases, i t was s t i l l 
not possible to rule out contributions from impurities. 

Non-buffered Solution with Ethanol. The effect of ethanol on 
the non-buffered solutions at constant [HSC^] i s shown i n Figure 
8, curve A. These data indicate that the effect of ethanol under 
these conditions i s q u a l i t a t i v e l y the same as i n the buffered so
lutions and i s described by equation 3 at low alcohol. 

The dependence of the reaction on [HSO3"] and pH i n the pres
ence of ethanol were investigated under the conditions shown i n 
Figure 6, curve B, and Figure 7, curve B. The reaction i s shown 
to be second order i n [HS07] and inverse second order i n [H +]. 
In a l l cases the rate was s t i l l independent of [ O 2 ] . 

Non-buffered Solution with MnS0i+. The effect of the addition 
of Mn2+ on the non-buffered rate i s shown in Figure 4 , curve B, 
where rates corrected for the rate for zero manganous concentra
tion are plotted. This treatment suggests that the manganous 
catalyzed rate i s dependent on [M n 2 + ] 3 / 2 . 

In the presence of manganous, the rate i s shown to be inde
pendent of [ H S O 3 ] (Table I) and inversely proportional to [H +] 
(Figure 7, curve C), while s t i l l independent of [ O 2 ] . Therefore, 
i t appears that the rate law for the path catalyzed by Mn 2 + under 
these conditions i s of the form 
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Figure  Dependence of  of
dation on [HSOs'h Curve A: O, pH 4.2, 
line of slope 3/2 indicated. Curve B: pH 
4.2, 1.28 χ 10 3 M EtOH, line of slope 
2.0 indicated. Curve C: • , pH 3.90, line 
of slope 1.5 indicated. Dark reaction 
negligible. Curve D: pH 3.90, 5.84 χ 
10~3 M EtOH, line of slope 2.0 indicated. 

Dark reaction negligible. 
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Figure 7. Dependence on pH of the 
rate of oxidation of HSOs~. Curve A: 8.7 
χ 103 M HS03-, line for [H*]'1-5 de
pendence indicated. Curve B: 6.94 χ 
10~2 M HSO3-, 2.51 χ ΙΟ3 M EtOH, 
line for [H*]~2 dependence indicated. 
Curve C: 8.47 χ 103 M HSOs', 8.80 χ 
10 6 M Mn2+, line for [H*]'1 dependence 
indicated. Ordinate is rate minus rate 
without Mn2+ (R0) where R0 — 2.8 χ 

W14 [H+]~3/2. 
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Table I 

Dependence of Rate on [HSO^] with [Mn 2 +] = 9.14 χ 10~ 6 M. 

»3] χ i o 3 Rate(observed) Rate (without Mn 2 +) Rate (with Mn 
M χ 10 7 M sec" 1 χ 10 8 M sec" 1 χ 10 7 M sec 

3.47 1.50 0.85 1.41 

4.65 1.48 1.30 1.35 

8.47 1.95 

8.96 1.95 5.70 1.38 

R a t e = k [ M n 2 + ] 3 / 2 [HS0 3]° [02]° (4) 
[H +] 

Non-buffered Solutions with U l t r a v i o l e t Light. Analysis of 
the photooxidation data was made with the assumption that a l 
though only part of the solution was illuminated (<50%), a correc
tion for the dark reaction could be made by subtracting the dark 
rate from the observed rate. 

The rate of the oxidation under these conditions was shown to 
be dependent on [HS07]3/2 (Figure 6, curve C). Also, i t i s i n 
dependent of both [O2] and pH over the pH range of 3.0 - 4.2. 

Rough measurements with variable intensity of l i g h t suggest 
that the rate depends on the square root of the l i g h t intensity 
(Figure 9, curve A). 

Non-buffered Solutions with U l t r a v i o l e t Light and Ethanol. As 
in the case of the thermal oxidation, the rate expression for the 
photooxidation with ethanol i s i n i t i a l l y of the form of equation 
3. At higher ethanol concentrations, however, the rate i s becom
ing independent of ethanol, as was the case of the buffered solu
tion experiments, indicating the contribution of a new pathway 
(Figure 8, curve B). Under conditions where the rate was inverse
ly proportional to the ethanol concentration, the rate was inde
pendent of pH (3.0 - 4.2) and [O2], was second order i n [HSOj] 
(Figure 6, curve D), and was proportional to the intensity of 
li g h t (Figure 9, curve B). 
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Figure 8. Effect of EtOH on the rate of 
oxidation of HSOs~. Curve A: 3.76 X 
ΙΟ2 M HSOs', pH 4.2, line of slope 1.0 
indicated. Rate without EtOH (R0) = 
4.65 Χ 101 M/s. Curve B: 1.97 X 
10~2 M HSOs', pH 3.90, line of slope 1.0 

indicated, R0 = 8.7 χ 101 M/s. 

I M 

Figure 9. Dependence of the rate of 
photooxidation of HSOf on the intensity 
of UV light. Curve A: 3.20 χ 10r2 M 
HSOi, pH 3.90, line of slope 0.5 indi
cated. Dark reaction negligible. Curve 
B: 5.84 χ 10~3 M EtOH, 4.36 χ ΙΟ2 M 
HSOs', pH 3.90, rate without EtOH (R0) 
= 2.0 χ 106 M/s, line of slope 1.0 
indicated. Dark reaction negligible. Ordi
nate is 107 (1/R - 1/Ro)'1. Curve C: 
6.7 χ 10~6 M Mn2\ LOO χ ΙΟ2 M 
HSOs', pH 3.00, dark rate = 2.83 X 
10 7 M/s, slope of 0.5 indicated. Ordi

nate is 107 (rate — dark rate). 
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Non-buffered Solutions with U l t r a v i o l e t Light and MnSOi+. 
The photooxidation rate was found to be proportional to the con
centration of Mn 2 + (Figure 4, curve C) , independent of [O2] and 
hydrogen ion concentration, and proportional to the intensity of 
li g h t to the 0.5 power (Figure 9, curve C). The order with re
spect to HSO3 i s somewhat greater than 0.5 but less than 1.0 (Fig-

Reproducibility. As a l l other investigators have found, the 
rate of the reaction i s not reproducible within the experimental 
accuracy, even when careful precautions are taken to use the same 
chemicals and containers. No satisfactory explanation has been 
advanced other than the presence of variable amounts of unknown 
impurities. In our experience  experiments done under as i d e n t i
c a l conditions as possibl
but sometimes varied a
iments with different solutions of reagents gave greater v a r i a 
tions, sometimes as much as several f o l d . Within a single run i n 
the one-phase system the [O2] vs. time plot was quite li n e a r , 
within the experimental accuracy. The two-phase system showed 
some i r r e p r o d u c i b i l i t y i n a single run. The use of ethanol as a 
terminator and manganous ion as a presumed propagator did not 
eliminate the i r r e p r o d u c i b i l i t y . Therefore i t i s suspected that 
i t arises at least i n part i n the i n i t i a t i o n . The experiments 
with UV l i g h t were not s u f f i c i e n t l y well controlled to determine 
whether the reproducibility was improved. 

Discussion. The rate of a chain reaction of long chain 
length may be represented symbolically by a chain i n i t i a t i n g step 
I, a chain propagating step P, and a chain terminating step T: 

where η i s a small integer, usually 1 or 2. The rates of i n i t i a 
tion and termination are equal, i . e . , I = T. The factor I/T i s 
introduced to cancel from the rate law the concentration(s) of 
chain carrier(s) which appear i n Ρ and T. If the termination i n 
volves one chain c a r r i e r , η w i l l be unity; i f i t involves two 
chain c a r r i e r s , η w i l l be two. Analysis of rate expressions i n 
terms of equation 5 can help i n the determination of the role of 
catalysts or inhibitors i n the chain process. 

In the treatment of the data, the effects of Mn 2 + and u l t r a 
v i o l e t l i g h t were assumed to be separable from the processes with
out these additives. Therefore, the rates of the catalyzed re
action paths were determined by correcting the observed rate for 
contributions from the rate without the additives. It must be 
understood, however, that this assumption i s exact only when the 
catalyzed reaction i s independent of the non-catalyzed reaction 

ure 10). 

1 
Rate 
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Figure 10. Dependence on [HS03~] of the rate of photooxidation in the presence 
of Mn2\ [Mn2+] = 6.7 χ ΙΟ6M;pH 3.00. Slope = 0.8. 
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or when the catalyst only affects one process ( i . e . , i n i t i a t i o n 
or propagation) additively while the other processes are unchang
ed. However, the assumption yields a f i r s t order correction i f 
the catalyst i s involved i n more than one process. 

The order of the reaction with respect to a particular re
agent was generally determined by changing the concentration 
through additions of the reagent. Exceptions were HSO3 i n the 
two-phase experiments and O2 i n the single-phase experiments, 
where the order could be determined from the change i n concentra
tion during a single run. For the usual case, i . e . , where reagent 
was added, there was always the p o s s i b i l i t y of the presence i n the 
reagent of an impurity which entered into the rate, with the con
sequence that a false order for the reagent would be obtained. 
In an attempt to guard against this p o s s i b i l i t y different sources 
of each reagent were t r i e
fect within the general
cept for the case of ethanol i n the presence of Mn 2 + cited e a r l i 
er. Yet the p o s s i b i l i t y that the orders might be flawed by im
puriti e s must be kept i n mind. Accepting these assumptions i n 
the treatment of the data, a qualitative explanation of the re
sults can be obtained by analyzing the rate laws for the various 
conditions i n terms of equation 5. A possible analysis which 
u t i l i z e s the minimum number of paths i s shown i n Table I I . 

The discerning reader w i l l notice that the alcohol depen
dence given i n equation (3) i s not that predicted from the proper 
combination of the second and third rate laws of Table I I . The 
difference i s small, however, and probably not detectable within 
the reproducibility of the experiments. The i n a b i l i t y of the an
a l y s i s to explain completely the b i s u l f i t e dependence shown in 
rate law 7 may be due to over-simplification. A contribution of 
another term i n the propagation process which i s proportional to 
[HSO3][X] ( i . e . , thç propagation term for the rate laws without 
the presence of Mn2 ), may not be n e g l i g i b l e . The addition of 
this term would produce a gradual increase i n the order of the 
rate with respect to [HSO3] from 0.5 to 1.5 with increasing 
[HS07]. This i s not unlike the effect shown i n Figure 10. 

The most serious discrepancy in Table II occurs i n rate law 
2 where the [H+] dependence measured i s -3/2 while that predicted 
i s -1, as found i n rate law 1. Unless the results are i n error, 
the system i s more complex than pictured. 

The suggested breakdown of the rate laws i n Table II into 
i n i t i a t i o n , propagation and termination i s of course not unique, 
but rather the simplest interpretation for a chain mechanism. 
For example, wherever an [Χ][X] termination was used, i t could 
equally well be an [X][Y] termination involving two intermediates. 
The propagation term would then be the square root of the product 
of two of the propagating steps - one involving [X] and the other 
[Y]. Further, the concentration terms i n the rate law that are to 
be attributed to each of the three terms i s not unique, but the 
choice given seems the most reasonable of the p o s s i b i l i t i e s . The 
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Table II 

Possible Interpretation of the Rate Laws 

Conditions 

1) Buffered 
solutions Rate œ 

2) Non-buffered 
solutions 

3) Non-buffered 
solutions 
with ethanol 

4) Non-buffered 
solutions 
with MnS04 

Rate 

Rate œ 

Rate α 

Rate Law 

[ H S 0 3 ] 3 / 2 [ 0 2 ] ° 

[H +] 

[ H ] /

[HS0 3] 2 [0 2]° 
[ H + ] 2 [EtOH] 

[Mn 2 +] 3/ 2[HSO7] 0[O 2]° 
[H +] 

Analysis 
I cx [ H S 0 7][H +]" 2 

Ρ oc [HSOlHX] 
Τ oc [X][X] 

I cx [ H S 0 7][H +]" 2 

Τ [X] [X] 

I <χ [ H S 0 7][H +]" 2 

Ρ oc [HS07][X] 
T oc [EtOH] [Χ] 

I oc [Mn 2 +][H]" 2 

Ρ oc [Mn 2 +][X] 
T oc [ X][X] 

5) Non-buffered R a t e Œ i / 2 [ H S 0 ^ 3 / 2 [ 0 ζ ] ο 
solutions nv 
with UV l i g h t 

6) Non-buffered 
solutions R a t e « 
with UV l i g h t 
and ethanol 

I h v [ H S O 3 ] 2 [0 2]° 

[EtOH] 

ce I h v[HS0 3] 

oc [HS07][X] 

- [X][X] 

β \ ν [ Η δ θ 7 ] 

oc [HS0l][X] 

°= [EtOH][X] 

7) Non-buffered œ l / z 2+ - j 0 . β [ Q ] 0 p 

solutions hv 
with UV l i g h t 
and MnS0i+ 

« I h v[HSOlj 

oc [Mn 2 +][X] 

- [X][X] 
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selection of a termination step involving two chain carriers i s 
strongly suggested whenever the rate law contains an odd multiple 
of one half order, corresponding to η = 2, although other sources 
of such orders are possible i n p r i n c i p l e . If there are no half 
orders i n the rate law i t i s l i k e l y , although not necessary, that 
the termination involves only a single chain c a r r i e r . 

These results suggest the following: 
U l t r a v i o l e t l i g h t appears to affect only the i n i t i a t i o n . 

This i s indicated by the change i n the dependence on the i n t e n s i 
ty of l i g h t from 0.5 to 1.0 order upon the addition of ethanol, a 
known terminator (1) which switches the termination from [Χ][X] to 
[Et0H][X] and η from 1 to 2. 

The 3/2 order i n [Mn 2 +] suggests that manganous i s involved 
in both the i n i t i a t i o n and propogation  although other explana
tions involving more comple
are possible. 

In the resolution of the rate laws of Table II into their 
component parts, intermediates (chain carriers) have always been 
symbolized by X. The simplest interpretation would have X the 
same species for a l l of the rate laws. Assuming this to be the 
case, i t i s possible to combine the rate laws of Table II into a 
single master rate law that allows comparison of a calculated 
rate with the experimental rate tor eacn data set. The irr e p r o 
d u c i b i l i t y of the experiments, however, makes such a procedure 
questionable. The results are generally consistent q u a l i t a t i v e l y 
with such an analysis, but there i s not perfect quantitative 
agreement. 

Of course there may be impurities involved i n some of the 
steps i n Table I I , and i n particular i t seems l i k e l y that some 
impurity participates i n the i n i t i a t i o n step of the f i r s t three 
rate laws. 

From the analysis of the rate laws i n Table II one can write 
plausible mechanisms for the reaction, but always more than one. 
The chain i n i t i a t i o n reaction i s i n no case defined by the rate 
law, and the chain carriers cannot be uniquely fixed from the 
rate law. Therefore no attempt w i l l be made to give mechanisms 
u n t i l further information i s available to l i m i t the p o s s i b i l i t i e s . 
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9 
Sulfite Oxidation in Organic Acid Solutions 

D. B. NURMI, J. W. OVERMAN, J. ERWIN, and J. L. HUDSON 
University of Virginia, Department of Chemical Engineering, Charlottesville, VA 22901 

The rates of the catalytic oxidation of sodium 
and calcium sulfite in several organic acid buffers 
have been determined
attention is give

The experiments with sodium sulfite were done 
at pH 4.6, 40°C, and with 0.2 m/l succinic acid, 
with catalysts iron, manganese, and a mixture of 
iron and manganese. With manganese catalyst, the 
order of the reaction with respect to both S IV 
and manganese was about one whereas with iron the 
orders were 1.7 and 0.2 on S IV and iron respectively. 
Although iron catalyzes the reaction when acting 
alone, it has no marked influence when manganese 
is also present, i .e. , mixed manganese-iron 
solutions behave essentially like solutions 
containing only manganese catalyst. 

The experiments with calcium sulfite were 
done with succinic acid concentrations from 
0 to 0.2 m/l and it is seen that the organic 
acid is a substantial inhibitor for the oxidation. 
The inhibition by succinic acid is compared to 
that of glycolic acid and adipic acid. 

Forced oxidation in flue gas desulfurization (FGD) systems 
converts calcium sulfite (CaSO .̂̂ H^O) to calcium sulfate, or 
gypsum (CaSO .̂211̂ 0). This oxidized gypsum product is far superior 
to the calcium sulfite product now produced in FGD scrubbers 
since the gypsum has less disposal volume and settles by an 
order of magnitude faster than the unoxidized material. The 
gypsum filters to better than 80% solids and handles like moist 
soil compared to the unoxidized material which filters to only 
about 50 to 60% solids and is thixotropic. 

Borgwardt (jL,_2) has recently discussed forced oxidation in 
limestone FGD scrubbing systems. It is shown (2) that even in a 
single loop limestone scrubber that forced oxidation increases 
the S09 removal efficiency and utilization of limestone. 

0097-6156/82/0188-0173$6.00/0 
© 1982 American Chemical Society 
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Furthermore, forced oxidation can cause a decrease of scale 
formation in the scrubber tower since there i s more CaSO. seed 
cr y s t a l available i n the scrubber. 

Oxidation i n a three phase system i s a very complicated 
process. The rate of oxidation can depend on mass transfer of 
oxygen from the gas to the l i q u i d , on the rate of s o l i d 
dissolution, and on chemical ki n e t i c s . These three processes are 
closely interrelated and the r e l a t i v e importance of any one 
depends on the conditions i n the scrubber or hold tank. The 
individual steps of these processes include the gas to l i q u i d 
transport of oxygen, the s o l i d to l i q u i d mass transfer of 
s u l f i t e , the precipitation of sulfates, and the chemical reaction. 
The rates of these steps depend on the concentrations of reacting 
and nonreacting species i n the slurry, on pH, on slurry density, 
and on the design of th  reactor

In this paper we conside
oxidation process, v i z . , the l i q u i d phase oxidatio  reactio  to 
sulfate. We discuss the effects of manganese and iron catalysts 
on the oxidation of s u l f i t e i n aqueous solutions buffered with 
organic acids. These two catalysts were chosen since they are 
both known to influence the rate of the oxidation reaction and 
since they are both present i n scrubbing systems. For example, 
typ i c a l flyash Q) and limestone analyses are given i n Table I 
(A); these impurities find their way into the scrubbing system 
and are available to catalyze the oxidation. Results are 
presented i n this work on the effects of managanese and iron 
acting independently and simultaneously. The study was carried 
out i n organic acid buffers since weak organic acids can improve 
the rate of absorption of sulfur dioxide into limestone s l u r r i e s 
CL,6) and i t i s l i k e l y that buffers w i l l thus be present i n 
commercial scrubbing loops. However, these organic acids also 
i n h i b i t the rate of oxidation to sulfate. In this paper emphasis 
i s given to succinic acid; other acids, p a r t i c u l a r l y g l y c o l i c 
and adipic, are disussed i n reference (7) . 

This work i s not meant to be a basic k i n e t i c study of the 
mechanism of the reaction. Rather i t has as a goal the 
development of a simple k i n e t i c rate expression which can be 
used i n an overall model of oxidation including the complicating 
effects of s o l i d dissolution and gas absorption. The goal i s to 
accumulate ki n e t i c data necessary to design a scrubber undergoing 
oxidation rather than to explore the mechanism of the complicated 
chemical reactions. 

There are several organic compounds which are known to 
i n h i b i t the aqueous phase oxidation of s u l f i t e (_7, J3, 10) . 
Several metals are known to have a c a t a l y t i c effect on the rate 
of oxidation. F u l l e r and Christ (10) demonstrated that copper 
sulfate i s an effective catalyst. Cobalt also catalyzes the 
oxidation of sodium s u l f i t e (11). 
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Table I. COMMON CATALYTIC IMPURITIES IN FLY ASH AND LIMESTONE 

Fly Ash Analysis (3) 

Component Weight Percent 

A1 20 3 20 - 30 

Fe 2 0 3 1

CaO 2 - 7 

MgO 0.5 - 1.5 

Limestone Analysis (4) 

Component Weight Percent 

A1 20 3 6.01 

F e 2 ° 3 0.19 

MnO 0.06 

CaO 55.5 

CI 0.004 

Cu 0.00044 

Cr 0.00011 

As 0.0002 

Hg 6 χ 10"' 6 
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Experiments 

The experiments were carried out i n a semi-batch s t i r r e d 
reactor with continuous oxygen feed. The reactor i s a one l i t e r 
Pyrex flask with flattened bottom and baffles which i s f i t t e d 
with f i v e standard 24/40 necks to accomodate the gas i n l e t , gas 
vent, sampling tube, and pH electrode. The reactor i s immersed 
in a standard water bath for temperature control. Gas i s fed at 
a flow rate of 3.0+0.1 1/min through a rotameter. The solution 
i s s t i r r e d at 1620 rpm. 

A l l chemicals except the calcium s u l f i t e and gases were 
reagent grade with c a t a l y t i c impurities less than 0.0008%. The 
oxygen and nitrogen were 99.5% pure. The calcium s u l f i t e 
analysis i s given i n Table II. The water was d i s t i l l e d i n t i n 
and passed over activate
beds such that the s p e c i f i

Further details on the experiments are available i n (7) . 

Results: Oxidation of Sodium S u l f i t e 

A l l experiments with sodium s u l f i t e reported i n this 
paper were carried out with 0.2 gmol/1 succinic acid and a pH 
of 4.6. The concentration i s higher than that used i n commercial 
practice; i t was chosen i n order to hold the pH constant during 
the experiments. The succinic acid concentration was varied i n 
the experiments with calcium s u l f i t e as i s seen below. No other 
pH control was required. 

In Figure 1 i s shown the mole fractions of SO^.H^O, HSO^ , 
and S0^^ i n a Na^SO^ solution at 40°C. It can be seen that 
pH = 4.6 corresponds to the maximum i n HSO^ mole fraction. 
Temperature has only a moderate influence on the behavior shown in 
Figure 1. The i n i t i a l pH was adjusted to 4.6 with NaOH. The 
manganese was added i n the form mangaous sulfate monohydrate 
(MnSO^.H^O) at concentrations from 0.83 to 4.0 ppm manganese. 
The iron was added i n the form f e r r i c sulfate (Fe^CSO^)^.xH^O) 
with the iron concentration being varied from 1.0 to 5.0 ppm. 

Manganese Catalyzed Na^SO^ Oxidation. We f i r s t consider 
sodium s u l f i t e oxidation catalyzed by manganese. Typical results 

+4 
for [S ] vs time are shown i n Figure 2 for manganese 
concentrations from 0.83 to 4.0 ppm. It i s evident that the 
manganese has a substantial effect on the rate of reaction. 
For a l l manganese concentrations there was an induction period 
of about four minutes. 

The experimental data (neglecting the induction period) 
were f i t t e d to an expression of the form 
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Table II 

ANALYSI

Species Weight 

CaS0 3 50.6 

Manganese 0.0062 

Iron 0.0248 

Copper 0.0004 

Magnesium 0.0505 

Cobalt 0.0008 

Zinc 0.0009 

Atomic Absorption Analysis by North American 
Exploration, Inc., C h a r l o t t e s v i l l e , V i r g i n i a 22901 
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Figure 2. S(IV) concentration vs. time for Mn-catalyzed oxidation of Na2SOs. 
Key: · , 0.83 ppm Mn; Δ , 1.33 ppm Mn; and O, 4.00 ppm Mn. pH 4.6; 

and T, 40°C. 
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Rate = k S a (1) 

where the rate has units gmol/ls and S i s the concentration of 
S(IV) having units gmol/1. The results are shown in Table III 
from which i t can be seen that the reaction i s approximately the 
same order in sulfur for a l l manganese concentrations 
investigated; since the order i n sulfur i s independent of the 
concentration of manganese, i t seems reasonable to f i t the rate 
to an expression of the form 

Rate = k S a Mn3 (2) 

The maximum likelihood estimates of l°g^Q k, a, and 3 are 2.00, 
0.95, and 1.03 and the
l o g 1 Q k, a, and 3 are 0.43
subsequent similar equations a l l species, including the catalyst 
concentrations, have units of moles per l i t e r . 

Iron Catalyzed Na2S0^ Oxidation* Similar experiments were 
carried out with iron catalyst and ty p i c a l results are shown i n 
Figure 3. A series of runs was carried out at pH = 4.6 and 
Τ = 40°C similar to that done with manganese catalyst, and 
results are given i n Table IV. Again the order i n sulfur appears 
to be independent of iron concentration; therefore, these data 
were f i t to an equation of the form 

Rate = k S a Fe Y (3) 

The maximum likelihood estimates of IOS^Q k, a, and γ are -0.81, 
1.69, and 0.18 and the standard deviation of the estimates of 
l o g 1 Q k, a, and γ are 0.39, 0.06, and 0.08. 

Experiments were also carried out at 30°C and 50°C with an 
iron concentration of 5 ppm i n order to obtain an activation 
energy for the reaction. The data were simply f i t to 

Rate = k Q S a exp (-E/RT) (4) 

where k Q i s the pre-exponential factor. 
The maximum likelihood estimates of 1°S^Q kQ> a, and Ε are 

9.91, 1.41, and 17.09 and the standard deviations of the estimates 
of log-,, k , a, and Ε are 0.91, 0.06, and 1.22. Ε has units of 10 ο 
kcal/mole. Of course, a different subset of data were used with 
equation (4) than that used with equation (3), and therefore a 
somewhat different order i n sulfur was obtained (1.41 vs 1.69). 
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Figure 3. S(IV) concentration vs. time for Fe-catalyzed oxidation of Na2SOs. 
Key: 0 ppm Fe; | , 1 ppm Fe; Φ, 3 ppm Fe; and • , 5 ppm Fe. pH 4.6; T, 

40°C; and succinic acid, 0.2 m/L. 
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Table III 

REGRESSION ANALYSES OF MANGANESE 

CATALYZED Na 2S0 3 OXIDATION 

Mn Concentration Number of Order With ,4+n 

S tandard 
Deviations 

Added (ppm) Data Points Respect to [S ] of Order 

0.83 21 0.91 0.14 

1.33 

2.67 11 1.03 0.08 

4.00 10 0.96 0.09 

Conditions : 

pH = 4.6; Temperature = 40°C; Mn added as MnSO. 

Table IV 

REGRESSION ANALYSES OF IRON CATALYZED Na 2S0 3 OXIDATION 

Fe Concentration Number of Order With 4+Ί 

Standard 
Deviations 

Added (ppm) Data Points Respect to [S ] of Order 

1.00 21 1.78 0.10 

3.00 19 1.78 0.10 

5.00 123 1.68 0.08 

Conditions : 

ρΗ χ =4.6; Temperature = 40°C; Fe added as Fe 2(S0^) 3« 
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Mixed Manganese and Iron Catalysts. F i n a l l y , experiments 
were carried out with mixed manganese and iron catalysts and the 
results again f i t t e d by means of a regression analysis to an 
expression of the form 

Rate = k S a Mn3 Fe Y (5) 

The results are shown i n the third row of Table V; the table 
also includes the results of the experiments catalyzed with 
manganese alone and with iron alone. It i s interesting to note 
that the results with mixed manganese and iron resemble those 
with manganese alone, i . e . , the orders i n S(IV) and Mn are about 
1.0 i n both cases. Furthermore, the order i n iron i s 
approximately zero when both iron and manganese are present. 
Thus the presence of manganes
i f no iron were presen
these experiments. To further test this result we carried out a 
second regression analysis on the mixed catalyst data but omitting 
the iron from the analysis, i . e . , the data used for l i n e 3 of 
Table V were f i t to equation 2. The results are shown i n l i n e 4 
of Table V. These results show that the order with respect to 
iron i s not s i g n i f i c a n t l y different than zero. 

We thus see that although iron when present alone i s a 
catalyst for the oxidation reaction, i t has almost no effect on 
the rate of reaction when manganese i s present. Since several 
catalysts are normally present in scrubbing system liquors, care 
must be taken i n predicting oxidation rates based on information 
on individual catalysts. 

Results: Oxidation of Calcium S u l f i t e 

E f f e c t of Succinic Acid. We carried out similar experiments 
using CaSO^ i n place of Na^SO^. The rate of oxidation with 
calcium was always faster than that with sodium, partly because 
of the presence of impurities i n the CaSO^ which catalyze the 
reaction. 

We f i r s t varied the concentration of the succinic acid 
buffer from 0 to 0.2 m/1. As i s noted above, the succinic acid 
also acts as an in h i b i t o r for the reaction. 

Results of these experiments are shown i n Table VI for pH = 
4.0 and Table VII for pH » 5.0, At the lower succinic acid 
concentrations a pH controller was used to hold the pH at the 
desired l e v e l by addition of NaOH. At higher concentrations the 
controller was not necessary because of the buffering action of 
the organic acid. 

The effect of the succinic acid can best be seen by comparing 
the rates of reaction calculated from the rate expressions at a 
fixed S IV concentration, chosen a r b i t i a r i l y to be 0.01 gmol/1. 
The results of such a comparison are shown i n Figure 4 where i t 
can be seen that the effect of the organic acid i s substantial. 
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0 0.1 0.2 

SUCCINIC ACID CONCENTRATION (m/1) 

Figure 4. Dependence of oxidation rate of calcium sulfite on succinic acid con
centration. Key: Δ , pH 5.0; and Φ, pH 4.0. T, 50°C. 
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Manganese Catalyzed CaSO^ Oxidation. We also investigated 
the effect of manganese catalyst on the oxidation of CaSO^. These 
experiments were done i n 0.2 gmol/1 succinic acid, the same 
concentration as was used i n the sodium s u l f i t e study. 

Representative results are shown i n Table VIII for Τ = 50°C; 
pH = 5.0. The manganese concentration was varied from 0.1 to 1.0 
ppm, values which are representative of those found i n scrubber 
liquors (12). The concentration of manganese i s the t o t a l value, 
i . e . , the sum of that contributed by the calcium s u l f i t e and 
that added to the solution. These results were also f i t to an 
expression of the form of equation (2) with the maximum 
likelihood estimates being: 

α = 1.63, standar

3 = 1.03, standard deviation = 0.13 

l o g ^ k = 4.77, standard deviation = 0.74 

It should be noted that the dependency on manganese i s 
about the same as that found with sodium s u l f i t e but the order 
i n S IV i s larger with CaS0 3 than with Na 2S0 3. 

Other Organic Acids. Experiments were also carried out using 
other organic acid buffers; details can be found i n (7). The 
three most carefully studied acids were succinic, adipic, and 
g l y c o l i c . Adipic acid i s the most l i k e l y candidate for use as a 
buffer i n commerical scrubbers. The order of i n h i b i t i o n power 
i s 

g l y c o l i c >> adipic > succinic > no acid. 

Glycolic acid i s a very strong in h i b i t o r and under most conditions 
w i l l essentially stop the oxidation. Adipic acid has only a 
s l i g h t l y greater effect than succinic acid. 

Discussion 

We have measured the rate of oxidation of sodium and calcium 
s u l f i t e to sulfate in a solution containing an organic buffer 
and the catalysts manganese and iron. The work was carried out 
i n order to develop kinetic rate expressions rather than to 
explore the fundamentals of the reaction scheme. 

The catalysts cause a considerable increase i n the rate of 
reaction and are thus able to counteract the i n h i b i t i n g effect 
of the succinic acid. Although both manganese and iron catalyze 
the reaction, the iron has l i t t l e effect on the rate of reaction 
i n sodium s u l f i t e when mixed with manganese under the conditions 
of these experiments. 
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Table VIII 

MANGANESE CATALYZED CaSCL OXIDATIONS 

Added Mn # of Order with + ^ Standard Deviations 
Cone. Data Respect to [S ] of Order 
ppm Points 

0.1 17 1.79 0.08 

0.2 11 1.53 0.15 

0.3 12 1.41 0.27 

0.4 11 1.47 0.23 

0.5 15 1.71 0.14 

1.0 5 1.82 0.07 

Conditions : 

Temp = 50°C i n i t i a l pH = 5.0; 

0.2 m/1 succinic acid. 

In subsequent publications we w i l l describe the entire 
oxidation process including the mass transfer steps, v i z . , the 
dissolution of s o l i d and the adsorption of oxygen into the 
slurry. 
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10 
A Model of Oxidation in Calcium Sulfite Slurries 

J. ERWIN 
Southwest Research Institute, San Antonio, TX 78284 
C. C. WANG and J. L. HUDSON 
University of Virginia, Department of Chemical Engineering, Charlottesville, VA 22901 

A model ha
calcium sulfite in a three-phase, semibatch reac
tor. The overall rate of conversion to sulfate 
depends on the rates of solid dissolution and 
liquid phase chemical reaction. In this first 
treatment of the problem, gas-liquid mass trans
fer resistance did not affect the overall rate of 
oxidation. 

An initial distribution of particle sizes 
was obtained with a particle size analyzer. The 
size distribution was calculated as a function of 
time. The rate of dissolution depends on both 
the concentrations in the bulk liquid and at the 
particle surface. 

A solid-liquid mass transfer coefficient of 
0.015 cm/s was found by comparing the predictions 
of [S(IV)] to experimental results obtained under 
conditions in which the liquid phase kinetics 
were fast. The model was then applied to slurry 
oxidation under more general conditions by using 
liquid phase reaction rate kinetics obtained in 
clear solutions. The results of the model agree 
with experimental findings for the total rate of 
oxidation. 

The sulfite oxidation rate in hold tanks of antipollution 
scrubbers is central to flue gas desulfurization technology. 
The accurate description of the rate of disappearance of sul
fite slurry particles (from the scrubber liquor) bears upon 
both process selection and economics. This article will des
cribe a mathematical model for a semi-batch, stirred tank 
reactor in which S(IV) anions, sulfite and bisulfite, are 
reacted with dissolved oxygen gas at saturation. Experimental 
work to secure several physical parameters and to verify the 
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model is reported as well. The model was then used to study the 
bulk S(IV) concentration i n various cases of slu r r y oxidation 
as well as to infer the conditions at the p a r t i c l e surface. 

In recent years considerable effort has been devoted to 
investigating the ever-growing problem of atmospheric S0 2 

emission. For instance, a power plant burning 5000 tons of 
eastern coal may discharge 500 tons per day of sulfur dioxide 
into the a i r ( _ l ) . The primary removal process, absorption of 
sulfur dioxide by a slurry of lime or limestone and discarding 
this loaded absorbent, has the outstanding advantages of r e l a 
tive simplicity, lowest f i r s t cost, and freedom from marketing 
a byproduct(2). The important processes i n S0 2 scrubbing may 
be represented by: 

Sulfur Dioxide 
Absorption 

Sulfur Species 
E q u i l i b r i a 

Sulfur Species 
Oxidation 

CaC0

S0 2-H 20 ^ HS03~ + H + ^ S03
2"" + 2H + 

HS0C + ^0 2 —>S0i* 2~ + H + 

(2) 

(3) 

Solid 
Precipitation 

so3
2"" + %0 2—> S O 4 2 " 

C a 2 + , S0 3
2", SOi* 2" - CaS0 3, CaSO^ 

(4) 

(5) 

The slurry f a l l s from the scrubber to a mixing/hold tank, where 
fresh lime or limestone is added and from which a side stream 
containing the various sulfur species is removed. The rest of 
the slurry is returned to the scrubber. Oxidation i n the 
scrubber solution, leads to gypsum scale formation^). Calcium 
sulfate i s preferable to calcium s u l f i t e from the point of view 
of solids disposal since, 

• It settles by an order-of-magnitude faster than the 
unoxidized material(4). 

• It f i l t e r s to 80% solids and handles l i k e moist s o i l 
compared to s u l f i t e s which f i l t e r to only 50-60% 
solids and are thixotropic(5)· 

• The sulfate has no chemical oxygen demand which 
contributes to water pollution. 

• It is insoluble with respect to the s u l f i t e , which i n 
l a n d f i l l s may be subject to leaching. 

By promoting the oxidation and precipitation outside the scrub
bing loop(6), the disposal benefits of sulfate may be realized 
while decreasing the potential for scale formation(7,8)· 
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Synopsis 

The current model i s a step closer toward a r e l i a b l e work
ing description of the s u l f i t e oxidation rate i n scrubber s l u r 
r i e s . By incorporating a boundary layer description of the 
f i l m around each p a r t i c l e , this model predicts the conditions 
at the p a r t i c l e surface which drive the mass transfer. The 
i n t e r f a c i a l area for mass transfer was discovered to be more 
closely represented by a sphere than by a plate-like shape. 
From the model, using highly catalyzed experiments, a mass 
transfer coefficient of 0.015 cm sec" 1 was found - quite close 
to l i t e r a t u r e correlation predictions. 

The model i s able to track the level of s u l f i t e in an 
experimental slurry well. The predicted pH behavior, while not 
as closely predicted a
changes in i n i t i a l pH
This o v e r a l l good agreement of the model may be put to use most 
di r e c t l y in forced oxidation systems. The saturation concen
trati o n for oxygen was constant i n the neighborhood of 0.0005 
Mol/& i n the present experiments - much higher than i n con
ventional hold tanks, but l i k e l y i n a pressure or j e t oxidizer. 
Note that i n this kind of system where mass transfer has a 
dominant role (and where the s u l f i t e concentration in solution 
usually is assumed to be zero because of the fast reaction), 
the current model predicts (and slurry measurements confirmed) 
a changing, appreciable s u l f i t e l e v e l i n the bulk solution. In 
this regime, neither mass transfer nor reaction kinetics i s i n 
f u l l rate control. 

Previous Work 

A considerable amount of work has been done on the oxida
tion of s u l f i t e and b i s u l f i t e anions i n aqueous solutions (25)« 
In this paper the discussion is limited to oxidation of calcium 
s u l f i t e (9), which has received much less attention than oxida
tion of sodium s a l t s . The attention here is on the oxidation 
of calcium s u l f i t e , catalyzed by metal ions i n the presence of 
organic acid buffers, occuring i n solid-liquid-gas slurry 
reactors. The organic acid buffers not only moderate pH chan
ges during the reaction, but also i n h i b i t the rate of chemical 
reaction (10). 

Clear Solution Kinetics. Without buffer, clear solutions 
of calcium s u l f i t e have such low saturation concentrations i n 
the pH range of interest that the resulting oxidation i s quite 
slow, subject to low-level extraneous influences, and hard to 
work with. There are few reports in the l i t e r a t u r e which 
contain experiments at the needed conditions (11,12). Of the 
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few studies available, only one w i l l be mentioned because of 
i t s connection with the determination of the mass transfer 
coefficient in the current work. 

Erwin(13) investigated the calcium s u l f i t e oxidation at 
high manganese concentrations i n a flow calorimeter under the 
following conditions : 

pH : 4.6 

[S(IV)] : 0.00136 - 0.00456 mol/£ 

[0 2] : 0.00642 - 0.0172 mol/A 

[Mn] : 10 - 2000 ppm (wt) 

Τ : 25 ±

For the extremely catalyzed solutions (2000 ppm Mn) l i k e those 
employed in the current work to assess k^, the rate expression 
was : 

R = 85 C^ 1' 5 at 40°C 

Experiments i n Slu r r i e s . In a slurry system, Borgwardt 
(14,8) studied enhanced oxidation in a pilot-scale scrubbing 
system (pH 4.5) with a forced oxidation tank. Even with ad
vanced-design gas distributors, he found the overall rate of 
oxidation was limited by the mass transfer of oxygen to the 
solution. An a i r stoichiometry of 2.6 was used in this inves
tigation. Neither gas distributor o r i f i c e size nor chloride 
concentration had an effect on the rate. 

Takeda reported a series of experiments i n which he deter
mined the amount of S0 2 absorbed by limestone slurries(15). He 
observed s i g n i f i c a n t differences in the rate of S0 2 absorption 
at different slurry concentrations. Here limestone dissolution 
probably plays an important role in the gas absorption process. 

Gladkii(16) at the State S c i e n t i f i c Research Institute of 
Industrial and Sanitary Gas Cleaning at Moscow did work on the 
three-phase calcium s u l f i t e slurry oxidation system, finding 
that the l i q u i d phase oxidation (pH 3.6-6) i s f i r s t order with 
respect to the s u l f i t e species. He pointed out, on the basis 
of pH versus time data from his semi-batch reaction, that the 
slurry oxidation had different periods in which either reaction 
kinetics or s o l i d - l i q u i d mass transfer controlled the oxidation 
rate. He also presented an omnibus empirical correlation 
between pH, temperature, and the l i q u i d phase saturation con
centration of calcium s u l f i t e solution for predicting the 
slurry oxidation rate. The ca t a l y t i c effect of manganese 
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sulfate (100 ppm MnSO ) greatly accelerated the reaction and 
reduced the activation* energy from 21.5 to 13.8 Kcal/mol and 
the order in s u l f i t e to \. 

A continuous s t i r r e d tank reactor was used by Wen, 
McMichael, and Nelson(17) to study the oxidation of aqueous 
solutions of sodium and calcium s u l f i t e . In their experiments, 
the oxidations were gas phase to l i q u i d phase mass transfer 
limited (rate « impeller speed) for sodium s u l f i t e solutions 
of 0.1 Mol/£ at impeller speeds up to 700 RPM. Their results 
showed the oxidation was f i r s t order in oxygen, s l i g h t l y less 
than zeroth order i n hydronium ion concentration, and indepen
dent of the s u l f i t e ion concentration. 

Modeling of the Slurry Oxidation. In 1969 Ramachandran 
and Sharma(18) f i r s t propose
accompanied by a fast chemica
sparingly soluble, fine p a r t i c l e s . A f i r s t case assumed that 
the s o l i d dissolution i n the li q u i d f i l m next to the gas-liquid 
interface was unimportant. The second case assumed that i t was 
important. Numerical solutions were given for the second case 
which indicated ;hat the sp e c i f i c rate of absorption of gas in 
the presence of fine particles could be considerably higiher 
than in the absence of so l i d s . 

In the Ramachandran-Sharma model, the rate constant of 
s o l i d dissolution did not change. For the purpose of applying 
this model to the lime or limestone scrubbing processes, 
Uchida, et al.(19) modified the model by considering that the 
rate of limestone dissolution i s accelerated by a higher con
centration of hydronium ions(20). In a numerical example, 
Uchida showed that when the rate of the s o l i d dissolution was 
enhanced by the absorbed gas, the oxidation rate would be 
higher than predicted by Ramachandran and Sharma's model. The 
data of Takeda agree with the Uchida, et a l . model. 

Sada, Kumazawa, and Butt extended the Ramachandran and 
Sharma and Uchida, et a l . model, applying i t to several special 
cases: (1) single gas absorption with a f i n i t e rate of reac
tion, (2) simultaneous absorption of two gases with p a r a l l e l 
reactions in a slurry, (3) gas absorption into a f i n i t e slurry 
with an instantaneous reaction. Tests f or a l l the cases were 
presented (21,22,23). In this model as well as the others, 
emphasis was placed on the gas dissolution step; whereas the 
current model emphasizes the chemical kinetics in solution as 
well as s o l i d dissolution. 

Experimental 

The experimental system, Figure 1, comprised a semi-batch 
slurry reactor with mechanical s t i r r i n g and gas sparging. The 
particulars f or the reactor include(24): 
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Water thermostat at 40°±0.1°C 
1000 ce pyrex, baffled Florence flask reactor 
0.6 Ζ l i q u i d reaction mixture 
Mechanical s t i r r i n g at 1800 RPM 
6.4 cm s t i r r e r blade of TFE 
0 2 or N 2 sparging at 31 pm 
Continuous pH monitoring v i a glass electrode 
pH control when required by automated base addition 

The s t i r rate and gas flow rate assure adequate mass transfer 
of oxygen to the reaction mixture during oxidation (except 
those with 2000 ppm Mn) to prevent any rate l i m i t a t i o n by 
diffusion of oxygen. The s t i r shaft was lubricated sparingly 
with s i l i c o n e stopcoc
each run, the reacto
water. (Chromic acid cleaning was used periodically.) A n i t r o
gen purge was started into 600 ml of s t i r r e d , deionized water 
before addition of weighed CaS0 3 powder to produce the required 
slurry density i n grams per l i t r e . At least 30 minutes elapsed 
before oxygen was admitted and the timer started. Samples were 
withdrawn v i a c a p i l l a r y dip tube and pipetted into excess 
buffered iodine/iodide solution to react immediately with S(IV) 
present in the reacting solution. Remaining iodine was "back 
t i t r a t e d " with primary standard (H 3As0 3). Clear samples were 
withdrawn through a M i l l i p o r e f i l t e r under vacuum before pipet
ting and t i t r a t i o n . Blank t r i a l s showed the resolution for the 
t i t r a t i o n to be ±0.0003 Mol/£ . 

The chemicals used in the experiments were a l l of reagent 
grade except the calcium s u l f i t e . This material was a hemi-
hydrate of commercial quality ( ~47 wt% anhydrous CaS03) 
product containing about 0.006 wt% Mn and 0.024 wt% Fe. [A 
complete analysis appears in reference (12)]. 

Using this commercial s u l f i t e i s pertinent to i n d u s t r i a l 
equipment. A l l of the water for cleaning and for solutions was 
of exceptional purity, being d i s t i l l e d and passed through a 
carbon bed before thorough deionizing. 

Physical System 

The experiments were designed to present an i d e a l i z a t i o n 
of the complex oxidizing system i n a scrubber (hold tank) 
slurry which i s amenable to mathematical description and yet 
close enough to practice to be useful. The temperature of 40°C 
is chosen as appropriate to both commercial scrubbers and the 
experimental apparatus. A similar compromise was the choice of 
calcium s u l f i t e as the reacting s o l i d , considering that in a 
working scrubber, the process begins with the dissolving car
bonate. However, since the carbonate anion was not d i r e c t l y 
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involved in the reaction, we take up the model at the point 
where s u l f i t e has formed, i s dissolving, and is ready to react. 

The s u l f i t e crystals themselves are small platelets which 
aggregate with the larger sulfate parallelepiped rods, Figure 
2, to form the roughly spherical particles which are present in 
s l u r r i e s , Figure 3· A schematic representation, of the s i t u a 
tion in a slurry is summarized in Figure 4, where the boundary 
layer configuration adopted in the model is included. The 
enlargement at the bottom collects the variables of interest 
and shows their relations with the s o l i d surface, the l i q u i d 
f i l m , or the bulk l i q u i d . 

The overall i n i t i a l p a r t i c l e size d i s t r i b u t i o n used for 
the computations i n this paper i s on Figure 5. This thirteen-
step d i s t r i b u t i o n was the most recent of several taken by the 
Coulter Method (MeOH,
mean diameter to previou
(16,34). This determination, as well as the percent s u l f i t e i n 
the s o l i d i s c r i t i c a l to calculating the i n i t i a l number of 
particles i n an experimental run: 

/ i n i t i a l \ Χ Λ [ volume fr a c t i o n of] [ t o t a l volume ofj 
/ t o t a l 1 = χ \ i - s i z e d particles / \ s o l i d particles/ 
I number of I / j (volume per i-sized particle) 
\ p a r t i c l e s / i=l (6) 

An equally important parameter is the s o l u b i l i t y of the 
s u l f i t e . In p r i n c i p l e , this quantity may be inferred from the 
simultaneous obedience to the conditions in solution at fixed 
pH (40°C): 

S u l f i t e Solubility(27): [Ca**] [SO*"] = Κ 
sPi 

=1.631 χ 10~ 7(mol/JD 2 (7) 

Sulfate Solubility(27): [ C a
2 + ] [So* 2"] - K 

— s P 2 

=2.45 χ 10" 5(mol/il) 2 (8) 

These equations ignore ion-pair formation (CaS0 3° and CaSOO 
because a l l of the s o l u b i l i t i e s are quite low(27)* This condi
tion i s certainly not true in operating scrubber systems; the 
current considerations are an appoximation used to simplify the 
model. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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Figure 2. Sulfite/sulfate slurry particles (showing sulfite plates and sulfate rods). 

Figure 3. A single particle agglomerate (rough spherical aggregate). 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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Figure 4. Representation of a slurry particle. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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B i s u l f i t e Dissociation(13) : HSO ~ * H* + SO*" (9) 

[H +] [ S 0 3
2 - ] 

= Κ = 4.94x10 (mol/ £) 
[ H S O 3 " ] 

(10) 

Bisulfate Dis so d a t i o n (28) : HS0*T * H + + SOi»2" (11) 

[H +] [So/"] .3 
= K 2 = 6.4565x10 (mol/£ ) (12) 

[HSOif 1 

Water Dissociation(28): H 0 1 H + + 0H  (13) 

[H +] [0 H"1 - w 

Electroneutrality for the whole solution: 

2 [ C a
2 + ] + [H +] = [0 H"] + 2[S0 3

2~] + [HS03"] + 

2[SOit2~] + [HSOT] (15) 

In a i l cases, molar concentrations are used i n favor of 
a c t i v i t i e s since the a c t i v i t y coefficients are very close to 
1.0 (Handbook of Chemistry and Physics, q.v. section D-205)(28) 
at the current low concentrations (less than 0.01 Mol/ i ). At 
a fixed pH value, there are then six equations and six unknowns 
( i . e . , [ C a 2 + ] , [0H-], [ S 0 3

2 ~ ] , [HS0 3"], [SO,,2"], and [HSOiTD, 
and one may construct a s o l u b i l i t y curve with respect to pH. 

Experimental measurements along with the calculated solu
b i l i t i e s appear on Figure 6. Because the saturation changes 
quickly with pH i n the region of interest and the s o l u b i l i t y 
concentration figures strongly in the driving force for mass 
transfer, these carefully determined experimental values were 
employed in calculations for the model. Note the low satura
tion concentrations in the pH range of interest (4.5-5). 

Surface Conditions During Dissolution 

The f i r s t case i s calcium s u l f i t e dissolution without 
chemical reaction. Using a f i l m model w i l l allow the calcula
tion of the surface concentrations of a l l the species and the 
rate of dissolution. With a knowledge of the p a r t i c l e popula
tion and solution concentrations, most of the variables are 
known when the experiment st a r t s . To specify a l l the starting 
values of the variables, the conditions at the p a r t i c l e surface 
are required. From the consideration of saturation concentra
tion i n the previous section during dissolution, the bulk 
l i q u i d must obey: 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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Figure 6. Effect of pH on solubility. Key: • , calculated value; and A, experi
mental data. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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• Water dissociation 
• S(IV) equilibrium 
• S(VI) equilibrium 
• Electroneutrality 

Since the system w i l l no longer be at equilibrium conditions 
when dissolution s t a r t s , a balance on the entering ions must 
exist: 2 + 

• Ca and sulfur balance 

[ C a
2 + ] - [SOg2"] + [HS03~]^ + [SO* ~ ] χ + [HSOiT^ (16) 

The conditions at the p a r t i c l e surface must obey: 
Water dissociation 
Calcium s u l f i t e s o l u b i l i t y product 
Calcium sulfat
S(IV) equilibriu
S(VI) equilibrium 
Ele et r oneut r a l i ty 
A molar di f f u s i o n flux balance at the surface 

surface surface (17) 

where 

j 
.th = molar flux of i (cationic) species 

[similarly for j (anionic) species]. 

This molar flux balance merits a brief discussion. Two 
factors dictate the necessity and form of the diffusion f l u x 
balance. Because each ion exhibits a characteristic valance 
and ionic conductance (at prevailing temperature and ionic 
strength), i t s progress along the diffusion gradient w i l l be 
unlike the other diffusing species. Thus a simple ion balance 
l i k e the one in the bulk (for C a 2 + and sulfur) can be ruled 
out. A l l of the diffusing species are e l e c t r i c a l l y charged. 
The concentration gradient i s reflected in a concomitant elec
t r i c a l gradient which in turn influences the charged species. 
The d i f f u s i o n flux i s most readily written, therefore, in terms 
of the measurable ionic properties l i k e valence and ionic 
conductance that are expressed in terms of gram-ion equivalents 
[p. 380,(31)]· Hence, the diffusion flux balance at a p a r t i c l e 
surface i s : 

h J 2+ Ca y=0 * J so 3
2~ y=0 HSO, y=0 

HSO, 
y=0 y=0 (18) 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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where: J , J = di f f u s i o n flux densities of cation 
and anion, respectively, g equiv. /(cm 2)(sec). 

Vinograd and McBain(30) express these fluxes quantitatively in 
terms of io n i c : 

Conductance 
Charge 
Concentration 
E l e c t r i c a l gradient 

The e l e c t r i c a l gradient i s taken to be linear for each species 
across the f i l m , yielding a flux balance i n terms of ionic 
properties, bulk concentrations, surface concentrations, and 
f ilm thickness(24) . 

Therefore, in the bulk l i q u i d there are seven variables 
( i . e . , [H+l [OH"], ,
and [Ca 2 ] l ) , but onl
degrees of freedom i n the bulk l i q u i d equal two. At the par
t i c l e surface there are seven variables: [H +] , [0H~] , 
[S0 3

2-] , [ H S O 3 - ] , [SOit2-] , [HSOi, ~] , and [Ca 2+] s and sevln 
equations [7,8, lOf 12,14,15, f*7] , but the 3 diffusion flSx equation 
involves the bulk l i q u i d concentrations. Thus, at any instant 
during the dissolution, by specifying any two variables in the 
liq u i d phase, a l l the other bulk l i q u i d concentrations can be 
calculated. Then the surface equations, along with a l l these 
bulk l i q u i d concentrations, can be used to calculate the sur
face concentrations of a l l ionic species f or three charac
t e r i s t i c f i l m thicknesses(31) during dissolution. These re
sults appear i n Table I. From the results, observe that the 
surface pH (or the corresponding surface S(IV) concentration) 
remains almost constant at 8.18 during the course of dissolu
tion. Furthermore, the effect of the change of f i l m thickness 
i s almost negligible on a l l values but the surface pH. 

The results i n this preliminary analysis give important 
information about the driving force, (C - C^), which governs 
the calcium s u l f i t e dissolution that is 5 used in the model of 
the oxidation. The constant surface pH 8.18, which i s naturally 
the pH of the saturated solution, can be used i n the transient 
state analysis of the dissolution. 

The Model - Dissolution with Chemical Reaction 

With the conditions i n the slurry determined, consider the 
oxidation process; four assumptions are made: 

1. The only loss of S(IV) from the slurry occurs from the 
li q u i d phase oxidation of s u l f i t e . There i s no S(IV) 
precipitation or stripping. 

2. There i s no gas-liquid mass transfer l i m i t during the 
reaction(26). The oxygen concentration i s constant 
at saturation at a l l times during the oxidation. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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TABLE I 

Surface and
Dissolutio

δ = 1.0 χ 10 cm 

[SO,2-"] =3.3xl05M/£ * s 
Bulk Surf ace[S0 3

2g ] 
pH pH xlO 1 

δ= 6.66 χ 10 cm 

[S0 3
2-] =3.3x10 5M/£ 

6 s 
Bulk Surface[S0 3

2g ] 
pH pH xlO 1 

δ= 1.25 χ 10 cm 

[S0 q
2~] =3.3xl0~5 M/& 

* s 
Bulk Surface[S0 3

2~ ] 
pH pH xlO 1 

6.77 8.07 0 6.77 8.07 0 6.77 8.06 0 
7.68 8.11 3.3 7.68 8.11 3.3 7.68 8.11 3.3 
7.83 8.13 6.6 7.83 8.12 6.6 7.83 8.12 6.6 
7.92 8.14 9.8 7.92 8.13 9.8 7.92 8.13 9.8 
7.98 8.15 1.3 7.98 8.14 1.3 7.98 8.14 1.3 
8.03 8.15 1.6 8.03 8.15 1.6 8.03 8.15 1.6 
8.07 8.16 2.0 8.07 8.16 2.0 8.07 8.16 2.0 
8.10 8.17 2.3 8.10 8.16 2.3 8.10 8.16 2.3 
8.13 8.17 2.6 8.13 8.17 2.6 8.13 8.17 2.6 
8.16 8.18 3.0 8.16 8.17 2.9 8.16 8.17 2.9 
8.18 8.18 3.3 8.18 8.18 3.3 8.18 8.18 3.3 
8.20 8.13 3.6 8.20 8.18 3.6 8.20 8.18 3.6 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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3. The presence of a f i l m around the pa r t i c l e surface 
available for s o l i d - l i q u i d mass transfer i s assumed. 
The dissolved ions diffuse from the par t i c l e surface 
to the bulk l i q u i d u n t i l bulk equilibrium i s reached. 
The concentration of each species at the pa r t i c l e 
surface i s i t s saturation concentration which equals 
the bulk concentration when the solution i s at 
equilibrium. 

4. During the course of reaction, the S(VI) ions are 
continuously produced. Assume that CaSOi^s) p r e c i 
pitates at new nuclei as soon as the solution i s 
over-saturated i n calcium sulfate. The change i n 
size of the s o l i d particles of interest i s only 
caused by the dissolution of calcium s u l f i t e , not by 
the CaSOi^s
"blinding".
influence the s u l f i t e mass transfer. 

The l i q u i d phase concentration of s u l f i t e i n the slurry i s 
governed by two competing mechanisms. S u l f i t e i n the l i q u i d i s 
lost due to the oxidation reaction, but i s replenished by the 
dissolution of the s o l i d calcium s u l f i t e . The s u l f i t e con
centration i s represented by a d i f f e r e n t i a l equation of the 
form: 

— l - = " V R + V R (19) — — r m (19) 

where: 
V = reactor volume, 0.6 I 

= s u l f i t e concentration i n l i q u i d phase, Mol/1 
R = reaction rate, Mol/I sec 
R r = dissolution rate, Mol/Jl sec 
t m = time, sec. 

The kinetic rate expression has been shown elsewhere(12) 
to be, 

R - -k, - C A O (20) 

The mass transfer of S(IV) ions from s o l i d to l i q u i d w i l l 
be given by, 

R = k-a (C - C.) (21) m ι s L 
where : 

k^ = mass transfer coefficient, cm/sec 
a = i n t e r f a c i a l area, cm2/cm3 

C = [S(IV)] at par t i c l e surface, i . e . , saturation 
s concentration, Mol/£ 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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The i n t e r f a c i a l area per unit volume, a, changes with time as 
the particles shrink and disappear: 

4 π w 
a = — (22) 

V 
where: 

r = the radius of i type particles which i s a 
function of time, cm 

Ν _Q = the i n i t i a l t o t a l numbers of particles 
h* = number fraction of " i - s i z e " particles 
f = f r a c t i o n of the ori g i n a l number of " i - s i z e " 

particles remaining i n the reactor; f equals 
1 whe
i - s i z

w = f r a c t i o n of pa r t i c l e composed of CaS0 3 and 
hence available for mass transfer of s u l f i t e 
( i . e . = 0.47 wt%). 

The summation i s over the 13 size classes of p a r t i c l e s . Sub
s t i t u t i o n of these rates and cancelling the reactor volume 
gives the equation, 
dC (0.47)4 ir Ν k. (C -0χ) * 3 

dt - " k C l + - 2 ^ " i V i (23) 
V i = l 

The rate of s u l f i t e transfer from the s o l i d particles to 
the l i q u i d phase i s given by the expression: 

J t o t a l moles of s u l f i t e ] 
\ i n s o l i d particles / 

or 

particles / = - VR (24) 
dt 

dW " V m k \ a 

dt « - j ^ ( C s " S > (25) 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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where: 

or 

m = molecular weight of calcium s u l f i t e , gm/mol 
Ρ = s o l i d density, gm/cm3 

W = to t a l mass of so l i d p a r t i c l e s , gm 

r i h i f i 

r . 3 h f 
i i i ι 

(26) 

13 

-4 7Γ mk Ν1 t=
This equation can be s p l i t into 13 separate equations cor
responding to 13 sizes of so l i d p a r t i c l e s , each equation des
cribing the rate of change of one si z e of p a r t i c l e . 

The t o t a l concentration of s u l f i t e i n the slurry at any 
time, C , is the sum of l i q u i d phase concentration and the 
remaining s o l i d phase concentration: 

Τ 1 
(0.47) 4/3 7ΓΡΝ t=0 

V m 
V i (28) 

The 14 equations, s u l f i t e rate of change in the l i q u i d and the 
rates of s u l f i t e transfer (in terms of r .) from the 13 sized 
p a r t i c l e s , may be solved simultaneously for and the r^'s. 
Then the t o t a l s u l f i t e concentration i s calculated at each 
increment of time. In addition, to compute the proper surface 
conditions for the mass transfer driving force, a l l of the 
governing equations for the bulk l i s t e d i n the section above on 
the surface conditions during dissolution must be solved at 
each time step. Two differences should be noted: the solu
b i l i t y product for sulfate must now be s a t i s f i e d and i n the 
C a 2 + and sulfur balance, the effect of oxidation must be 
accounted f o r : 2 + 

Γ moles of Ca Ί 
produced from moles of Ca 
dissolution of "~ at time t | (29) 

CaSO, 

i n i t i a l moles 
of C a 2 + 

i n i t i a l moles 
of S(VI) 

moles of S(VI) produced 
from oxidation of S(IV) 

2 + 

I 

moles of S(VI) 
at time t 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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or: 

[Ca ] 1 ,t=0 

(30) 
ο 

A fourth order Runge-Kutta-Gill algorithm was u t i l i z e d to 
solve this system of 14 simultaneous d i f f e r e n t i a l equations. 
Starting from t = 0, with a l l the corresponding i n i t i a l condi
tions ( i n i t i a l pH, i n i t i a l l i q u i d phase and surface S(IV) con
centrations, i n i t i a l t o t a l S(IV) concentration, and i n i t i a l 
number of p a r t i c l e s , and the other i n i t i a l concentrations), 
those equations can b  solved  b  i  tim  giv
C^(t) and r ^ t ) . At
[S0 3

2~] + [HS03~] ) i ,  l i q u i  phas
of a l l species can be calculated from the governing equations, 
and the surface concentrations are then determined. The c a l 
culated saturation concentration of s u l f i t e at the surface, 
C ( t ) , i s in turn substituted into the system of d i f f e r e n t i a l 
equations i n the model for the next step of calculation to give 
C (t+At) and r (t+At) (At is the step size of time used i n this 
nSmerical calculation. Then this new C, w i l l be used to repeat 
the above calculations. The change or the i n t e r f a c i a l area, 
a( t ) , i s also taken into consideration in this manner. The 
solution of the model w i l l continue with the above loop-like 
calculations u n t i l a l l s o l i d calcium s u l f i t e i s dissolved and 
the reaction i s over. 

Solutions of the Model 

Highly Catalyzed Experiments. In conjunction with ex
periments i n which the manganese concentration was 2000 ppm, 
the model was f i r s t used to determine the mass transfer coef
f i c i e n t of calcium s u l f i t e (T=40°C, pH=5.0). A reaction order 
of 1.5 was obtained from previous l i q u i d phase kinetic studies 
with a rate constant of 85 ι 0 · 5 mol ° · 5 sec" 1 (25). Computer 
curves were generated using a series of mass transfer coef
f i c i e n t s and plotted along with the experimental kinetic re
sults on Figure 7. A mass transfer coefficient of 0.015 cm/sec 
most closely f i t s the data. The bulk pH drops quickly during 
the i n i t i a l several seconds and then stays around 2.9, but the 
surface pH remains almost constant at 5.15 which implies that 
the oxidation only has small influence on the surface 
conditions. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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0.10 

0 .09 

0 . 0 1 5 , -

c/5 ~ 0.01 Οί
ο s 

9. - 0 . 0 0 5 h 

0 .00 
L d L J -

3 4 
TIME (MINUTES) 

Figure 7. Determination of mass transfer coefficient. Key: φ, experimental data 
(9). One and one-half order rate constant k = 85. Conditions: pHit 5.0; slurry 
density, 20 g/L; stirring speed, 1800 rpm; and 40°C. All three ki's gave the same 

liquid phase behavior. 
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The model was then tested to assess the effect of the 
v a l u ^ of thg J. 5 order rate constant at values of 15, 20, and 
30 I " mol " sec (12). This comparison showed that the 
determination of mass transfer coefficient to be unaffected by 
the value of the 1.5 order rate constant as long as i t i s 
large. This confirms that the use of 85 l °· 5ιηο1" 0· 5 sec" 1 as 
the 1.5 order rate constant for the simulation of the extremely 
catalyzed oxidation is not a sensitive parameter. 

Variable Catalyst Concentration Solutions. Using the mass 
transfer c o e f f i c i e n t of 0.015 cm/sec, the model was then used 
to simulate the slurry oxidation with three concentrations of 
added Mn catalyst. Results are presented i n Figure 8. The 1.5 
order homogeneous reaction rate constants for 0, 6.66, and 200 
ppm added Mn reaction
2.25, and 5.5 £ 0 , 5 m o l "
ing values of 1.5 order rate constants from the comparable 
clear solution experiments are 0.162, 0.35, and 0.8 to 5 
£ 0 · 5 mol~°« 5 s e c " 1 (25). The computer-predicted values show 
good agreement with the experimental data, p a r t i c u l a r l y con
sidering unavoidable differences i n the two systems, e.g., 
increases in catalyst concentration in the solution phase of 
the s l u r r i e s caused by addition of c a t a l y t i c solutes as the 
s o l i d particles dissolve. 

The bulk and surface pH curves predicted by the model for 
the above cases were considered as well. A l l of the surface 
pH's remain almost constant around 5.0. The bulk pH?s change 
di f f e r e n t l y within the i n i t i a l several minutes, but eventually 
drop and stay around pH 3.0. 

Slurry Density Variations. The model was also used to 
simulate the slurry oxidations with different i n i t i a l condi
tions. I n i t i a l pH's of 4.5 and 5.5 were both tested. Results 
(to t a l concentration and solution phase concentration curves) 
for the i n i t i a l pH 4.5 are presented i n Figure 9. By using the 
predicted mass transfer co e f f i c i e n t and rate constants, the 
computer curves can match these experimental results very well. 

pH Behavior. The pH behavior i n the bulk and at the 
p a r t i c l e surface of the slurry oxidation with pH = 4.5, 5.0, 
and 5.5 i s shown i n Figure 10. There are two clear observa
tions: the calculated and bulk pH (for an i n i t i a l pH 5.0) do 
not agree well u n t i l the oxidation i s nearly complete, and 
there i s a marked s e n s i t i v i t y of the pH behavior of the model 
to i n i t i a l pH. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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0.010, 

0 2 4 6 8 10 

TIME (min) 

Figure 8. Effect of Mn concentration on the oxidation. Measured [S4*] (26). 
Mn (ppm): A, 0; • , 6.66; and Ο, 200. Model: solid lines with kt,5 as marked. 

pH{, 5.0; slurry density, 20 g/L; and 40°C. 
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Q 
D 

σ o.oo6 U 

^ 0.004 -

0.002 -

Δ SLURRY DENSITY 
50 gm/C 

30 

20 

50 

30 

20 

3 

T I M E , min 

Figure 9. Oxidation in variable concentration slurries. Measured [S4+] (26): 
O, 20; • , 30; and Δ , 50 g/L. Model: solid lines for each slurry density shown. 

klmS = 0.35 L 1 / z mol-K pHt, 4.5; and 40°C. 
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Discussion 

The model developed in this paper is part of the growing 
body of knowledge describing the conditions i n scrubber s l u r 
r i e s . Even as an interim step, the current work has produced 
useful results. At the outset, the choice of a spherical 
geometry was an improvement over an e a r l i e r tendency toward 
f l a t plate geometries encouraged by the f l a t s u l f i t e platelets 
themselves. Moreover, in preparing the i n i t i a l conditions, the 
present calculâtions/measurements of s o l u b i l i t y confirm the 
helpfulness of including the bisulfate species by the good 
agreement i n Figure 6. 

A f i l m theory was employed in the model for the descrip
tion of the s o l i d - l i q u i d mass transfer. It i s important be
cause i t builds a re l a t i o
and the solution phase
believed to be governed only by the CaSC^/CaSO  s o l u b i l i t i e s , 
the electroneutrality of solutions, and the ion species equi
l i b r i a , while the bulk l i q u i d condition is the result of a 
complex relationship between the s o l i d - l i q u i d mass transfer, 
ion species e q u i l i b r i a , ion charge balance, and the kinetic 
rate of oxidation. 

A l l the computer calculations show that there are drastic 
changes in the l i q u i d phase behavior (viz., the bulk pH change) 
during the reaction, but the surface conditions are almost not 
affected by the oxidation (as shown by the constant surface pH 
during reaction). This result r e f l e c t s the important fact that 
although the bulk pH ( i . e . , the measured pH) changes as the 
reaction proceeds, the saturation concentration of s u l f i t e 
remains almost constant and does not correspond to the changing 
bulk pH. 

In actual measurements, the i n i t i a l pH had a profound 
influence on the pH vs time curve, for example, Figure 11 (26). 
With such s e n s i t i v i t y to i n i t i a l pH, i t i s very hard to r e p l i 
cate experiments. Beside the obvious changes i n i n i t i a l con
centrations, a variety of possible c a t a l y t i c complexes may form 
at the different pH le v e l s . The i n i t i a l bulk pH has the most 
marked effect on the course of the subsequent pH change during 
oxidation. For the model to predict correctly the pH curve, 
both for changes in the i n i t i a l pH and to produce agreement at 
the end of oxidation, suggests that the construction of the 
model is sound and that i t could be revised to track the pH 
even more closely during oxidation. 

By incorporating the f i l m theory into the mathematical 
model for the batch slurry oxidation, a mass transfer coef
f i c i e n t of 0.015 cm/sec was obtained by matching the model to 
highly catalyzed (2000 ppm Mn added) slurry oxidation data. 
Saturation concentration of s u l f i t e i s most important in deter
mining mass transfer coefficient(32). A correlation i s given 
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6.Ο1 1 1 r— r 

0 2 4 6 8 10 

TIME (MINUTES) 

Figure 11. Experimental pH measurements for oxidations starting from variable 
initial pH. Slurry density, 20 g/L. pHi: , 5.0; , 4.7; · · ·, 4.5; 40°C. 
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by Sherwood, Pigford, and Wilke to predict the s o l i d - l i q u i d 
mass transfer coefficients for spherical particles suspended i n 
an agitated vessel(31). Assuming a d i f f u s i v i t y of 10~ 5 cm2/ 
sec, this correlation indicates a mass transfer coefficient 
larger than 0.01 cm/sec based on the average par t i c l e size 
encountered here. Therefore, the mass transfer coefficient 
predicted by the model closely matches this calculated l i t e r a 
ture correlation. A further endorsement of the model using 
this mass transfer coefficient comes from the agreement of the 
kinetic rate constants found by the model with the experimental 
range of the klm5 values. 

An outstanding finding is the consonance of the model's 
prediction of the l i q u i d phase S(IV) concentration and the mea
sured values. In the reactions under investigation, the l i q u i d 
phase concentrations ar
lower than the saturatio
catalyzed oxidation. This intermediate l i q u i d phase concen
tration forecast by the model is i n general agreement with the 
experimental data, and marks an instance of neither s t r i c t mass 
transfer nor kinetic control. 
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11 
Laboratory Investigation of Adipic Acid 
Degradation in Flue Gas Desulfurization 
Scrubbers 

J. C. TERRY, J. B. JARVIS, D. L. UTLEY, and Ε. E. ELLSWORTH 
Radian Corporation, Austin, TX 78766 

The addition of adipic acid to FGD scrubber 
liquor results in improved limestone utilization and 
enhanced SO2 sorption kinetics. During scrubber op
eration, however, adipic acid is lost from the system 
in the liquid and solid phase purge streams and by 
chemical degradation. In order to assess the effects 
of scrubber operating parameters on the loss of adipic 
acid, a series of laboratory tests have been per
formed. These include both bench-scale closed loop 
scrubber tests and batch mode jar tests. The param
eters investigated include pH, adipic acid concentra
tion, trace metal catalysts, degree of sulfite oxida
tion, sulfite concentration, SO2 gas loading, and 
scrubber slurry temperature. Results indicate that 
the amount of adipic acid coprecipitated with the 
scrubber solids decreases significantly with increas
ing sulfate in the solids. Chemical degradation 
increased dramatically with forced sulfite oxidation. 
Chemical degradation was also found to increase with 
increasing adipic acid concentration and temperature. 
Reduced chemical degradation was observed with Mn+2 

in the liquor. pH also affected chemical degradation 
but only when Mn+2 was present. 

The addition of adipic acid to limestone-based FGD wet scrub
bers results in improved limestone utilization and enhanced SO2 
sorption kinetics. The use of adipic acid was first proposed by 
Rochelle (1) and has been tested by the EPA in pilot systems at 
the Industrial Environmental Research Laboratory, Research 
Triangle Park, North Carolina and at the TVA Shawnee Test Facility 
at Paducah, Kentucky. Adipic acid in the concentration range of 
1,000-2,000 mg/1 has been found effective as a scrubber additive. 
During scrubber operation, however, adipic acid is lost from the 
system in the liquid and solid phase purge streams and by chemical 
degradation (2,3). 

0097-6156/82/0188-0221$6.50/0 
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Tests conducted at the Shawnee Test F a c i l i t y indicated that 
adipic acid added to their limestone FGD scrubber did not degrade 
at pH's below 5. Since these unexpected but favorable results 
were important to the future application of adipic acid as an FGD 
additive, independent v e r i f i c a t i o n was desired. Radian was con
tracted by the EPA to carry out a systematic study of the effects 
of scrubber operating conditions on adipic acid degradation. 

The spe c i f i c objectives of the study were to: 
• setup a bench-scale S 0 2 scrubber capable of closed 

loop operation; 
• v e r i f y the quenching of adipic acid degradation at 

low pH observed at Shawnee; and 
• conduct parametric studies to more f u l l y characterize 

the effects of
degradation. 

The topics presented i n this paper include a description of 
the bench-scale system, the experimental approach, and the results 
of degradation testing. Also included are the results of batch 
precipitation experiments designed to study coprecipitation of 
adipic acid i n scrubber waste solids. 

Experimental Approach 

The design of the bench-scale system was influenced by two 
important considerations: 

• The desire to simulate the operation of f u l l - s c a l e FGD 
systems which would allow results from the bench-scale 
system to be used to anticipate adipic acid degradation 
i n larger systems, and 

• The need for accurate mass balance determinations since 
certain sets of operating conditions were anticipated to 
produce low degradation rates. 

The experimental equipment design which resulted from the 
above considerations i s i l l u s t r a t e d schematically i n Figure 1. In 
general terms, the operation of the system consisted of contacting 
synthetic or boiler flue gas i n a packed scrubber with r e c i r c u l a t 
ing slurry from the hold tank. The pH of the hold tank slurry was 
maintained at a constant l e v e l by addition of reagent grade C a C 0 3 

or limestone. 
At the start of each run, various materials were added to the 

hold tank. These materials included deionized water, adipic acid, 
calcium s u l f i t e seed crystals, NaCl, MnS0i+*H20, Fe 2 ( 8 0 4 ) 3 , f l y 
ash, etc. depending on the purpose of the test. The resulting 
thin slurry was circulated through the scrubber where i t was con
tacted with flue gas. This procedure was continued for several 
hours, allowing time for the mass of solids i n the hold tank to _ 
increase and the concentration of ionic species (particularly S O 3 ) 
to reach a constant l e v e l . At this point, a quantitative amount 
of slurry was withdrawn from the hold tank. 
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Analysis for adipic acid i n both the s o l i d and l i q u i d phase, plus 
data for the hold tank volume, slurry density, and weight percent 
solids, provided s u f f i c i e n t information to calculate the inventory 
of adipic acid remaining i n the hold tank. At the end of the run, 
a second sample was withdrawn from the hold tank and the adipic 
acid inventory was again calculated. The absolute amount of 
adipic acid which had degraded during the run was represented by 
the difference between the i n i t i a l and f i n a l inventories. 

Several features were incorporated into the design of the 
bench-scale unit which f a c i l i t a t e d the study of the effects of op
erating conditions on adipic acid degradation. Some of the more 
important features are described below: 

• Synthetic flue gas, rather than combustion gases, was 
used during the laboratory phase of testing. This allowed 
an independent determinatio
of components o
certain sulfur species. 

• Calcium carbonate, rather than limestone was used as the 
source of a l k a l i n i t y for baseline testing. Again, this 
permitted independent study of limestone components 
(notably trace metals) on adipic acid degradation. 

In addition to the measurements required for determining the 
adipic acid degradation rate, a variety of other variables were 
monitored : 

• pH (continuously), 
• Inlet and outlet S0 2 concentration, 
• Percent oxidation i n the s o l i d s , 
• Temperature (hold tank and gas i n l e t ) , 
• Limestone consumption rate, 
• Limestone u t i l i z a t i o n , 
• Liquid to gas r a t i o (L/G), 
• S u l f i t e concentration, 
• Chloride concentration (used as a tracer), and 
• Trace metals concentration ( i f added to system). 
With this information, the adipic acid degradation rate and 

other aspects of operation with adipic acid can be related to 
s p e c i f i c process variables. And, results obtained with the bench-
scale system can then be used to anticipate adipic acid degrada
tion rates i n f u l l - s c a l e systems. 

Bench-Scale Scrubber Test Results 

The results of bench-scale tests were obtained during three 
phases of experimentation. The f i r s t phase consisted of labora
tory testing at Radian. The second phase consisted of testing at 
the Shawnee test f a c i l i t y i n Paducah, KY, and at the City U t i l i 
t i e s of Springfield Southwest Power Station i n Springfield, MO. 
The third phase consisted of additional laboratory testing at 
Radian. 

A t o t a l of 43 bench-scale runs were performed. The results 
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of these runs, including the observed degradation rates and a sum
mary of run conditions, are l i s t e d i n Table I. Twenty-one of 
these runs were baseline tests i n which the variables under con
sideration were limited to the SO2 absorption/oxidation rate, the 
adipic acid concentration, and pH. CaC03 was used as the alkaline 
species for a l l baseline tests. The ranges for the variables i n 
vestigated i n the baseline tests were: 

Variable Range 
S0 2 absorption rate 2.07 - 7.86 g S0 2/hr 
Percent solids oxidation 9.7 - 100% 

(a measure of the t o t a l 
absorbed S0 2 that i s 
oxidized to sulfate

Adipic acid concentratio  10,08  pp
pH 4.6 - 5.5 

The resulting adipic acid degradation rates ranged from 15.4 
to 600 mg/hr. A computer program was used to perform a s t a t i s t i 
cal analysis on the baseline test data. This analysis showed that 
the adipic acid degradation rate was a function of the overall S0 2 

oxidation rate and the adipic acid concentration. The degradation 
rate was found not to depend on pH, at least over the range 
tested. The s u l f i t e ion concentration was also included i n this 
analysis. However, the s u l f i t e concentration was generally a 
function of pH and was also found not to influence the adipic acid 
degradation rate. A weighted least squares analysis was used to 
correlate the si g n i f i c a n t variables. The resulting correlation, 
which represents the best f i t of the experimental data, i s given 
below: 

adipic acid degradation rate, mg/g S0 2 removed = 
η nn<*n« / adipic acid \0.5542 / \1.185 0.00308 ί I percent oxidation) \concentration, ppm/ \ r / 

(correlation c o e f f i c i e n t , r 2 = 0.96) 

This correlation indicates that the adipic acid degradation 
rate, normalized by the S0 2 removal rate, i s roughly proportional 
to the percent oxidation of the solids times the square root of 
the adipic acid concentration. A graph of the above correlation 
i s shown i n Figure 2. 

Nine forced oxidation runs were performed with manganese, 
manganese plus iron, Springfield limestone, or Springfield lime
stone plus f l y ash. The common factor involved i n a l l these runs 
was the presence of manganese ions i n the scrubber liquor. The 
presence of manganese caused a s i g n i f i c a n t reduction i n the adipic 
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11. T E R R Y E T A L . Adipic Acid Degradation 229 

acid degradation rate. Reductions of 42.5 to 85.4 percent below 
the adipic acid degradation rates predicted from the baseline 
correlation were observed for forced oxidation runs. Data from 
these runs are l i s t e d i n Table I I . 

The adipic acid degradation rate was found to be a function 
of pH when manganese ions were present. The results show that a 
decrease i n pH i s accompanied by a decrease i n the adipic acid 
degradation rate. In the baseline runs, i n which no manganese was 
present, no pH effect was observed. 

The effect of manganese and pH on the adipic acid degradation 
rate i s i l l u s t r a t e d i n Figure 3. Here, the adipic acid degrada
tion rate has been presented i n the form of a degradation rate 
constant, K^. i s based on the following simple rate model: 

Adipic Acid Degradation
Rate, mass/unit time à

When solved for K^, the above model suggests that the adipic acid 
degradation rate, normalized by the adipic acid concentration and 
the s u l f i t e oxidation rate, should be constant. This feature 
makes K, useful i n evaluating the effects of variables not includ
ed i n the correlation; i n this case, manganese and pH. The re
sults i n Figure 3 show that values of ranging from 0.20 to 0.93 
were obtained for runs i n which manganese ions were present i n the 
hold tank. This compares to predicted values of ranging from 
1.2 to 1.6 for baseline tests at similar conditions without the 
presence of manganese ions. 

Several of the runs i l l u s t r a t e d i n Figure 3 were performed 
with Springfield limestone rather than CaCÛ3. The adipic acid 
degradation rates seen i n the limestone tests were s i g n i f i c a n t l y 
below those seen i n similar baseline tests with CaCÛ3. This lime
stone was analyzed for trace metals and a concentration of 430 ppm 
manganese was found. Some of this manganese dissolved i n the 
scrubber liquor during the bench-scale tests. The resulting 
adipic acid degradation rates were about the same as those seen i n 
runs with CaC03 i n which manganese was added to the hold tank. 

The combination of limestone and f l y ash was also tested. 
The resulting adipic acid degradation rate did not d i f f e r s i g n i f 
icantly from that of limestone alone. In bench-scale tests at 
Shawnee and Springfield, i n which b o i l e r flue gas with f l y ash was 
u t i l i z e d , no sig n i f i c a n t effect of f l y ash was observed. 

Several forced oxidation tests with both manganese and iron 
were attempted. However, iron was found to be essentially i n s o l 
uble and only small concentrations of iron could be held i n solu
tion. Again, the resulting adipic acid degradation rates were 
about as expected, based on the pH and the concentration of man
ganese i n the hold tank. 

A natural oxidation run with manganese was also performed. 
However, under natural oxidation conditions, only a small amount 
of the added manganese remained i n solution and the resulting 
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232 F L U E GAS D E S U L F U R I Z A T I O N 

adipic acid degradation rate was actually above that predicted 
from the baseline correlation. 

Three runs were performed i n which the temperature of the 
hold tank was varied. Selected results from these runs are shown 
i n Table III. 

Table III. Effect of Hold Tank Temperature on the Adipic Acid 
Degradation Rate 

Run 

Adipic Acid 
Degradation 

Rate Constant 
K d, M"1 

Adipic Acid 
Degradation 

Rate, mg/g S0 2 

Removed 
Temperature, 

°F (°C) 

Average 
Adipic Acid 

Concentration, 
ppm 

R-17 0.52 

R-13 1.39 45.4 ±3.3% 125 (51.7) 2159 

R-25 2.33 81.7 ±1.9% 146 (63.3) 2246 

Note: A l l three runs were performed at pH 4.6 - forced oxidation 
(100%). 

The results of these runs show that the adipic acid degrada
tion rate increased with increasing temperature. The effect of 
temperature on the rate of chemical reaction can often be modeled 
by the following empirical equation (4): 

Κ = A exp{-Ea/RT} 

where Κ = the chemical rate constant or an equivalent expres
sion for the reaction rate, 

A = a pre-exponential constant, 
E a = the Arrhenius activation energy, 
R = the idea l gas constant, and 
Τ = the absolute temperature. 

This equation can be written i n the logarithmic form: 

1 0 8 1 0 K = \T5Ô3R) Τ + 1 0 8 1 0 A 

According to this equation: A plot of logio Κ versus the r e c r i p -
rocal of the absolute temperature should be a l i n e with a slope 
of (-Ea/2.303 R). A plot of this type i s shown i n Figure 4 i n 
which the logarithm of the adipic acid rate constant, K^, i s 
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234 F L U E GAS D E S U L F U R I Z A T I O N 

i s plotted against the reciprocal of the absolute temperature. 
The use of i s appropriate here only because the percent oxida
tion and the average adipic acid concentration for the three runs 
are close. From the slope of the l i n e shown i n Figure 4, the 
Arrhenius activation energy was determined to be 10.6 Kcals/mole. 
This activation energy i s t y p i c a l for an organic reaction i n 
which the rate i s controlled by a chemical reaction rather than a 
physical process such as d i f f u s i o n . 

In the analysis of the baseline test results, the s u l f i t e 
ion concentration was not found to have an effect on the adipic 
acid degradation rate. However, i n these tests, the equilibrium 
s u l f i t e ion concentration was a strong function of pH. To obtain 
an independent determination of the effect of the s u l f i t e ion 
concentration, the s u l f i t e concentration was increased v i a the 
addition of sodium ion  N a 2 S 0 i t ) .
different s u l f i t e ion concentration
same pH. A comparison o  degradatio
with the values predicted from the baseline correlation indicates 
that the s u l f i t e ion concentration has l i t t l e , i f any, impact on 
the adipic acid degradation rate mechanism. 

Coprecipitation of Adipic Acid i n Scrubber Solids 

A major factor i n determining the degradation rate of adipic 
acid i s d i f f e r e n t i a t i n g between physical loss of adipic acid and 
actual chemical degradation. There are at least two mechanisms 
for physical loss of adipic acid including liquor loss with the 
wet f i l t e r cake and coprecipitation with calcium s u l f i t e hemi-
hydrate and gypsum solids. The bench-scale data, as well as 
e a r l i e r work (2, 3), indicated that adipic acid coprecipitation 
with scrubber solids was a potentially important factor i n mass 
balance calculations. Further, the bench-scale data, shown i n 
Figure 5, indicated that the amount of coprecipitated adipic acid 
was a strong function of the l e v e l of s u l f i t e oxidation. 

In order to further characterize this mechanism for adipic 
acid loss, two series of batch pre c i p i t a t i o n experiments were per
formed. The tests were designed to study: 

• The mechanism for adipic acid coprecipitation (surface 
adsorption versus occlusion or s o l i d solution formation), 

• The effect of l i q u i d phase adipic acid concentration on 
adipic acid concentration i n the scrubber s o l i d s , and 

• The effect of s u l f i t e to sulfate r a t i o (oxidation f r a c 
tion on adipic acid coprecipitation. 

In the f i r s t series of tests 1.0 M Na 2 S 0 3 and 1.0 M NaaSOt* 
were separately dripped into s t i r r e d solutions of 0.5 M CaCl2 at 
50 C. In tests with Na2SÛ3, a nitrogen blanket was maintained 
over the solutions and boiled deionized water was used to prepare 
reagents. The pH was maintained at 4.6 and 5.5 by dropwise addi
tion of hydrochloric acid. To test the surface absorption mech
anism, about 3,000 ppm adipic acid was added to the s l u r r i e s after 
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p r e c i p i t a t i o n had occurred. To test occlusion/solid solution 
formation, about 3,000 ppm adipic acid was added before p r e c i p i 
tation occurred. The amount of absorbed and occluded adipic acid 
was then determined by analysis of f i l t e r e d and dried solids. 
The cake analysis was corrected for the amount of adipic acid c a l 
culated to have been associated with the water in the wet cake 
based on weight percent solids i n the cake and the measured con
centration of adipic acid i n the slurry liquor. A summary of test 
results i s given i n Table IV. 

Table IV. Summary of Test Results for Addition of Adipic Acid 
Before and After Solids Precipitation 

Solids 
Solution pH 

Phase Before 

CaS03 *^H20 
'CaSO^HaO 

15,500yg/g 
640yg/g 

<500yg/g 
<500yg/g 

15,000yg/g 
770yg/g 

<500yg/g 
<500yg/g 

Several conclusions can be made based on these results: 
• The major mechanism for adipic acid coprecipitation i s 

occlusion or s o l i d solution formation and not surface 
absorption although absorption could s t i l l occur at the 
<500 ppm l e v e l . 

• The extent of adipic acid coprecipitation i s highly i n 
fluenced by the oxidation f r a c t i o n of the scrubber solids 
( s u l f i t e versus s u l f a t e ) , 

• The scrubber slurry pH does not s i g n i f i c a n t l y effect 
adipic acid coprecipitation (at least over the pH range 
tests) . 

The second series of batch pre c i p i t a t i o n tests was performed 
at pH 4.6 with various levels of adipic acid added before solids 
were precipitated and at intermediate levels of sulfate f r a c t i o n 
i n the product s o l i d s . The results of these tests and selected 
similar tests from the f i r s t test sequence are summarized i n 
Table V. The r a t i o of [Ad]s/[Ad]£ i s plotted against the percent 
sulfate i n the solids i n Figure 6. Examination of the plot i n 
Figure 6 as well as a simple inspection of the data shows that 
the concentration of adipic acid i n the solids i s d i r e c t l y pro
portional to the concentration of adipic acid i n the slurry solu
tion but inversely proportional to the f r a c t i o n of sulfate i n the 
solids formed. The exact relationship for solids adipic acid 
concentration versus solids sulfate f r a c t i o n does not appear to be 
linear and this may be related to a change i n mechanism from pre
dominately sulfate coprecipitation at low oxidation levels to 
gypsum formation at high oxidation l e v e l s . Note the s i m i l a r i t y 
of the data i n Figure 6 with that from the bench-scale tests 
shown i n Figure 5. 
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Figure 6. Normalized concentration of adipic acid in solids vs. percent sulfate in 
solids. 
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Table V. Summary of Test Results for Various Adipic Acid 
Concentration and Solids Oxidation Levels 

% Oxidation 
In Solids 

Adipic acid Acipid Acid 
Concentration Concentration 

In Solution (ppm) In Solids (ppm) [Ad] s/[Ad]jt 

<1.0 
3.4 
3.7 
6.0 
7.0 
12.0 
13.0 
21.0 
26.0 

2,400 
3,100 
2,300 
9,300 
5,800 
9,100 
6,600 
3,50
3,60
3,100 
3,500 

16,200 
15,000 
14,800 
46,500 
28,400 
31,300 
26,600 

6.8 
4.8 
6.4 
5.0 
4.9 
3.4 
4.0 

0.2 
0.2 

100.0 
100.0 

640 
770 

Solids from the batch pr e c i p i t a t i o n tests were also examined 
by scanning electron microscopy. In tests where no adipic acid 
was added, the calcium s u l f i t e solids formed a single p l a t e l e t 
c r y s t a l . However, upon addition of 3,000 ppm adipic acid prior 
to solids p r e c i p i t a t i o n , the calcium s u l f i t e crystals formed as 
platelet clusters or rosettes. As the concentration of adipic 
acid was increased the crystals became smaller and less p l a t e - l i k e 
u n t i l at 10,000 ppm adipic acid i n the slurry solution the crys
ta l s were submicron i n size and resembled popcorn shaped spheres 
(5). These results suggest that adipic acid effects the nuclea-
tion rate of calcium s u l f i t e and certainly can d r a s t i c a l l y change 
the p a r t i c l e size d i s t r i b u t i o n and c r y s t a l morphology of p r e c i p i 
tated s o l i d s . 

The batch pr e c i p i t a t i o n tests show dramatic effects of 
adipic acid slurry concentration and s o l i d phase oxidation f r a c 
tion on coprecipitation of adipic acid i n scrubber sol i d s . Real 
world scrubbers would probably never operate at adipic acid con
centrations as high as those tested and would also not l i k e l y 
ever produce pure phase calcium s u l f i t e hemihydrate. Therefore, 
the magnitude of the results observed i s somewhat a product of 
the laboratory test conditions. The results do, however, estab
l i s h the potential importance of adipic acid coprecipitation and, 
hence, the need for analysis of scrubber solids for adipic acid 
when determining adipic acid chemical degradation rates by a mass 
balance calculation approach. 

Conclusions 

Conclusions resulting from the bench-scale investigation of 
adipic acid degradation are l i s t e d below. 
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1) S u l f i t e oxidation i s a necessary and s u f f i c i e n t condition 
for adipic acid degradation. The results of baseline 
testing, show that the degradation rate i s d i r e c t l y pro
portional to the s u l f i t e oxidation rate. The adipic acid 
degradation rate i s also dependent on the adipic acid con
centration. 

2) Manganese ions i n the hold tank resulted i n a decrease i n 
the adipic acid degradation rate. Since manganese i s a 
s u l f i t e oxidation catalyst, the decrease i n the degrada
tion rate i s most l i k e l y associated with a change i n the 
s u l f i t e oxidation mechanism. The adipic acid degradation 
rate was found to depend on pH when manganese ions were 
present. 

3) Lower adipic acid degradation rates were observed when 
Springfield limestone
alkaline species
soluble manganese i n the limestone. 

4) Adipic acid degradation was found to depend on tempera
ture. An Arrhenius activation energy of 10.6 Kcals/mole 
was observed. 

5) Large amounts of adipic acid were coprecipitated or 
occluded i n the scrubber sol i d s . The concentration of 
adipic acid i n the solids was a function of both the 
li q u i d phase adipic acid concentration and the oxidation 
f r a c t i o n i n the solids. 

The results from bench-scale adipic acid degradation testing 
can be used to estimate the adipic acid degradation rate and the 
t o t a l consumption rate of adipic acid for f u l l - s c a l e systems. An 
example of such an estimate i s given i n Figure 7. This figure 
shows the t o t a l consumption of adipic acid resulting from losses 
due to chemical degradation and losses i n both the so l i d and 
l i q u i d phases of the f i l t e r cake as a function of percent solids 
oxidation. The bases of this estimate are given below: 

• The chemical adipic acid degradation rate constant, K^, 
was assumed to be 0.5 M""1. This i s t y p i c a l of the degra
dation expected at pH 5.1 for systems i n which manganese 
i s present at concentrations of about 20 ppm. 

• The l i q u i d phase adipic acid concentration was assumed to 
be 2000 ppm. 

• The weight percent solids i n the f i l t e r cake, from which 
the adipic acid loss i n l i q u i d associated with the f i l t e r 
cake i s calculated, was assumed to be that determined 
during f u l l - s c a l e testing i n Springfield. Ten percent of 
the t o t a l solids were assumed to be inerts, either from 
the f l y ash or the limestone. 

• The loss of adipic acid coprecipitated or occluded i n the 
waste solids was estimated from the bench-scale r e l a t i o n 
ship i l l u s t r a t e d i n Figure 5. 

• Closed loop operation was assumed. That i s , no blow-down 
or miscellaneous slurry losses were considered. 
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Figure 7. Estimated total adipic acid losses due to chemical degradation, copre
cipitation or occlusion in the solids, and liquid entrained in the filter cake vs. 
percent oxidation. Key: a, total loss of adipic acid; b, loss of adipic acid due to 
chemical degradation; c, loss of adipic acid due to coprecipitation or occlusion in 
the solids; and d, loss of adipic acid in liquid entrained in the filter cake solids. 
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The results given i n Figure 7 show that each of the three 
major loss mechanisms can be responsible for the largest f r a c t i o n 
of the t o t a l adipic acid loss, depending on the percent oxidation. 
At oxidation levels up to 15 percent, the largest loss of adipic 
acid i s due to coprecipitation i n the solids. From 15 to 20 per
cent oxidation, the loss of adipic acid i n the l i q u i d associated 
with the f i l t e r cake represents the largest loss. About 30 per
cent oxidation, the chemical degradation of adipic acid predomi
nates. Also, the t o t a l loss function i s seen to pass through a 
minimum at roughly 30 percent oxidation. 

The above example i s intended to i l l u s t r a t e the adipic acid 
loss p r o f i l e for a t y p i c a l f u l l - s c a l e FGD system. Naturally, 
this p r o f i l e can change considerably depending on operating con
ditions and s i t e - s p e c i f i c factors. In the above example, degrada
tion losses were based
predicted adipic acid degradatio
ganese. If the pH was reduced to 4.6 for example, a lower chemi
cal degradation rate would be expected and the t o t a l loss curve 
would become f l a t t e r and less dependent on percent oxidation. The 
opposite would be the case for operation at pH 5.5. Losses due to 
chemical degradation are also affected by the concentration of 
manganese, the hold tank temperature, and the adipic acid concen
tration. 

Losses of adipic acid i n l i q u i d associated with the f i l t e r 
cake can also be expected to be s i t e - s p e c i f i c due to differences 
i n solids dewatering equipment. The percent solids achieved i n 
the f i l t e r cake may also be affected by the concentration of 
adipic acid. 

Losses of adipic acid through blowdown or s p i l l s were not 
considered i n this example. In some FGD i n s t a l l a t i o n s this loss 
mechanism may represent a large f r a c t i o n of t o t a l adipic acid 
losses. 
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Buffer Additives for Lime/Limestone Slurry 
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Buffer additive
removal and/or CaCO3 utilization in lime/limestone 
slurry scrubbing processes for flue gas desulfurization. 
This work was sponsored by EPA to provide experimental 
data on commercial synthesis, gas/liquid mass transfer 
enhancement, and oxidative degradation of useful buffer 
additives. 

Sulfopropionic and sulfosuccinic acids were synthe
sized by addition of bisulfite to unsaturated acids. At 
pH 5, 55°C, and 0.5 Ν ionic strength, the second-order 
rate constants and activation energies for sulfonation of 
acrylic, fumaric, and maleic acids were, respectively; 
0.21 M-1 min-1, 14 kcal/gmol; 0.031 M-1 min-1, 6.1 kcal/ 
gmol; and 0.52 M-1 min-1, 17 kcal/gmol. β-Hydroxypropionic 
acid was synthesized by hydration of acrylic acid at 100 
to 140°C with catalysis by H2SO4 or H+-loaded cation 
exchange resin. At 100°C the second-order hydration rate 
constant was 0.11 M-1 hr-1 with an activation energy of 
17 kcal/gmol. 

Enhancement of SO2 absorption by buffers was measured 
at 55°C in 0.3 M NaCl and 0.1 M CaCl2 for acetic, adipic, 
hydroxypropionic, sulfopropionic, and sulfosuccinic 
acids and for basic aluminum sulfate. These results were 
correlated by mass transfer with equilibrium reactions. 
Sulfopropionic acid and basic aluminum sulfate were less 
effective than expected. Relative economics were devel
oped for these and seven additional buffers. 

Organic acid oxidation in conjugation with oxidation 
of CaSO3 slurry was studied for seven acids. Degradation 
of adipic acid and other aliphatic and sulfo carboxylic 
acids was least at pH 4.3 with 1.0 mM dissolved Mn and 
greatest at pH 5.5 without Mn. Hydroxypropionic and 
hydroxyacetic acids inhibited sulfite oxidation and were 
less subject to degradation. Fumaric acid degraded 
faster than the other alternatives. 

0097-6156/82/0188-0243$6.75/0 
© 1982 American Chemical Society 
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The most attractive acids for further testing are 
adipic, sulfosuccinic, hydroxypropionic, and hydroxy-
acetic. 

Lime/limestone slurry scrubbing is the dominant commercial 
technology for flue gas desulfurization (1). SO2 is absorbed at 
50-55°C and pH 5.5-6.0 in an aqueous slurry of excess CaC03 and 
product solids. The CaS03/CaS04 product is disposed of as solid 
waste. With greater than 500-1000 ppm SO2 in the flue gas, SO2 
absorption is controlled by liquid-film mass transfer resistance 
because of the limited solubility of SO2 gas and alkaline solids. 
Additives that buffer between pH 3 and pH 5.5 enhance S02 
absorption by providing dissolved alkaline species for reaction 
with SO2 (8). 

The most extensive earl
TVA who screened a large number of organic acids including adipic, 
phthalic, and hydroxyacetic (2) and tested benzoic acid in labora
tory and pilot plant CaC03 scrubbing systems Ç3,40 . Independently 
at the same time, Chemico Corp. tested and was issued a patent on 
the use of formic, acetic, and propionic acids in CaC03 slurry 
scrubbing (5). Wasag ej: al. (6)tested several organic acids in 
a bench-scale scrubber and concluded that citric acid was a 
superior alternative. 

Rochelle evaluated additional organic acids including 
sulfopropionic and sulfosuccinic. He developed a model for mass 
transfer with irreversible reactions which predicted that as 
litt le as 3 to 12 mM organic buffer would be effective in improv
ing SO2 absorption (8). He showed that buffer additives should 
be especially attractive when used with forced oxidation in a 
limestone slurry scrubbing system (JL) . At the advice of Rochelle, 
adipic acid was tested by EPA in the 300cfm pilot plant at 
Research Triangle Park (9) and in the 10 MW scrubbers at the TVA 
Shawnee power plant (10, 11, 12). The EPA development program 
has culminated in a 194 MW demonstration at Springfield, Missouri 
(13). 

The testing at Shawnee has shown that adipic acid is effect
ive at concentration levels of 3 to 20 mM. SO2 removal at typical 
operating conditions was increased from 80-85% without adipic acid 
to 95-99% with 10 to 20 mM adipic acid. Simultaneously limestone 
utilization was increased from 70-80% to 90-95%. 

An attractive buffer additive should be inexpensive, should 
provide mass transfer enhancement at low concentrations, and 
should be nonvolatile and chemically stable at scrubber conditions 
This paper is a report of work sponsored by EPA to provide 
experimental data for the evaluation of buffer additive alterna
tives . 

The important classes of inexpensive, nonvolatile buffers 
include polycarboxylic acids such as adipic, hydroxycarboxylic 
acids such as hydroxypropionic, and sulfocarboxylic acids such 
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as sulfopropionic. Some of these alternatives are not commer
c i a l l y available and must be synthesized from inexpensive raw 
materials. Cavanaugh (14) demonstrated the synthesis of hydroxy-
propionic, sulfopropionic, and sulfosuccinic acids. In this 
paper, we present quantitative reaction kinetics for the synthesis 
of these three alternatives (15). 

Mass transfer enhancement depends on the buffering proper
ti e s and d i f f u s i v i t y of the additive. Cavanaugh (14) measured 
effective pk a values of buffer alternatives at scrubber conditions. 
Chang and Rochelle (16) developed a model of enhancement based 
on mass transfer with equilibrium reactions and experimentally 
demonstrated i t s effectiveness with acetic and adipic acid at 
25°C. In this paper, we present experimental and model results 
at 55°C with several buffer alternatives (17). 

Organic acids are
laboratory and p i l o t plan
acid oxidizes i n conjugation with s u l f i t e oxidation i n the 
scrubber. This paper reports oxidative degradation rate of adipic 
acid as a function of pH and Mn concentration (19). Results are 
also presented on sulfopropionic, sulfosuccinic, succinic, 
hydroxypropionic, and hydroxyacetic acids (20). 

Buffer Synthesis 

Sulfo and hydroxy carboxylic acids are attractive as buffer 
additives because the additional hydrophilic groups make both 
the buffer and i t s degradation products nonvolatile i n aqueous 
solution. Keller (21) patented the use of sulfosuccinic acid i n 
a flue gas desulfurization process using H2S regeneration. 
Rochelle (7) evaluated available k i n e t i c data on s u l f i t e addition 
to maleic or a c r y l i c acid to give sulfosuccinic or 3-sulfopropicrric 
acid. Cavanaugh (14) demonstrated the f e a s i b i l i t y of hydrating 
a c r y l i c acid with H2SO4 catalysis at 100°C to get β-hydroxy-
propionic acid. 

This paper reports measurements of reaction kinetics for 
sulfonation of maleic, fumaric, and a c r y l i c acids by s u l f i t e 
addition and for hydration of a c r y l i c acid with catalysis by 
H2SO4 or cation exchange resin. The kinetics were measured by 
sampling of isothermal batch reactors. 

In sulfonation experiments the extent of reaction was 
determined by iodine t i t r a t i o n for t o t a l s u l f i t e . Solutions 
i n i t i a l l y containing 0.05 to 0.20 M unsaturated acid were main
tained at approximate pH values by lactate, acetate, or phosphate 
buffers. NaCl, CaCl2, or MgCl2 were added to give changes i n 
ionic environment. 

In hydration experiments, a c r y l i c acid was determined by ion 
exclusion chromatography (ICE) on a Dionex ion chromatograph. 
Hydroxypropionic acid was evident on the chromatograms, but was 
not quantified because of the lack of an adequate standard. 
Hydration was catalyzed at 100 to 140°C by 0.1 to 1.5 M H2SO4 or 
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by ΙΓ^-Ioaded sulfonated polystyrene resin (Dowex 50W-X4) with an 
exchange capacity of 1.3 meq/cm^ (wet basis) and 67% moisture 
content. 

Sulfocarboxylic Acids. Measured sulfonation rate constants 
are presented i n Table I. The sulfonation reactions follow a 
second-order mechanism: 

rate (M/min) = k g [ a c i d ] T [ S O ^ 

The rate constants do not vary s i g n i f i c a n t l y from pH 3.5 to 7.0, 
but no reaction occurs at pH 2 or 13. The sulfonation rates 
increase with ionic strength. With fumaric and maleic acids, 
there may also be an additional c a t a l y t i c effect of Mg*"*" or Ca"*"*. 

The second-order rat
at 1.2 Ν ionic strengt

a c r y l i c : k s = 4.48 χ 10 8 exp (-14,100/RT) 

fumaric: k s = 372 exp (-6100/RT) 

maleic: k s = 2.38 χ 1 0 1 1 exp (-17,500/RT) 

At 55°C with 0.5N ionic strength the constants are 0.21 M"1 min" 1 

for a c r y l i c , 0.031 M"1 min""1 for fumaric, and 0.52 M"1 min" 1 for 
maleic. 

At 80°C, Hagglund and Ringbom (22) measured rate constants 
of 0.3 to 0.8 M"1 min" 1 for a c r y l i c acid, 0.086 M"1 min" 1 for 
fumaric acid, and 0.16 M"1 min" 1 for maleic acid. These compare 
to our extrapolated values at 80°C of 0.96, 0.062 and 3.5 M"1 

min" 1, respectively. Our higher value with maleic acid may be a 
result of higher ionic strength or different pH. At 25°C and 
pH 3-5, Van Der Zanden (23) measured rate constants of 0.0019 M"1 

min" 1 and 0.0040 M - 1 min~T for fumaric and maleic acids, 
respectively, compared to our higher values of 0.012 and 0.035 M"1 

min" 1. Morton and Landfield (24) measured activation energies of 
12.4 to 18.0 kcal/gmol for sulfonation of several unsaturated 
n i t r i l e s and esters, comparable to our values for maleic and 
a c r y l i c acids. However, our sulfonation rates at 25°C for a c r y l i c 
and maleic acids are 50 to 100 times faster than the measured 
rates for a c r y l o n i t r i t e and methyl aerylate. 

Because dissolved s u l f i t e i s present i n a t y p i c a l Ca0/CaC03 
scrubber system, i t i s conceivable that unsaturated acids would 
sulfonate i f added d i r e c t l y to the scrubber system. For the 
sulfonation reactions, a scrubber system can be characterized as 
a completely s t i r r e d tank reactor with a residence time equal to 
the r a t i o of solution inventory and the rate of loss of solution 
with the waste soli d s . Assuming 10 mM t o t a l dissolved s u l f i t e , 
55°C, 0.5 Ν ionic strength, and 130 hours residence time, the 
fraction of unsulfonated acid that would leave the system i s 6% 
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Table I: Sulfonation Rates of Unsaturated Acids 

247 

T(°C) jpH 
Total Na Ionic Strength 

(M) (N) (M _ 1 min-
Ac r y l i c Acid 

jpH 

25 4.2 0.90 0.45 0.020 
24 4.8 0.70 0.35 0.022 
24 4.8 0.80 0.40 0.021 
25 4.9 0.80 0.45 0.025 
26 4.9 0.90 0.45 0.027 
55 3.3 0.10a 1.05 0.21 
55 3.6 0.70 0.35 0.21 
55 4.3 3.20 1.60 0.43 
55 4.3 0.20C 2.10 0.46 
55 4.9 
55 6.8 

Fumaric Acid 
25 5.4 1.24 0.45 0.012 
55 4.3 0.98 0.49 0.033 
55 4.7 1.26 0.63 0.031 
55 4.9 0.40b 1.0 0.11 
55 6.1 1.32 0.66 0.038 
55 7.1 1.25 0.62 0.031 
55 12.9 1.21 0.60 NR 

Maleic Acid 
25 4.7 0.90 0.45 0.035 
55 3.3 0.10* 1.05 0.31 
55 4.6 1.08 0.54 0.52 
55 5.1 0.20b 0.90 0.97 

a p l u s 0.5 M Ca 4*, b p l u s 0.4 M Mg"* , plus 1. 0 M Mg44". 

Table II: Hydration of A c r y l i c Acid a 

A c r y l i c Acid H2SO4 kh ί 

T(°C) (M) (M) (M-lhr-1) 
55 2.0 1.5 NR 
100 2.0 1.0 0.11 
100 2.0 resin 0.11 
105 2.0 1.5 0.20 
105 2.0 0.5 0.15 
105 4.0 0.5 0.26b 

105 2.0 0.1 0.18 
105 2.0 0 NR 
120 1.9 1.0 0.38 
140 2.0 1.5 >1.6 

a — χ — j . forward + reverse rate constants (M hr ) 
^includes polymerization 
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for a c r y l i c , 29% for fumaric, and 4% for maleic. Therefore, 
in s i t u sulfonation i s feasible for a c r y l i c acid and maleic acid, 
but i s only p a r t i a l l y effective for fumaric acid. 

A c r y l i c acid and maleic anhydride (the commercial form of 
maleic acid) require some precautions for safe handling. If 
these precautions are unacceptable to the user, these unsaturated 
acids can be easily sulfonated o f f s i t e by reaction with sodium 
s u l f i t e . Sodium sulfosuccinate was prepared successfully by 
adding 3.3 gmol Na2S03 and 3.0 gmol maleic anhydride to one l i t e r 
of water. The temperature increased from 25 to 80 C and the 
solids dissolved within one minute. The solution did not 
precipitate when cooled to 6°C. Therefore, the sulfonated acids 
could probably be prepared i n a tank car and shipped as concen
trated solution d i r e c t l y to the user. 

Sulfopropionic and
subsequent laboratory us
a c r y l i c or maleic acid i n 1 l i t e r of water at 55°C for 10 to 15 
hours. U t i l i z a t i o n of the s u l f i t e was 95 to 98% as determined by 
iodine t i t r a t i o n . 

Hydroxypropionic Acid (HP). Measured hydration rate for 
a c r y l i c acid are presented i n Table I I . The hydration reaction i s 
f i r s t - o r d e r i n a c r y l i c acid (AA) and f i r s t - o r d e r i n H"*". The 
reaction i s reversible at high conversions, but the data i n Table 
2 were taken at low conversions and assume the reaction i s 
i r r e v e r s i b l e so that only the forward rate constant i s given. 
The net reaction rate i s given by: 

rate (M/hr) = k^H+HAA] -(k f /Κ) [H+] [HP] 

where the equilibrium constant Κ i s defined by: 

Κ = [HP]/[AA] 

In Table 2, the H + concentrations were estimated assuming 1 mole 
tf^/mole H2SO4 or from the nominal exchange capacity of the resin. 
The second-order forward rate constant (M""1 hr~l) for both resin 
and H2SO4 catalysis i s correlated by: 

k h = 1.14 χ 10 9 exp (-17,000/RT) 

In at least one experiment (105°C, 4 M AA, 0.5 M H2SO4) 
there was v i s u a l evidence of a c r y l i c acid polymerization, giving 
a faster apparent rate constant. Polymerization should be 
minimized by reduced a c r y l i c acid concentrations and increased 
catalyst concentrations. 
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Pressman and Lucas (25) measured rates and equilibrium for 
up to 0.05 M a c r y l i c acid i n perchloric acid with the following 
results : 

T(°C) k f (M^hr" 1) Κ 

110.6 0.159 11.3 
119.8 0.296 9.27 
134.7 6.79 

Their activation energy (20.4 kcal/gmol) was somewhat higher than 
ours (17 kcal/gmol). Their rate constant at 120°C (0.296 M-l-hr"1) 
was somewhat lower than ours (0.38 M ^ h r " 1 ) . 

Using our measured rate data and e q u i l i b r i a from Pressman 
and Lucas, the estimate
conversion with 1 M H2SO
plug flow reactor, 85 hours for a single completely s t i r r e d tank 
reactor (CSTR), or 33 hours for two CSTR's i n series. If the 
reaction was carried out at the scrubber s i t e , no additional 
p u r i f i c a t i o n should be required, but there would be a makeup 
requirement for s u l f u r i c acid. 

Hydroxypropionic acid for subsequent laboratory tests was 
taken from the f i n a l solution of the experiment at 105°C with 2 
M a c r y l i c acid and 1.5 M H2SO4. After 13 hours the t o t a l 
conversion of a c r y l i c acid to hydroxypropionic acid was 85%. 

Gas/Liquid Mass Transfer Enhancement 

Chang and Rochelle (16) measured SO2 absorption at 25°C i n a 
continuous s t i r r e d reactor with an unbroken gas/liquid interface. 
They varied Ps02> Ρ**» and concentrations of acetic acid and 
adipic acid i n 0.3 M NaCl. Because SO2 absorption was quantified 
by liquid-phase material balance, there were no experiments with 
greater than 1 mM t o t a l dissolved s u l f i t e . 

The apparatus used by Chang and Rochelle was modified for 
this work (17). Heating tape was added to l i q u i d and gas stream 
i n l e t s to permit operation at 55°C. Gas phase analysis and flow 
measurement were refined, and S02 absorption rate was determined 
by gas-phase material balance, permitting operation with high 
concentrations of sulfate and t o t a l s u l f i t e . Tighter pH control 
was achieved by continuously adding 1.0 M NaOH d i r e c t l y to the 
reactor. 

The apparatus was characterized at 55°C and 540 rpm by SO2 
absorption into 0.3 M NaOH giving k gA of 4.93 χ 10~ 3 gmol/bar-sec 
and into 0.3 M HC1 giving k?A of 1.5 χ 10~3&/sec. Experiments 
were performed i n 0.3 M NaCl or 0.1 M CaCl 2 at pH 5.5 or 4.2 with 
0 to 40 mM of adipic, acetic, sulfopropionic, sulfosuccinic, or 
hydroxypropionic acids or AICI3. The gas-phase SO2 concentration 
was adjusted to give about 1000 ppm at the gas-liquid interface. 
The enhancement of the l i q u i d - f i l m mass transfer c o e f f i c i e n t by 
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chemical reaction was calculated from S02 absorption rate, SO2 
gas concentration, SO2 Henry fs constant, k°A, and kgA as i n 
Chang and Rochelle (16). 

Chang and Rochelle (16) developed an enhancement factor 
model based on approximate surface renewal with multiple e q u i l i 
brium reactions. Their model included e q u i l i b r i a among and 
di f f u s i o n of the solution species: H+, SO2, HSO3, SO3, H2A, 
HA™, and A". The pK a values of the buffer species, H2A, HA~, 
and A~, could be adjusted to represent any appropriate buffer. 
A c t i v i t y c oefficients were calculated from a modified Debye-
Huckel l i m i t i n g law (26). 

The model of Chang and Rochelle (16) was used i n this work 
with appropriate equilibrium constants and d i f f u s i v i t i e s to 
represent operation at 55°C i n 0.3 M NaCl or 0.1 M CaCl2 (Tables 
III and IV). Because the
d i f f u s i v i t i e s i n NaCl solutio
at i n f i n i t e d i l u t i o n and 25°C (16), assuming that the d i f f u s i v i t y 
ratios were independent of temperature and NaCl concentration. 
The equilibrium constants i n NaCl solution were generally 
assumed to be independent of temperature and are based primarily 
on measurements by Cavanaugh (14) and the equilibrium program 
by Lowell et a l . , (26). The s o l u b i l i t y of undissociated SO2 i n 
water was given by Rabe and Harris (27): 

[S0 2] = P S O 2 / H 

H = exp (-9.3795 + 2851.1/T) 

Effective equilibrium constants i n 0.1 M CaCl2 were measured 
by Cavanaugh (14) or estimated by the Radian equilibrium program 
(26). As given i n Table IV, these constants include the effects 
of ionic strength and ion pairing on the a c t i v i t y of the anions. 
Ion pairs, such as CaSOg, are not treated as separate species, 
but are accounted for as an effect on the a c t i v i t y of simple 
ions, such as SO3. 

Empirically, i t was found that d i f f u s i v i t i e s i n 0.1 M CaC^ 
were consistently less than i n 0.3 M NaCl. To get good correla
tion of the experimental data the d i f f u s i v i t i e s of a l l monovalent 
anions were reduced 25% and the d i f f u s i v i t i e s of a l l divalent 
anions were reduced 45% from their values in 0.3 M NaCl. Weems 
(17) presents more extensive data on the effects of Na +, Mg"*"*", 
and Ca -^ on the d i f f u s i v i t i e s of SO3 and HSO3. 

Figure 1 compares calculated and measured values of the 
l i q u i d - f i l m enhancement factor with f i v e buffers. The calculated 
values are within 10% of the measured values. In order to f i t 
the measured data, the d i f f u s i v i t y of sulfopropionic acid was 
reduced by an additional 50% from the value estimated by Chang 
and Rochelle (16). 
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Table I I I . Physical Properties at 55°C, 0.3 M NaCl 

Buffer D i f f u s i v i t i e s χ 5 2 10 (cm /sec) pKf Values 
H2A HA A ρκι pK2 

Acetic 
H2A 

1.19d 1.09b 4.66 
Adipic 0.74a 0.72 0.71e 4.07f 5.10f 

Benzoic 1.21a 0.87b 4.05f 

Formic 1.46a 1.43b 3.60 
Hydroxyacetic 0.98a 0.91 3.60 
Hydroxypropionic 0.99a 0.91 4.33f 

Lactic 0.99a 0.91 3.60f 

4.6f Phthalic 0.72a 0.71 0.69b 3.02f 4.6f 

Succinic 
Sulfopropionic 
Sulfosuccinic 0.73a 0.70 0.66 3.33f 4.84f 

Fumaric 0.86a 0.84 0.81b 2.97 4.08 
Sulfate 1.20b 0.90b 1.55 
S u l f i t e 1.76e 1.33b 0.98b 2.02 7.4 

Measured by Albery et a l . (28) or estimated by his method, 

Estimated from ionic conductivities i n Ref. 29, 

CRef. 30, dRef. 31, 6Ref. 32, fRef. 14, g K a = a H +[A~]/[HA]. 

Table IV: Physical Properties at 55°C. 0.1 M CaCl? 

Buffer D i f f u s i v i t i e s χ 5 2 10 (cm /sec) pK a Values 
H2A HA A pKi pK2 

Acetic 1.19 0.82 4.45 
Adipic 0.74 0.54 0.39 3.98e 4.86e 

Benzoic 1.21 0.65 3.90e 

Formic 1.46 1.07 3.45 
Clyco l i c 0.98 0.68 3.42 
Hydroxypropionic 0.99 0.68 4.26e 

Lactic 0.99 0.68 3.36e 

Phthalic 0.72 0.53 0.38 2.82e 4.4e 

Succinic 0.86 0.53 0.45 3.86 5.01 
Sulfopropionic 0.45 0.30 4.06e 

Sulfosuccinic 0.55 0.39 0.36 3.14e 4.43e 

Fumerie 0.86 0.53 0.45 2.73 3.84 
Sulfate 1.20a 0.68 1.60b 

S u l f i t e 1.76 1.00 0.57 2.02b 6.2b 

a K a = a H+[A-]/[HA], bRef. 26, CRef. 14. 
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Figure 1. Comparison of measured and calculated liquid-film enhancement fac
tors with 0 to 40 mM buffer and 1000 ppm S02i at pH 5.5 and 25°C. Key: O, 
sulf osuccinic in 0.3 M NaCl; · , sulf osuccinic in 0.1 M CaCl2; A, hydroxypropionic 
in 0.1 M CaCU; • , sulfopropionic in 0.3 M NaCl; | , sulfopropionic in 0.1 M 
CaCh; V , acetic in 0.3 M NaCl; acetic in 0.1 M CaCU; +, adipic in 0.1 M 
CaCU; 0 > adipic in 0.3 M NaCl (pH 4.2); and • , adipic in 0.1 M CaCU (pH 4.2). 
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Experiments with up to 20mM AICI3 i n 0.1 M CaCl2 at pH 3.8 
gave no measureable enhancement of SO2 absorption, even though 
basic aluminum chloride i s an excellent buffer at pH 3.8. The 
Jack of effectiveness of the aluminum buffer may result from the 
formation of large, slow-moving polynuclear aluminum complexes, 
or it +may r e f l e c t a slow reaction rate between aluminum complexes 
and H . 

Figure 2 shows the calculated l i q u i d - f i l m enhancement factor 
for f i v e buffers as a function of buffer concentration i n 0.1 M 
CaCl2 at pH 5.5 with 1000 ppm SO2 at the gas/liquid interface. 
On a molarity basis, adipic acid i s most attractive and sulfo
propionic acid i s least attractive. With no buffer, the enhance
ment factor i s 7.2 because of the hydrolysis of SO2 and because of 
enhancement by SO3. At 10 mM to t a l adipic acid, the enhancement 
factor i s 20, or about 3

Figure 3 i l l u s t r a t e
enhancement of SO2 absorption. It gives the ra t i o of the over a l l 
mass transfer c o e f f i c i e n t , Kg, to the gas-film c o e f f i c i e n t , kg, 
as a function of a dimensionless parameters including adipic 
acid concentration. The over a l l coefficient includes an effect of 
k and the l i q u i d - f i l m enhancement factor which increases with 
adipic acid concentration. The r a t i o , Kg/kg, represents the 
fraction resistance of the gas f i l m and cannot exceed 1.0. 

Greater values of Kg/kg represent proportionately better 
scrubber performance. This s p e c i f i c figure i s v a l i d for scrubbers 
with r a t i o of mass transfer coefficients without enhancement given 
by H kg/kg equal to 0.2. 

As shown i n Figure 3, adipic acid w i l l have a greater effect 
with higher SO2 gas concentration, because at lower concentration 
S02 absorption i s already controlled mostly by gas f i l m resistance. 
With less t o t a l dissolved s u l f i t e , l i q u i d - f i l m resistance i s 
reduced by SO2 hydrolysis to ΐ& and HSO3, even i n the absence of 
buffer. 

In a l l cases, the curves asymptote to gas phase control with 
an abscissa value of 10 to 40. 10 mM adipic acid and 10 mM 
s u l f i t e at pH 5 with 2500 ppm SO2 gives Kg/kg of 0.91. This 
corresponds to an improvement of 1.8 because of adipic acid 
addition. 

Table V gives the calculated concentrations of twelve buffers 
required to get an enhancement factor of 20 i n 0.1 M CaCl2 with 
10 mM t o t a l s u l f i t e at pH 5.0 with 1000 ppm SO2 at the gas l i q u i d 
interface. Relative costs have been caluclated assuming that 
makeup rates would be proportional to concentration 

Formic and acetic acids are most attractive, but would prob
ably be v o l a t i l e under scrubber conditions (8). Succinic and 
l a c t i c acids would not be cost-effective i f purchased at market 
price. Fumaric acid i s more subject to oxidative degradation. 
Phthalic and Benzoic acids may give undesirable aromatic degrada
tion products. Therefore, the most useful buffers appear to be 
hydroxypropionic, sulfosuccinic, fumaric, sulfopropionic, adipic, 
and hydroxyacetic. 
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0 5 10 15 20 
BUFFER CONCENTRATION ( m M ) 

Figure 2. Calculated effect of buffer alternatives on the liquid-film enhancement 
factor, 0.1 M CaCl2, 55°C, pH 5.5, 3 mM total sulfite, 1000 ppm S02i. 

041 , ι 1 1 1 I 
1 2 5 10 15 20 40 
( H P S 0 2 + [ H A - ] + 2 [ A = ] ) / H P S 0 2 

Figure 3. Overall mass transfer enhancement by adipic acid, 55 °C, 0.1 M CaCU 
pH 5. Total sulfite: ,0 mM; and , 10 mM. 
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Table V: Relative Costs of Organic Acids, 
0=20, 55°C, pH 5.0, 0.1 M CaCl2, 10 mM t o t a l s u l f i t e , lOOOppm SQ2L 

Concentration Price Relative 
Organic Acid (mM) ($/lb mol) Cost 
Formic 21.1 12.28 0.28 
Acetic 15.6 21.62 0.37 
Hydrosypropionic 19.7 34.59 0.75 
Sulfosuccinic 16.3 43.15 0.77 
Sulfopropionic 25.6 34.59 0.97 
Adipic 11.8 77.45 1.00 
Phthalic 18.1 55.58 1.10 
Benzoic 17.0 57.46 1.13 
Fumaric 19.1 66.16 1.38 
Hydroxyacetic 32.0 39.66 1.39 
Succinic 
Lactic 

Oxidative Degradation 

Unexpected loss of adipic acid accompanied by v a l e r i c acid 
odor was f i r s t observed by Borgwardt (9) i n p i l o t plant testing 
of adipic acid with forced oxidation. These observations were 
confirmed by larger scale tests at the Shawnee test f a c i l i t y (10). 
Additional Shawnee results have shown that unexpected losses are 
reduced at pH less than 5.0 and increased by forced oxidation 
(12). Radian analyzed f i e l d samples and found si g n i f i c a n t 
quantities of v a l e r i c acid and glutar i c acid (18). They were 
able to duplicate this degradation of adipic acid by oxidizing 
CaS03 slurry i n the presence of adipic acid (33, 34). Later more 
extensive work by Radian has shown that unexpected losses of 
adipic acid can also occur by i t s coprecipitation i n CaS03 solids 
(35)· 

Conjugated oxidation of carboxylic acids probably occurs by 
reaction with free radicals generated by s u l f i t e oxidation. There 
is extensive l i t e r a t u r e on the conjugated oxidation of carboxylic 
acids with the oxidation of hydrocarbons or alcohols (36, 37, 38). 
The products of such conjugated oxidation are C02 and mono or 
dicarboxylic acids of shorter chain length than the o r i g i n a l acid. 
Hence, conjugated oxidation of adipic acid could give CO2, 
glutaric acid, v a l e r i c acid and perhaps succinic acid and butyric 
acid. 

The rate of carboxylic acid oxidation should be proportional 
to the rate of s u l f i t e oxidation and the acid concentration: 

d[A] 
d[S05]T ""d k J A ] 
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With batch oxidation of CaS03 slurry the integrated rate equation 
i s : 

ln([A]./[A]) = k d([SO=] T. - [ S O ^ ) 

The rate constant, kd, should be reduced at higher dissolved 
s u l f i t e because of reduced free r a d i c a l concentrations at a given 
oxidation rate. The degradation rate may also be affected by 
s u l f i t e oxidation catalysts or inhibitors that would change the 
concentrations and types of intermediate free r a d i c a l species. 

In this work, oxidation of 5 to 20 mM carboxylic acid has 
been measured during batch oxidation of 1 to 2 M CaS03 slurry 
at 55°C with pure oxygen sparged into an agitated reactor. CaS03 
solids were usually synthesized by t i t r a t i o n of 1 M CaCl2 with 
1 M Na2S03 followed by f i l t e r i n g
was analyzed for t o t a l s u l f i t
solution was analyzed for the s p e c i f i c carboxylic acids by a 
Dionex ion chromatograph using ion chromatography (IC) or ion 
exclusion chromatography (ICE) (19). 

I n i t i a l work was performed i n a glass reactor with good 
temperature control but no pH control. During the experiment 
pH d r i f t e d upward and the rate of oxidation decreased. The 
glass reactor was poorly agitated and complete oxidation of 2 M 
CaS03 slurry required 15 to 20 hours, even with 110 ml/min of 
oxygen. 

Later work was performed i n a plexiglass reactor with pH 
control by continuous addition of H2SO4. Because of poor thermal 
conductivity, the temperature i n this reactor increased from 55 
to 70 or 80°C during the course of an experiment. The oxygen 
flow rate was 110 cm^/min. With agitation at 950 rpm, the 
maximum s u l f i t e oxidation rate was 0.4 to 0.5 M/hr; at 1340 rpm, 
i t was 0.6 to 0.7 M/hr. 

In a t y p i c a l experiment 5 to 10 samples were analyzed for 
carboxylic acid and t o t a l s u l f i t e . The rate constant, k^, was 
obtained from a plot of £n[A] versus t o t a l s u l f i t e . Figures 4 
and 5 show results of a t y p i c a l experiment. 

Table VI summarizes the results of experiments with adipic, 
sulfosuccinic, sulfopropionic, succinic, g l y c o l i c and hydroxy-
propionic acids. The results are reported as the s u l f i t e _^ 
oxidation rate (M/hr) and the degradation rate constant, kç[(M ). 
Analytical accuracy generally allowed determination of kd within 
t 0.1 M""l. In experiments with l i t t l e or no s u l f i t e oxidation, 
( A l l , HP3, HP5, HAÏ, HA3, HA4), there was no measurable degrada
tion of the carboxylic acid. Experiments with 5, 10, and 20 mM 
adipic acid (A21, A14, A18, A15, A23) showed that the degradation 
reaction i s f i r s t order i n the carboxylic acid concentration, as 
expected and modelled by k^. 
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T I M E ( h r ) 

Figure 4. Sulfite oxidation in two typical experiments. 
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Figure 5. Adipic acid degradation in two typical experiments. 
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Table VI! Oxidative Degradation of Carboxylic Acids 

S u l f i t e Oxidation Degradation 
Other Componenta Rate Rate 

Run £H (mM) (M/hr) (M~l) 

Glass Reactor, 110 ml/min O2, 500 ml slurry 
Sulfosuccinic (SS) 
SSI 5.0+ 0.07 -1.0 

Sulfopropionic (SP) 
SP1 5.0+ 0.07 -1.0 

Adipic (A) 
A l 5.0+ 0.0
A4 4.3+ 0.04 -1.1 
A5 5.0+ 0.04 1.7 

Plexiglass reactor, 110 ml/min O2, 950 rpm, 1 L slurry 
A7 4.3 1 Fe++ 0.46 1.2 
A8ic 5.0 0.1+ Mn 0.37 0.3 
A82 5.0 0.38 2.0 
A83C 5.0 0.1+ Mn 0.35 0.4 
A9 5.0 300 Na <5P4 0.44 0.3 
A10 4.3 1 Fe, 3 l M n 0.38 0.3 
A l l 6.0 0.0 0.0 

Plexiglass reactor, 1340 rpm 
A12 4.3 0.64 0.7 
A13 4.3 1 Mn 0.67 0.1 
A14 5.0 0.08 1.4 
A15 5.0 1 Mn 0.68 0.2 
A16 5.5 1 Mn 0.67 0.6 
A17 4.7 1 Mn 0.70 0.2 
A18 5.0 0.20 1.4 
A19 5.5 0.13 1.3 
A20 5.0 300 CaCl 2 0.45 1.1 
A21 5.0 5 A 0.26 1.6 
A22 5.0 300 MgS04 0.36 0.6 
A23 5.0 1 Μη, 20A 0.78 0.3 
A24 4.3 0.61 0.6 
A25 5.0 0.1 Mn 0.62 1.3 
A26 5.5 1 Mn 0.96 0.2 
AA1 5.5 1 Mn 0.33 0.6 
AA2 5.5 1 Mn, 10 HA 0.23 0.5 
AA3 4.5 1 Mn, 10 HA 0.55 0.07 
AA4 4.5 1 Na2S203 0.01 0 
AA5 4.5 1 Mn, 1 Na2S203 0.42 0.11 

Continued on next page. 
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Table VI - continued 

Succinic (S) 
SI 4.5 0.56 0.5 
S2 4.5 1 Mn 0.69 -0 
S3A 5.5 0.06 ~5 
S3B 5.5 1 Mn44", 6.3 S 0.38 0.2 
S4 4.5 0.33 Mn 0.41 ~0 
S5 4.4 0.1 M

β-Hydroxypropionic (HP) 
HP1 4.5 2HP 0.52 0.2 
HP2 4.5 1 Mn 0.49 ~0.1 
HP3 4.5 25 HP 0.06 ~0 
HP 4 5.5 25 HP, 1 Mn 0.57 ~0 
HP5 4.5 0.06 -0 

Hydroxyacetic (HA) 
HA1 4.5 0.04 -o 
HA2 5.5 1 Mn 0.74 ~0 
HA3 5.0 0.02 ~0 
HA4 5.0 0.1 Mn 0.06 -0 
HA5 5.0 0.3 Mn 0.37 -0.1 

AA2 5.5 1 Mn, 10 A 0.23 -0 
AA3 4.5 1 Mn, 10 A 0.55 -o 

Fumaric (F) 
F l 5.5 1 Mn 0.21 2.4 

I n i t i a l carboxylic acid concentration i s 10 mM unless noted 

bk d=d An[acld]/d[SO=] T 

These runs used purchased CaS0~ with Mn impurities 
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The s u l f i t e oxidation was usually at a maximum rate at pH 
4.3 or 4.5 or i n the presence of 1 mM Mn. This rate was probably 
limited by oxygen mass transfer and increased with increasing 
agitation. Without Mn, the s u l f i t e oxidation rate decreased 
with increasing pH and essentially stopped at pH 6.0. With 
agitation at 1390 rpm, the s u l f i t e oxidation rate without cata
l y s t s or inhibitors was t y p i c a l l y 0.5 to 0.7 M/hr at pH 4.3, 
0.08 or 0.26 M/hr at pH 5.0, and 0.06 to 0.13 M/hr at pH 5.5. 
In the absence of Mn, the oxidation rate was t y p i c a l l y faster 
at the end of an experiment than at i t s beginning. 

Manganese had a c a t a l y t i c effect on s u l f i t e oxidation at 
concentrations as low as 0.1 mM (A25). At pH 5 or 5.5, 1 mM Mn 
permitted oxidation at the maximum rate of 0.6-0.7 M/hr. 

Hydroxyacetic and hydroxypropionic acids inhibited s u l f i t e 
oxidation at concentration
Mn was s u f f i c i e n t to overcom
hydroxyacetic acid (HA4, HA5). In general, the hydroxy acids 
had l i t t l e effect on the oxidation rate i n the presence of 1 mM 
Mn. 

Thiosulfate at 1 mM inhibited s u l f i t e oxidation at pH 4.5 
i n the absence of Μη (AA4). However 1 mM Mn was enough to 
minimize the i n h i b i t i n g effect of thiosulfate (AA5). 

The addition of 0.3 M CaCl2 or 0.3 M MgS04 increased the 
s u l f i t e oxidation rate at pH 5. MgS04 increases the l e v e l of 
dissolved s u l f i t e by the equilibrium: 

S0= + C a S 0 3 ( s ) ^ S0= + CaS0 4(s) 

CaCl2 may introduce c a t a l y t i c impurities or change oxygen bubble 
size i n the reactor. 

In the absence of dissolved Mn, the dicarboxylic or s u l f o -
carboxylic acids have degradation rate constants of 0.5-1.1 M""1 

at pH 4.3 or 4.5 and 1.4 to 2.0 M"1 at pH 5 to 5.5. Mn has a 
d e f i n i t e i n h i b i t i n g effect on the degradation of a l l the 
carboxylic acids. At pH 4.5 with succinic acid 0.33 mM Mn i s 
s u f f i c i e n t to reduce k d to 0.03 M"1 from 0.45 M"1 at 0.1 mM Mn 
(S4, S5). At pH 5.0, Mn of 0.1 to 0.3 mM introduced as an 
impurity i n purchased CaS03 was s u f f i c i e n t to reduce the adipic 
acid degradation constant from 2.0 to 0.4 M"1 (A81, A82, A83). 

The effect of Mn i s not as great at higher pH. 1 mM Mn 
gives adipic acid degradation constants of 0.1-0.2 M""1 at pH 
4.3 to 4.7, 0.3 M"1 at pH 5, and 0.6 M"1 at pH 5.5. Two 
experiments at pH 5.5 did give low values of k^, but these may 
not be representative results (S3B, A26). 

The addition of 0.3 M Na2S04 or MgS04 at pH 5.0 reduced the 
degradation rate of adipic acid from 1.6 to 2.0 M~l to 0.3 to 
0.6 M~l. This effect was expected because of increased dissolved 
s u l f i t e generated by the dissolved sulfate. The addition of 
0.3 M CaCl2 did not increase the degradation rate. 
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The hydroxy acids did not degrade as fast as the dicarboxylic 
and sulfocarboxylic acids. The maximum degradation constant 
observed with these acids was 0.2 M~l with hydroxypropionic acid 
at pH 4.5 with no Mn. Run AA2 with 10 mM adipic, 10 mljl hydroxy-
acetic, and 1 mM Mn at pH 5.5 gave values of 0.5 M" for adipic 
and less than 0.1 for hydroxyacetic. 

Fumaric acid degraded 2 to 4 times faster than adipic acid 
at pH 5.5 with 1 mM Mn ( F l ) . The carbon-carbon double bond i s 
apparently more susceptible to oxidation. Therefore, unsaturated 
acids should be sulfonated to avoid degradation. Since fumaric 
acid does not sulfonate rapidly i n the scrubber, i t i s not an 
attractive buffer alternative. 

Complete carbon material balances were not obtained on any 
of the degraded solutions. Valeric and glutar i c acids were 
id e n t i f i e d as degradatio
less than 20% of the adipi
i d e n t i f i e d as a degradation product of sulfosuccinic acid, but 
accounts for less than 10% of the t o t a l degradation. 

Work on oxidative degradation i s continuing. The objectives 
of future work w i l l be to obtain better analyses of degradation 
products, to screen additional buffer alternatives, and to 
evaluate more potential catalysts and in h i b i t o r s . 

Other Factors 

The ultimate u t i l i t y of a buffer additive w i l l depend on a 
number of other factors. Because most systems w i l l operate near 
CaC03 and CaS03 saturation, buffer properties should be primarily 
useful for gas/liquid mass transfer. However, additional 
buffer capacity at pH 5-6 would be useful i n enhancing CaC03 
dissolution (39) and i n providing capacity for SO2 absorption 
without CaC03 or CaS03 dissolution i n the absorber. Therefore, 
the buffers with higher pk a values (adipic, phthalic, acetic, and 
sulfosuccinic) should give r e l a t i v e l y greater overall e f f e c t i v e 
ness. 

Specific results with hydroxypropionic and sulfopropionic 
acids indicate that these buffers i n h i b i t CaC03 dissolution, 
probably because of polyacrylic acid impurities (39). These 
impurities are derived from the s p e c i f i c synthesis processes. 
In actual operation, the polyacrylic acid may be removed from the 
scrubber solution by preci p i t a t i o n of i t s calcium s a l t . If not, 
modifications of and/or separation of polyacrylic acid after 
synthesis may be necessary to make these buffers useful. 

Coprecipitation of buffer with CaSÛ3 may be an important 
additional source of buffer losses. Radian has shown that adipic 
acid i s present i n sig n i f i c a n t concentrations i n CaS03 soli d s , 
especially with low concentrations of CaS04 i n the solids (35). 
No results are available on other buffers. 
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V o l a t i l i t y of formic, acetic, and benzoic acids can be 
economically and environmentally s i g n i f i c a n t at scrubber condi
tions. Even though these buffers are mostly dissociated and 
therefore nonvolatile at the pH of the bulk solution, they are 
mostly protonated and therefore v o l a t i l e at the pH of the gas/ 
l i q u i d interface (2.5 to 3.5). In r e l a t i v e l y open-loop scrubber 
systems with large solution losses, v o l a t i l i t y losses are econom
i c a l l y less s i g n i f i c a n t and formic and acetic acids would be 
competitive with adipic acid. In staged or countercurrent 
absorbers with high pH solution i n the l a s t stage for gas contact
ing, i t may be possible to minimize losses of v o l a t i l e acids. 

Waste or byproduct organic acids could be cost-effective 
alternatives. Adipic acid production by n i t r i c acid oxidation of 
cyclohexanol/cyclohexanone generates byproduct consisting of 
glutaric and succinic acid
A i r oxidation of cyclohexan
mediate for caprolactam generates a waste solution of adipic, 
hydroxyvaleric, g l u t a r i c , and other acids. This product should 
be comparable to a mixture of adipic and hydroxypropionic acids. 

Conclusions 

1. Adipic acid has attractive buffer properties and i t i s 
cost-effective, non toxic, and commercially available i n large 
quantities. It coprecipitates with CaSÛ3 and i s subject to 
oxidative degradation, but these problems should be minimized 
by using forced oxidation at low pH with high concentrations of 
dissolved Mn. 

2. The hydroxycarboxylic acids are uniquely inert to 
oxidative degradation and i n h i b i t s u l f i t e oxidation i n the absence 
of Mn. Hydroxypropionic acid i s economically attractive; 
however, i t s synthesis from a c r y l i c acid gives polyacrylic acid 
impurities that would probably have to be separated. Glycolic 
acid i s commerically available but economically somewhat less 
attractive. 

3. Sulfosuccinic and sulfopropionic acids are economically 
attractive when synthesized i n s i t u or o f f s i t e from maleic 
anhydride or a c r y l i c acid. Both are subject to oxidation, but 
should give nonvolatile degradation products. Synthesis of 
sulfopropionic acid can give undesirable polyacrylic acid 
impurities. 

4. Acetic and formic acids could be economically superior 
i f v o l a t i l i z a t i o n were minimized or tolerated. 

5. Benzoic acid i s nearly competitive with adipic, but i s 
v o l a t i l e and aromatic. 

6. Basic aluminum salts are ine f f e c t i v e for mass transfer 
enhancement. 
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Recommendations 

1. Adipic acid should be used commercially i n systems with 
forced oxidation at low pH with dissolved Mn. 

2. Gly c o l i c , sulfosuccinic, and waste acids should be 
tested i n a p i l o t plant. 

3. Additional laboratory work should be conducted on the 
following topics: 

a) coprecipitation of CaS03 and buffers other than adipic 
acid 

b) oxidative degradation catalysts and inhibitors 
c) oxidative degradation of buffers other than adipic 

acid 
d) elimination of polyacrylic acid from hydroxypropionic 

and sulfopropioni

Nomenclature 

A = Gas/Liquid contact area, cm2 

H = Henry's constant, bar 
Κ = Equilibrium constant for a c r y l i c acid hydration, dimension-

less _^ 
kd = Degradation rate constant, M 
k f = Forward rate constant of the hydration of a c r y l i c acid, 

M hr-1 
kg = Gas f i l m mass transfer c o e f f i c i e n t , gmol/bar-sec-cm^ 
Kg = Overall gas f i l m mass transfer c o e f f i c i e n t , gmol/ 

bar-sec-cm^ 
kft = Apparent t o t a l rate constant of a c r y l i c acid hydration, 

M-l h r " l 
k^ = Liquid-film mass transfer coefficient for physical 

absorption, L/xec-cm^ 
k s = Sulfonation rate constant, M"lmin"^-
M = Molation, gmol/L 
mM = Mi l l i m o l a r i t y , 10""3 gmol/L 
Pgrj2 = P a r t i a l pressure of S02, bar q 

R = Gas constant, 1.987 cal/gmol - Κ 
Τ = Temperature, °K 
[ ] = Molarity, gmol/L 
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13 
Adipic Acid-Enhanced Lime/Limestone Test 
Results at the EPA Alkali Scrubbing Test Facility 

SHIH-CHUNG WANG and DEWEY A. BURBANK 
Bechtel Group, Inc., San Francisco, CA 94119 

This paper summarize
from July 1978 through March 1981 at the EPA, 10-MW 
equivalent, lime/limestone wet-scrubbing FGD test 
facility, during which adipic acid as an additive was 
tested and shown to be a powerful scrubber additive 
for improving SO2 removal. The optimum concentration 
of adipic acid is only 700 to 1500 ppm at a scrubber 
inlet pH of 5.2 or higher. SO2 removal efficiencies 
in excess of 90 percent and reliable operation were 
demonstrated in four long term, limestone/adipic acid 
runs. Factorial tests were also conducted to charac
terize SO2 removal as a function of gas and slurry 
flow rates, pH, and adipic acid concentration. Inter
mediate duration optimization runs and favorable 
economics are also reported. 

Introduction and Background 

This report describes the results of the Shawnee Lime and 
Limestone Wet Scrubbing Test Program conducted by EPA's Industrial 
Environmental Research Laboratory, Research Triangle Park, North 
Carolina (IERL-RTP). In this program, flue gas desulfurization 
(FGD) tests were conducted at the EPA 10 MW prototype Shawnee Test 
Facility located at the Tennessee Valley Authority (TVA) coal-
fired Shawnee Power Station near Paducah, Kentucky. Bechtel 
Group, Inc. of San Francisco was the major contractor and test 
director, and TVA was the constructor and facility operator. Re
sults of the program before July 1978 have been reported elsewhere 
(1,2) . 

This report describes the results of adipic acid-enhanced 
lime and limestone testing at the Shawnee Test Facility from 
July 1978 through March 1981. It also summarizes earlier adipic 
acid additive test results from the IERL-RTP 0.1 MW pilot plant, 
which led to the testing at Shawnee. Also reported are prelimi
nary results from the 100 MW full-scale demonstration being 
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© 1982 American Chemical Society 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



268 F L U E GAS D E S U L F U R I Z A T I O N 

conducted at the Southwest Power Plant of Springfield City U t i l i 
t i e s , Springfield, Missouri and from the 27 MW equivalent indus
t r i a l b o i l e r test at Rickenbacker A i r Force Base. 

As the emission standards for sulfur dioxide become increas
ingly stringent and the f o s s i l - f u e l e d u t i l i t i e s become hard 
pressed to meet these standards, there i s a strong incentive to 
improve the FGD system performance while minimizing the operating 
costs. 

A primary objective of the EPA a l k a l i wet scrubbing test 
program during the l a s t several years has been to enhance SO2 
removal and improve the r e l i a b i l i t y and economics of lime and 
limestone wet scrubbing systems by use of adipic acid as a chemi
cal additive. 

Adipic acid i s a six-carbon dicarboxylic organic acid, 
H00C(CH2)4C00H, that buffer  th  i  th  scrubbe  slurry
theory, any acid which
bonic acid and sulfurou ,
ably soluble, may be employed. However, adipic acid was selected 
because i t i s one of the most cost-effective organic acid buffers 
on a molar basis and i s commercially abundant. Its main use i s 
as a raw material in the manufacturing of nylon. 

The buffering a c t i v i t y of adipic acid l i m i t s the drop i n pH 
that normally occurs at the gas-liquid interface during SO2 
absorption, and the resultant higher concentration of SO2 at the 
interface s i g n i f i c a n t l y accelerates the liquid-phase mass trans
fer. The capacity of the bulk liquor for reaction with SO2 i s 
also increased by the presence of calcium adipate i n solution. 
Thus, the SO2 absorption becomes less dependent on the dissolution 
rate of limestone or calcium s u l f i t e in the absorber to provide 
the necessary a l k a l i n i t y . 

In the case of limestone scrubbing, i t l o g i c a l l y follows that 
a given SO2 removal efficiency can be achieved at a lower lime
stone stoichiometry, thereby improving scrubber r e l i a b i l i t y . 

Adipic acid degrades to lower molecular weight (C1-C5) mono-
carboxylic acids, p a r a f f i n i e hydrocarbons, and carbon dioxide and 
water. The feed rate of adipic acid varies depending on the oper
ating conditions, such as pH and oxidation, which influence the 
degree of degradation, but i s usually less than f i v e times the 
theoretical requirement. Most of the carboxylic acid degradation 
products, such as v a l e r i c acid, s t i l l o ffer a proper pH buffer 
range for effective SO2 removal enhancement. At Shawnee, a l l 
reported concentrations of adipic acid (in ppm) are, i n r e a l i t y , 
the concentrations of t o t a l carboxylic acid expressed i n terms of 
"adipic acid." 

At the Shawnee Test F a c i l i t y , major emphasis has been placed 
on the use of adipic acid i n conjunction with forced oxidation of 
calcium s u l f i t e to calcium sulfate, since this system results i n 
better sludge dewatering properties and reduced waste solids d i s 
posal costs. Furthermore, the more t i g h t l y closed liquor loop, 
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achievable as a result of forced oxidation, reduces the adipic 
acid makeup requirements. 

Advantages of Adipic Acid as a Scrubber Additive 

A number of attractive features of adipic acid as a scrubber 
additive are presented below. 

Handling. Adipic acid i s non-toxic, non-hygroscopic, and 
usually comes i n powder form. It i s easy to handle and no hazards 
are encountered i n the usual applications other than possible dust 
explosions, which are typi c a l of any organic dust. At Shawnee, 
i t i s routinely dry-fed d i r e c t l y to the effluent hold tank, a l 
though i t has been added to the fresh limestone slurry makeup tank 
in some instances. 

Buffer Reaction Mechanism. The mechanism by which adipic 
acid buffers the pH i s simple. It reacts with lime or limestone 
in the effluent hold tank to form calcium adipate. In the ab
sorber, calcium adipate reacts with absorbed S02(H2S03> to form 
CaS03 and simultaneously regenerates adipic acid (the buffer 
reaction). The regenerated adipic acid i s returned to the e f f l u 
ent hold tank for further reaction with lime or limestone. With 
a s u f f i c i e n t l y high concentration of calcium adipate in solution, 
usually on the order of 10 m-moles/liter to react with the ab
sorbed S02, the overall reaction rate i s no longer controlled by 
the dissolution rate of limestone or calcium s u l f i t e . 

R e t r o f i t . Use of adipic acid i n an existing lime or lime
stone system does not require modification of process flow con
figuration or absorber design; therefore, i t i s pa r t i c u l a r l y 
suited for r e t r o f i t applications. The fact that i t may be added 
at any point i n the slurry c i r c u i t provides a greater f l e x i b i l i t y 
in the location and i n s t a l l a t i o n of a simple solids storage and 
feed system, a minimal c a p i t a l investment. 

Quantity and Concentration. Depending on the operating 
parameters, the degree of degradation, and the tightness of the 
liquor loop, the quantity of adipic acid required i s quite small 
in r e l a t i o n to the a l k a l i feed. At Shawnee, where a f i l t e r i s 
normally used as the f i n a l sludge dewatering device, the adipic 
acid consumption rate i s usually less than 10 lb/ton of limestone 
fed to the system, and sometimes as low as 2 lb/ton of limestone. 
These values correspond to only 0.6 to 3.0 tons of adipic acid per 
day for a 500 MW plant. 

Adipic acid has two pH buffer points. These are pH 4.5 and 
5.5 in the absence of chloride i n the liquor, and about 4 and 5 
with 5,000 to 7,000 ppm chloride. To f u l l y u t i l i z e the buffer 
capacity of adipic acid, therefore, the slurry pH should be kept 
above these values. At Shawnee, where the chloride concentration 
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i s usually a few thousand ppm, a slurry pH above about 5.2 i s 
s u f f i c i e n t to keep adipic acid f u l l y active (or ionized). The 
optimum concentration range of adipic acid at a pH above 5.2 i s 
only 700 to 1,500 ppm for 90 percent removal of approximately 
2,500 ppm i n l e t S02. Higher concentrations would be required at 
a lower pH to maintain equivalent buffer capacity i n the l i q u i d . 
It should be noted that most of the degradation products of adipic 
acid, such as v a l e r i c and glutaric acid, are also effective 
buffers. 

Limestone U t i l i z a t i o n . At a scrubber i n l e t pH of about 5.2, 
the corresponding limestone u t i l i z a t i o n i s normally 80 percent or 
higher for an adipic acid-enhanced system, as compared to 65 to 
70 percent i n unenhanced limestone systems at an equivalent SO2 
removal. Thus the quantit f wast  solid  generated i  reduced 
in an adipic acid-enhance
also contributes to mor  operatio y g 
the fouling tendency. This increased r e l i a b i l i t y i s a very 
att r a c t i v e feature of adipic acid-enhanced systems, since r e l i 
a b i l i t y problems have h i s t o r i c a l l y plagued limestone FGD. 

Operating pH. With proper pH control and s u f f i c i e n t l y high 
adipic acid concentration ( s u f f i c i e n t buffer capacity), the 
scrubber performance i s more stable, and steady outlet SO2 con
centrations can be maintained, even with wide fluctuations of i n 
l e t SO2 concentrations. 

With the lower operating pH (about 4.6 to 5.4) in an adipic 
acid-enhanced limestone system, compared to the higher pH (about 
5.5 to 5.8) usually needed for an unenhanced limestone system, 
the system becomes more amenable to other process concepts and 
improvements. Potential advantages of low pH operation are: 

• Reduced adipic acid consumption. Adipic acid 
degradation has been found to decrease with 
decreasing pH 

• Easier forced oxidation i n the scrubber slurry 
loop or bleed stream, and a smaller a i r (and 
compressor energy) requirement 

• Potential for essentially complete limestone 
u t i l i z a t i o n with improved scrubber operating 
r e l i a b i l i t y 

• Reduced s e n s i t i v i t y of the system to lime
stone type and grind. Fine grinding of 
limestone i s probably not required 

• Lower s u l f i t e scaling potential 
• Better prospects (sensitivity) for automatic 

pH control 
• Greater f l e x i b i l i t y for SO2 emission control. 

Higher s e n s i t i v i t y of SO2 removal at lower pH 
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allows r a i s i n g pH to increase the adipic acid 
buffer capacity and SO2 removal when needed 

• A p p l i c a b i l i t y to low-sulfur subbituminous and 
l i g n i t e coals containing alkaline ashes, which 
are extractable only at low pH 

• Lower costs due to a l l of the above factors 

Economics. Since limestone dissolution i s not a rate-
controlling step i n SO2 absorption for an adipic acid-enhanced 
limestone system, adipic acid should promote use of less expensive 
and less energy-intensive limestone rather than lime. 

Adipic acid-enhanced limestone scrubbing has lower projected 
c a p i t a l and operating costs than unenhanced limestone or MgO-
enhanced limestone scrubbing. This i s due primarily to the 
reduced limestone consumptio
reduced grinding cost, an
generated. 

Forced Oxidation. The mechanism by which adipic acid pro
motes S02 removal i s not affected by forced oxidation. Therefore, 
i t can be used with both lime and limestone in systems with or 
without forced oxidation. 

Since forced oxidation converts s u l f i t e to sulfate, i t has an 
adverse effect on SO2 removal i n an unenhanced lime system i n 
which s u l f i t e i s the major SO2 scrubbing species. This i s also 
true i n MgO-enhanced lime and limestone systems i n which the pro
motion of SO2 removal r e l i e s on an increased s u l f i t e - b i s u l f i t e 
buffer. When adipic acid i s used with lime, calcium adipate be
comes a major buffer species; therefore, both good S02 removal 
and s u l f i t e oxidation can be achieved using within-scrubber-loop 
forced oxidation. 

Chloride E f f e c t . The effectiveness of adipic acid i s not 
adversely affected by chlorides, as i s the effectiveness of MgO 
in an MgO-enhanced process. Tests at the IERL-RTP p i l o t plant 
showed that SO2 removal effi c i e n c y obtained with 17,000 ppm chlo
ride i n the scrubbing liquor was not s i g n i f i c a n t l y different from 
that obtained without chloride under similar levels of adipic acid 
concentration. Thus, use of adipic acid i s especially attractive 
for systems with a very t i g h t l y closed liquor loop. 

Solids Dewatering. Adipic acid does not s i g n i f i c a n t l y affect 
the s e t t l i n g and f i l t r a t i o n properties of oxidized or unoxidized 
slurry solids, whereas magnesium does. 

Total Dissolved Solids. Addition of adipic acid does not 
si g n i f i c a n t l y increase the t o t a l dissolved solids i n l i q u i d as 
does magnesium. High t o t a l dissolved solids i n l i q u i d entrainment 
can increase particulate emissions and fouling tendencies of equip
ment downstream of the scrubber. 
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Test Programs 

The theoretical basis for the effect of adipic acid on the 
performance of lime and limestone scrubbers was f i r s t developed 
in d e t a i l by G. Rochelle i n 1977 (3). In October 1977, EPA began 
an investigation of adipic acid with the 0.1 MW IERL-RTP p i l o t 
plant to determine i t s effectiveness as an additive to limestone 
scrubbers for improving S02 removal efficiency (4). I n i t i a l 
results demonstrated, as predicted by Rochelle, that adipic acid 
was indeed an attractive and powerful additive. 

Based on the findings at the IERL-RTP p i l o t plant, a program 
was set up at the 10 MW Shawnee Test F a c i l i t y to develop commer
c i a l l y usable design data for adipic acid as a chemical additive. 
Actual testing at Shawnee began in July 1978, and lasted through 
March 1981. Some of th
two-thirds of this perio
The test schedule for this period i s shown in Figure 1. Tests 
were conducted over a period of 33 months, using both lime and 
limestone with and without forced oxidation. As can be seen, 
major emphasis was placed on limestone testing with forced 
oxidation. 

As part of EPA 1s continuing program of FGD technology trans
fer , and to further demonstrate the effectiveness of adipic acid 
and to encourage i t s use, EPA contracted with Radian Corporation 
in the spring of 1980 to conduct a f u l l - s c a l e demonstration pro
gram of adipic acid-enhanced limestone scrubbing (8). The pro
gram, being conducted with two 100 MW Turbulent Contact Absorbers 
(TCA) located at the Springfield City U t i l i t i e s ' Southwest Station 
near Springfield, Missouri, w i l l continue through September 1981. 
Some preliminary test results are included in this report, as are 
data from the industrial-sized (27 MW) scrubber test conducted by 
PEDCo Environmental, Inc. on the Bahco system at Rickenbacker A i r 
Force Base. 

During some f a c t o r i a l tests conducted at the Shawnee Test 
F a c i l i t y i n 1979, i t was noticed that the rate of adipic acid 
addition required to maintain a desired concentration in the 
scrubber liquor was substantially reduced when the scrubber i n l e t 
pH was controlled at 5.0 or lower. In order to v e r i f y the Shawnee 
findings, the EPA i n i t i a t e d several programs to study the adipic 
acid degradation phenomenon. Contractors involved included Uni
versity of Texas at Austin, Radian Corporation, Acurex Corpora
tion, and the Research Triangle Institute. Programs were set up 
to investigate the effects of pH, oxidation, and catalysts such 
as manganese and iron on adipic acid degradation, to develop 
an a l y t i c a l procedures and to identify the degradation products. 
Although the adipic acid degradation mechanism i s complex, the 
p r i n c i p a l variables affecting degradation and i t s major products 
have been i d e n t i f i e d . The results of these studies are beyond the 
scope of this report and w i l l be reported separately. 
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Shawnee Test F a c i l i t y . Tests with adipic acid at Shawnee 
have been conducted on two p a r a l l e l scrubber systems: a venturi/ 
spray tower system (Train 100) and a TCA system (Train 200). Each 
system has i t s own slurry handling and dewatering f a c i l i t i e s , and 
each i s designed to remove both S02 and particulate from approxi
mately 10 MW equivalent of flue gas (up to 35,000 acfm at 300 QF). 
The flue gas which normally contains 1,400 to 3,500 ppm by volume 
of S02, i s obtained either upstream (containing high f l y ash load
ing of 2 to 7 grains/dry scf) or downstream (containing low f l y 
ash loading of 0.2 to 0.6 grain/dry scf) from Boiler No. 10 par
t i c u l a t e removal equipment. 

In June 1980, the venturi scrubber was removed from Train 
100, allowing operation with the spray tower only. Prior to the 
removal of the venturi scrubber, operation with a true spray 
tower-only configuratio
ence from the venturi, eve
and minimum slurry flow for flue gas cooling. 

Shawnee Test Blocks. Tests conducted at the Shawnee Test 
F a c i l i t y can be c l a s s i f i e d into blocks according to type of a l 
k a l i , f l y ash loading i n the flue gas, adipic acid addition, and 
forced oxidation scheme. Table 1 l i s t s the combinations of these 
variables which have been tested at Shawnee, including f a c t o r i a l 
tests. 

Forced oxidation i s achieved by a i r sparging of the slurry i n 
an oxidation tank, either on the bleed stream to the solids de-
watering system or on the recirculated slurry within the scrubber 
slurry loop. For a one-scrubber-loop forced oxidation system, the 
slurry effluent from a l l scrubbers i n the system (e.g., the 
venturi scrubber and spray tower at Shawnee constitute a two-
scrubber system, and the spray tower alone or TCA, a one-scrubber 
system) are sent to a single effluent hold tank, which i s the 
oxidation tank. For a two-loop forced oxidation system, there are 
two scrubbers i n series (e.g., venturi and spray tower at Shawnee) 
with effluent from each scrubber going to a separate tank; the 
effluent hold tank for the upstream scrubber (with respect to gas 
flow) i s the oxidation tank. For either one-loop or two-loop 
forced oxidation systems, the oxidation tank may be followed by a 
second tank, i n series, to provide further limestone dissolution 
and gypsum desupersaturation time prior to recycle to the 
scrubber. 

Test Results 

It i s beyond the scope of this report to present a l l of the 
Shawnee test results from the test blocks l i s t e d i n Table 1. 
Therefore, only the ty p i c a l and important test results are pre
sented below. Results of long-term tests (longer than one month) 
are included. Results from f a c t o r i a l or p a r t i a l f a c t o r i a l tests, 
which normally lasted a minimum of 12 hours including 5 to 7 hours 
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Tab le 1 . 

Test B locks C o n d u c t e d at Shawnee 

Test F l y A s h A d i p i c A c i d O x i d a t i o n N o . o f Tanks 

B l o c k A l k a l i L o a d i n g A d d i t i o n Scheme in O x i d . L o o p 

V e n t u r i / S p r a y T o w e r S y s t e m : 

1 L i m e High Yes 2 - L o o p 2 

2 L i m e 

3 ^ L imes tone 

4 L imes tone High Yes 2 - L o o p 1 

5 L imes tone High Yes 1-Loop 2 

6 L imes tone High Yes 1-Loop 1 

7 L imes tone High Yes Bleed St ream -
8 L imes tone High Yes N o -
9^°) L imes tone High N o 2 - L o o p 2 

Spray T o w e r S y s t e m : 

1 0 ^ L imes tone High Yes 1-Loop 2 

11 L imes tone High Yes N o -
12 L imes tone High N o 1-Loop 2 

13 L imes tone High N o N o -
T C A S y s t e m : 

14 L i m e High Yes 1-Loop 1 

15 L i m e High Yes N o -
1 6 ^ L i m e High N o N o -
17 L imes tone H igh Yes 1-Loop 2 

18 L imes tone High Yes 1-Loop 1 

1 9 ^ ) L imes tone High Yes N o -
20 L imes tone High N o 1-Loop 1 

21 L imes tone High No N o — 2 2 ^ ) L imes tone L o w Yes 1-Loop 1 

2 3 ^ d ) L imes tone L o w Yes N o _ 

(a) Includes long-term (greater than one month) tests. 

(b) Widows Creek forced oxidation simulation tests. 

(c) Glitsch Grid packing tests. 

(d) Springfield adipic acid simulation tests. 
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of steady state operation, are also included as figures to i l l u s 
trate the effects of pH and adipic acid concentration on SO2 
removal. 

A summary of i n i t i a l tests at the IERL-RTP p i l o t plant and 
the preliminary results from the f u l l - s c a l e TCA tests at Spring
f i e l d are also given. 

IERL-RTP P i l o t Plant Test Results. The i n i t i a l testing of 
adipic acid as a scrubber additive was carried out by EPA begin
ning in October 1977 in the 0.1 MW in-house p i l o t plant located 
at IERL-RTP (4). A single-loop limestone scrubber was used for 
this purpose, operated with forced oxidation i n the scrubbing 
loop. In addition to effects on SO2 removal and oxidation e f f i 
ciencies, these tests sought to determine whether adipic acid 
caused any change in th
that these properties coul
ated without f l y ash. Chloride was added as HC1 and controlled 
at the high levels expected for t i g h t l y closed loop systems. 

The results of the tests showed adipic acid to be very effec
ti v e in improving SO2 removal efficiency, even when operating at 
chloride levels as high as 17,000 ppm. A TCA scrubber, which 
removed 82 percent of the i n l e t SO2 without the additive, yielded 
89 percent SO2 removal with 700 ppm adipic acid, 91 percent 
removal with 1,000 ppm, and 93 percent removal with 2,000 ppm 
adipic acid. The limestone u t i l i z a t i o n was concurrently increased 
from 77 percent without the additive to 91 percent with 1,600 ppm 
adipic acid. The observed effects thus confirmed the theoretical 
expectations i n a l l respects. In addition, the tests showed no 
serious inteference by adipic acid on the performance of the oxi
dizer, operating at pH 6.1. 

The quality of the oxidized sludge was similar to that ob
tained when operating without adipic acid, although small d i f 
ferences were detected. For example, the f i l t e r e d sludge averaged 
80 percent solids (for 13 one-week tests) vs 84 percent solids 
for 11 tests without the additive, when operating at 97 to 99 per
cent oxidation i n both cases. The s e t t l i n g rate of the slurry 
( f l y ash free at 50°C) averaged 2.3 cm/min during the adipic acid 
tests and 3.4 cm/min without adipic acid; bulk settled densities 
averaged 1.0 and 1.2 gm solids/cm^ slurry, respectively. It was 
concluded from these results that the large improvements in sludge 
quality that can be achieved by forced oxidation are not compro
mised by the use of adipic acid as a scrubber additive. 

Tests without forced oxidation also demonstrated the efficacy 
of adipic acid. Operating a TCA scrubber with 2,000 ppm adipic 
acid and 6 inches H2O pressure drop, 92 percent SO2 removal was 
obtained at a limestone u t i l i z a t i o n l e v e l of 88 percent. By com
parison, only 75 percent SO2 removal would be expected i n the 
p i l o t plant at these test conditions without the additive. At 
this adipic acid l e v e l , the unoxidized sludge f i l t e r e d to 49 per
cent solids; at lower adipic acid levels (1,500 ppm or l e s s ) , the 
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f i l t e r a b i l i t y of the slurry was the same as that obtained without 
additives: 55 percent solids. 

During the testing with adipic acid, the scrubbing liquor 
had a noticeable odor, even though the additive feed did not. 
The odor has been i d e n t i f i e d as that of v a l e r i c acid, CH3(CH2)3 
COOH, an intermediate product formed by side reactions that de
grade adipic acid at scrubber operating conditions. At Shawnee, 
this odor was rarely noticed and was not a problem. 

Limestone Long-Term Tests with Two Scrubber Loops and Forced 
Oxidation. The venturi/spray tower system was modified for two-
scrubber-loop operation with forced oxidation as shown in F i g 
ure 2. Two tanks were used in the oxidation loop (venturi loop); 
a i r was injected to the f i r s t of these tanks through a simple 
3-inch diameter pipe belo
to the spray tower effluen
manually adding one-pound increments hourly to maintain specified 
concentration, usually totaling only a few pounds per hour. A 
small screw feeder would serve the purpose i n a f u l l - s c a l e plant. 

The main advantage of this two-loop system, as far as forced 
oxidation i s concerned, i s that i t permits operation of the f i r s t 
loop (venturi loop) at lower pH for good oxidation efficiency, 
while maintaining higher pH i n the second loop (spray tower loop) 
for good SO2 removal. This configuration also maximizes the lime
stone u t i l i z a t i o n . With adipic acid-enhancement, however, some 
of these advantages can also be obtained in a single-loop scrubber 
because an adipic acid enhanced system can be operated at a lower 
pH (4.6 to 5 . 4 ) . Thus, both good oxidation and good SO2 removal 
can be achieved without an independent f i r s t loop. 

Table 2 summarizes the results of two long-term tests (exceed
ing one month), Runs 907-1A and 907-1B, with adipic acid addition 
and with a variable gas flow rate. The results of Run 901-1A, a 
base case run without additive and with a constant spray tower 
gas velocity of 9.4 ft/sec, are also included for comparison. 

Run 907-1A was a month-long adipic acid-enhanced limestone 
run with forced oxidation, designed to demonstrate operational 
r e l i a b i l i t y with respect to scaling and plugging and to demon
strate the removal enhancement capability of the adipic acid addi
tive. This run was controlled at a nominal limestone stoichiom-
etry of 1.7 (compared to 1.4 for the base case run, Run 901-1A) 
and 1,500 ppm adipic acid in the spray tower. Venturi i n l e t pH 
was controlled at a minimum of 4.5 by the occasional addition of 
limestone to the venturi loop. 

Flue gas flow rate was varied from 18,000 acfm to a maximum 
of 35,000 acfm (spray tower gas velocity between 4.8 and 9.4 f t / 
sec) to follow the daily b o i l e r load cycle, which normally f l u c t u 
ated between 100 and 150 MW. The adjustable venturi plug was 
fixed i n a position such that the pressure drop across the venturi 
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Table 2 . 

A d i p i c A c i d - E n h a n c e d L imes tone Tests on the T w o - L o o p V e n t u r i / S p r a y 

T o w e r Sys tem w i t h Forced O x i d a t i o n 

R u n N o . 9 0 1 - 1 A 9 0 7 - 1 A 9 0 7 - 1 Β 

Onst ream hours 

F ly ash load ing High High High 

A d i p i c acid cone, in v e n t u r i , p p m 0 2 , 3 6 0 2 ,180 

A d i p i c acid cone, in spray t o w e r , p p m 

(con t ro l l ed ) 0 1,560 1,510 

Spray t o w e r gas v e l o c i t y , f t / sec 9.4 4 .8-9 .4 5.4-9.4 

V e n t u r i l iquid- to-gas ra t i o , ga l /Mc f 21 21 -42 21-37 

Spray t o w e r l iquid- to-gas ra t i o , ga l /Mc f 57 57-111 5 7 - 1 0 0 

V e n t u r i s lu r ry sol ids cone. , w t % (con t ro l l ed ) 15 15 15 

Spray t o w e r s lu r ry solids cone. , w t % 5.9 6.1 5.9 

V e n t u r i in le t p H (con t ro l l ed ) 4 .50 4 . 6 5 4 . 6 5 

Spray t o w e r in le t p H 5.45 5 .45 5 .35 

V e n t u r i pressure d r o p , in . 9.0 3.0-9.6 3.5-9.2 

O x i d a t i o n t a n k level, f t 18 18 18 

O x i d a t i o n t a n k residence t i m e , m i n 11.3 11.3 11.3 

Desupersatura t ion t a n k residence t i m e , m i n 4.7 4.7 4.7 

Spray t o w e r e f f l u e n t t a n k residence t i m e , m i n 14.7 14.7 14.7 

Spray t o w e r l imestone s to i ch . ra t io ( con t ro l l ed ) 1.36 1.77 1.70 

Average percent SO2 removal 57 9 7 . 5 97 

Average in le t SO2 c o n c e n t r a t i o n , p p m 2 ,800 2 ,350 2 , 5 0 0 

Percent o x i d a t i o n o f su l f i te t o sul fate 9 8 98 .5 9 8 

A i r s t o i c h i o m e t r y , a toms o x y g e n / m o l e 

SO2 absorbed 2 .30 2 .0-3 .85 1.9-3.3 

Overal l percent l imestone u t i l i z a t i o n 97 8 8 9 2 

V e n t u r i in le t l i quo r g y p s u m s a t u r a t i o n , % 9 5 110 105 

Spray t o w e r in le t l i quo r g y p s u m sa tu ra t i on , % 9 5 105 110 

F i l te r cake solids c o n t e n t , w t % 85 87 8 5 
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was 9 inches H2O at 35,000 acfm maximum gas rate. Actual pressure 
drop ranged from 3.0 to 9.6 inches H2O. 

The slurry recirculation rates to the venturi and spray tower 
were fixed at 600 gpm (L/G = 21 to 42 gal/Mcf) and 1,600 gpm (L/G 
= 57 to 111 gal/Mcf), respectively. 

The oxidation tank l e v e l was 18 f t and the a i r flow rate was 
held constant at 260 scfm. 

The run began on October 8, 1978 and terminated November 13, 
1978. It ran for 719 onstream hours (30 days) with no unscheduled 
outages. The scrubber was down once for a scheduled 3-hour i n 
spection and again when the boiler came down for 135 hours to 
i n s t a l l a new station power transformer. 

Average SO2 removal for Run 907-1A was 97.5 percent at 2,350 
ppm average i n l e t SO2 concentration. The SO2 removal stayed 
within a narrow range of 96 to 99 percent throughout almost the 
entire run. This was a
cent SO2 removal for th
spray tower gas velocity under similar conditions. On October 19 
and on October 27, SO2 removal dropped b r i e f l y to less than 
90 percent when the pump which supplied the slurry to the top two 
spray headers was brought offstream for repacking, and the spray 
tower slurry flow rate was cut in half to 800 gpm. At the reduced 
slurry r e c i r c u l a t i o n rate, SO2 removal was 82 to 87 percent. 

Venturi and spray tower i n l e t pH averaged 4.65 and 5.45, 
respectively. Overall limestone u t i l i z a t i o n was 88 percent and 
the spray tower limestone u t i l i z a t i o n was 56 percent, demonstrat
ing the advantage of good limestone u t i l i z a t i o n i n a two-scrubber-
loop operation. 

Average adipic acid concentrations were 2,360 ppm in the 
venturi loop and 1,560 ppm i n the spray tower loop. 

S u l f i t e oxidation i n the system bleed slurry averaged 98.5 
percent, with the a i r stoichiometric r a t i o varied between 2.0 and 
3.85 atoms oxygen/mole SO2 absorbed. The f i l t e r cake solids con
tent was 87 percent. 

The mist eliminator was clean during the entire run. The 
system was free of plugging and scaling and there was no increase 
in solids or scale deposits on the scrubber internals during Run 
907-1A. 

Following Run 907-1A, a second adipic acid-enhanced limestone 
long-term run with forced oxidation was made during which fl u e gas 
monitoring procedures were evaluated by EPA. This run, Run 
907-1B, was made under the same conditions as Run 907-1A except 
that the gas flow rate was varied according to a " t y p i c a l " u t i l i t y 
b o i l er load cycle rather than the actual Unit No. 10 boiler load. 
Run 907-1B began on November 13, 1978 and terminated January 29, 
1979. It ran for 1,666 onstream hours (69 days) with only 27 
hours of scrubber-related outages. The scrubber was also out of 
service 146 hours when Unit 10 came down for replacement of a 
broken turbine thrust bearing. 
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Excluding boiler outages and scheduled inspections, the com
bined Runs 907-1A and 907-lB operated for a period of over 3 
months with an onstream factor of 98.9 percent. No deposits what
soever were observed i n the mist eliminator for the entire 3-month 
test period. On only one occasion did solids accumulation cause 
an outage; the cross-over l i n e carrying slurry effluent from the 
venturi to the oxidation tank plugged with soft solids and had to 
be cleaned out. Because of problems associated with converting 
the Shawnee venturi/spray tower system to two-scrubber-loop oper
ation, this cross-over l i n e followed a tortuous path (see Figure 
2). A properly designed system would not have this problem. 

Results of Run 907-lB were as good i n every respect as those 
of Run 907-1A. Average SO2 removal remained within a narrow band 
of 95 to 99 percent. S02 removal dropped b r i e f l y ( t y p i c a l l y 30 
minutes) below 90 percen
tower r e c i r c u l a t i o n pump
nance, e f f e c t i v e l y cutting the slurry r e c i r c u l a t i o n rate i n half. 

Overall limestone u t i l i z a t i o n during this run was 92 percent. 
S u l f i t e oxidation averaged 98 percent and the waste sludge f i l t e r 
cake quality was excellent, having a solids content of 85 percent. 

SO2 emissions for Run 907-1A and 907-lB were calculated based 
on an assumed coal heating value of 10,500 Btu/lb, on 100 percent 
sulfur overhead (none i n bottom ash), and on an assumed excess 
a i r of 30 percent. This excess a i r rate resulted in about 700 
ppm i n l e t SO2 per 1.0 weight percent sulfur in coal for the above 
conditions. The average SO2 emission for the entire 3-month oper
ating period was only 0.20 lb/10 6 Btu. The highest 24-hour aver
age SO2 emission during Run 907-1A was 0.37 lb/10 6 Btu, and dur
ing Run 907-lB was 0.41 lb/10 6 Btu. 

A material balance calculation for the adipic acid consump
tion was made for Run 907-lB. Actual adipic acid feed rate was 
8.3 lb/ton of limestone fed to the system, of which 1.8 lb/ton 
were discharged with the f i l t e r cake (theoretical requirement) and 
6.5 lb/ton were unaccounted for, giving an actual-to-theoretical 
consumption r a t i o of 4.6. 

Limestone Long-Term Test with One Scrubber Loop and Without 
Forced Oxidation. Perhaps the most straightforward i l l u s t r a t i o n 
of the effectiveness of adipic acid i s demonstrated by a long-term 
limestone test conducted on the Shawnee TCA system, i n which the 
additive was introduced without any system modifications. 

Table 3 l i s t s the results of the long-term test, Run 932-2A, 
with adipic acid enhancement. The results of a base case run, 
Run 926-2A, without the additive, are also included in the table 
for comparison. 

Figure 3 depicts the simple single-loop, one-tank configura
tion of the TCA system used for these runs. The TCA contained 
three beds of 1-7/8 inch diameter, 11.5-gram n i t r i l e foam spheres 
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Tab le 3. 

A d i p i c Ac id -Enhanced L imes tone Test on the S ing le -Loop T C A System w i t h o u t 

Forced O x i d a t i o n 

Run N o . 9 2 6 - 2 A 9 3 2 - 2 A 

Onst ream hours 192 833 
Fly ash loading High High 

A d i p i c acid c o n c e n t r a t i o n , p p m (con t ro l l ed ) 0 1,620 
Scrubber gas ve loc i t y , f t /sec 12.5 8.4-12.5 
Liguid-to-gas ra t io , ga l /Mc f 50 50-75 
Slur ry solids c o n c e n t r a t i o n , w t % (con t ro l l ed ) 15 15 
L imestone s t o i c h i o m e t r i c ra t io ( con t ro l l ed ) 1.2 1.2 
To ta l stat ic bed height , inches o f 11.5 g ram 

n i t r i le spheres 15 15 
E f f l u e n t h o l d t a n k residence t i m e , m i n 4.1 4.1 
Average percent SO2 removal 71 96 
Average in le t SO2 c o n c e n t r a t i o n , p p m 2,750 2,450 
SO2 make-per-pass, m-moles / l i te r 10.1 4-18 
Percent o x i d a t i o n o f su l f i te t o sul fate 13 21 
Scrubber in let p H 5.65 5.30 
Percent l imestone u t i l i z a t i o n 80 82 
Scrubber in let l i quor gypsum sa tu ra t i on , % 90 110 
Cent r i fuge cake solids c o n t e n t , w t % 37* 61 
*Clarifier underflow solids content. 
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Figure 3. Flow diagram for adipic acid-enhanced scrubbing in the TCA system 
without forced oxidation. 
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retained between bar grids. Each bed contained 5 inches s t a t i c 
height of spheres. Adipic acid was manually fed by the operator 
to the effluent hold tank. 

Run 932-2A was made to demonstrate both operational r e l i 
a b i l i t y with respect to scaling and plugging of the TCA and the 
SO2 removal enhancement capability of the adipic acid additive. 
The run began on September 26, 1978 and terminated on November 2, 
1978, for a t o t a l of 833 onstream hours (35 days). During the 
run, the scrubber was out of service for 48 hours due to a bo i l e r 
outage caused by a tube leak, 5 hours for a scheduled inspection, 
and 8 hours for unscheduled outages to clean and repair the scrub
ber induced-draft fan damper. Excluding bo i l e r outages and sched
uled inspections, Run 932-2A operated with an onstream factor of 
99.0 percent. As was t y p i c a l of a l l long-term runs, the scrubber 
was more r e l i a b l e than th

The run was controlle
rat i o of 1.2 and 1,500 ppm adipic acid concentration in the slurry 
liquor. Slurry solids concentration was controlled at 15 percent. 
The flue gas flow rate was varied between 20,000 and 30,000 acfm 
(8.4 to 12.5 ft/sec s u p e r f i c i a l gas velocity) as the bo i l e r load 
fluctuated between 100 and 150 MW. The slurry r e c i r c u l a t i o n rate 
was fixed at 1,200 gpm (L/G = 50 to 75 gal/Mcf). The effluent 
hold tank residence time was only 4.1 minutes. 

SO2 removal during Run 932-2A averaged 96 percent at an aver
age i n l e t SO2 concentration of 2,450 ppm. Excluding the f i r s t few 
days of unsteady state operation, SO2 removal stayed within a nar
row range of 94 to 98 percent as the i n l e t SO2 concentration 
varied widely between 1,400 and 3,500 ppm. By contrast, SO2 re
moval during the base case run without adipic acid, Run 926-2A, 
averaged only 71 percent at 2,750 ppm average i n l e t SO2 concentra
tion, and at constant 12.5 ft/sec gas velocity and 50 gal/Mcf 
liquid-to-gas r a t i o . 

SO2 emissions were calculated for Run 932-2A on the same 
basis as for the venturi/spray tower runs, Runs 907-1A and 907-1B. 
Excluding the f i r s t few days of unsteady state operation, the SO2 
emissions for the 27-day period from October 6 through the end of 
the run on November 2, 1978, averaged only 0.26 lb/10° Btu. The 
highest 24-hour average SO2 emission during this period was only 
0.44 lb/10 6 Btu. 

The mist eliminator was completely clean at the end of Run 
932-2A and the entire scrubber system free of scaling and plug
ging. Limestone u t i l i z a t i o n during the run averaged 82 percent. 
Solids discharged from the centrifuge averaged about 61 percent, 
which i s t y p i c a l of unoxidized limestone sludge. 

An adipic acid material balance calculation was made for a 
21-day period during Run 932-2A. The actual adipic acid feed rate 
was 9.2 lb/ton limestone feed, of which 4.2 lb/ton were discharged 
with the centrifuge cake (theoretical requirement) and 5.0 lb/ton 
were unaccounted loss, giving an actual-to-theoretical consumption 
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ratio of 2.2. This ratio was less than the value of 4.6 for 
venturi/spray tower Run 907-lB when oxidation was forced, indicat
ing that forced oxidation promotes adipic acid degradation. How
ever, the actual feed rate of 9.2 lb/ton limestone for Run 932-2A 
was higher than the 8.3 lb/ton limestone for Run 907-lB, because 
of the higher moisture content in the discharge cake for Run 
932-2A without forced oxidation. Thus, the net effect of forced 
oxidation was to reduce the adipic acid makeup requirements by 
approximately 10 percent. 

In summary, the objectives of this long-term test were met. 
High removal was consistently achieved at a good limestone u t i l i 
zation, and no fouling, scaling, or plugging occurred. 

Lime tests with One Scrubber Loop and Without Forced 
Oxidation. Tests with adipi
impressive in enhancing
tower and TCA systems. Table 4 shows some ty p i c a l results of 
adipic acid-enhanced lime tests from the Shawnee TCA without 
forced oxidation. The flow diagram for these tests i s shown i n 
Figure 3. 

A l l three runs l i s t e d i n Table 4 were operated under the same 
conditions, except for the adipic acid concentration. Run 978-2A 
was a base case test without adipic acid. For Runs 979-2A and 
980-2A, adipic acid concentration was controlled at a nominal 600 
ppm and 1,200 ppm, respectively (615 ppm and 1,305 ppm actual). 
The scrubber i n l e t pH was controlled at 7.0 for a l l runs. 

Average SO2 removal improved from 83 percent at 2,350 ppm 
average i n l e t S02 concentration for the base case run, to 93 per
cent SO2 removal at the higher i n l e t SO2 concentration of 2,900 
ppm with 615 ppm adipic acid, and to 97.5 percent removal at 
2,750 ppm i n l e t SO2 with 1,305 ppm adipic acid. Thus, with 600 
to 1,300 ppm adipic acid, SO2 removal improved by 10 to 15 percent 
over the base case removal of 83 percent at 50 gal/Mcf l i q u i d - t o 
gas r a t i o and 7.0 scrubber i n l e t pH. 

Lime Test with One Scrubber Loop and Forced Oxidation. With-
in-scrubber-loop forced oxidation i n a single-loop scrubbing 
system would not be expected to give good SO2 removal for a lime 
scrubber because of the oxidation of the major scrubbing species, 
s u l f i t e ion, into nonreactive sulfate ion. With adipic acid addi
tion, however, satisfactory SO2 removal should be possible because 
calcium adipate becomes the major scrubbing species. In addition, 
the lower pH at which a lime/adipic acid system operates should 
f a c i l i t a t e s u l f i t e oxidation. 

Table 5 l i s t s the test results of such a lime run, Run 
951-2E, using within-scrubber-loop forced oxidation with 1,330 ppm 
adipic acid. The system configuration used for this run was the 
same as that shown i n Figure 3, except that the oxidizing a i r was 
injected into the effluent hold tank (oxidation tank). A single 
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Table 4. 
A d i p i c A c i d - E n h a n c e d L i m e Tests on the S ing le -Loop T C A Sys tem w i t h o u t 

Forced O x i d a t i o n 

Run No. 978-2A 979-2A 980-2A 

Onst ream hours 116 177 247 
F ly ash loading High High High 

A d i p i c acid c o n c e n t r a t i o n , p p m (con t ro l l ed ) 0 615 1,305 
Scrubber gas v e l o c i t y , f t /sec 12.5 12.5 12.5 
Liguid-to-gas ra t i o , ga l /Mc f 50 50 50 
Slu r ry sol ids c o n c e n t r a t i o n , w t % (con t ro l l ed ) 8 8 8 
Scrubber in le t p H (con t ro l l ed ) 7.0 7.2 6.95 
T o t a l stat ic bed height , inches o f 11.5 g ram 

n i t r i le spheres 15 15 15 
E f f l u e n t h o l d t a n k residenc

Average percent SO2 remova

Average in le t SO2 c o n c e n t r a t i o n , p p m 2,350 2,900 2,750 
SO2 make-per-pass, m-moles / l i te r 10.3 14.3 14.3 
Percent o x i d a t i o n o f su l f i te t o sul fate 21 14 10 
Percent l ime u t i l i z a t i o n 92 92 88 
Scrubber in le t l i quo r gypsum sa tu ra t i on , % 125 90 75 

Table 5. 
A d i p i c A c i d - E n h a n c e d L ime Test on the S ing le -Loop T C A Sys tem w i t h 

Forced O x i d a t i o n 

Run No. 951-2E 

Onst ream hours 103 
Fly ash load ing High 

A d i p i c acid c o n c e n t r a t i o n , p p m (con t ro l l ed ) 1,330 
Scrubber gas ve loc i t y , f t / sec 12.5 
Liquid- to-gas ra t i o , ga l /Mc f 50 
Slu r ry sol ids c o n c e n t r a t i o n , w t % (c on t ro l l ed ) 8 
Scrubber in le t p H (con t ro l l ed ) 5.0 
T o t a l s tat ic bed he ight , inches o f 11.5 g ram 

n i t r i l e spheres 15 
O x i d a t i o n t a n k level, f t 17 
O x i d a t i o n t a n k residence t i m e , m i n 4.1 
Average percent SO2 removal 82 
Average in le t SO2 c o n c e n t r a t i o n , p p m 2,400 
SO2 make-per-pass, m-moles / l i te r 10.4 
Percent o x i d a t i o n o f su l f i te t o sul fate 98 
A i r s t o i c h i o m e t r y , a toms o x y g e n / m o l e SO2 absorbed 1.95 
Percent l ime u t i l i z a t i o n 97 
Scrubber in le t l i quor g y p s u m sa tu ra t i on , % 105 
Scrubber in le t l i quor 3O3/HSO3 c o n c e n t r a t i o n , p p m 100 
Cent r i fuge cake solids c o n t e n t , w t % 72 
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3-inch diameter pipe was used for this purpose, with the a i r d i s 
charging downwards at the center of the oxidation tank 5 inches 
from the tank bottom. 

Run 951-2E was made with a scrubber i n l e t pH of 5.0 (oxida
tion tank pH). Higher pH increases the calcium s u l f i t e scaling 
tendency and also decreases oxidation efficiency. Lower pH re
duces the calcium adipate buffer capacity and S02 removal 
efficiency. 

At 5.0 scrubber i n l e t pH and 50 gal/Mcf liquid-to-gas r a t i o , 
s u l f i t e oxidation averaged 98 percent and the SO2 removal was 
satisfactory at 82 percent. 

It should be noted that under the operating conditions chosen 
for Run 951-2E, the major SO2 scrubbing species was calcium adi
pate because there was l i t t l e s u l f i t e available, both in liquor 
or solids, normally th
lime system without force
the 82 percent i n Run 951-2E should be achievable by simply r a i s 
ing the adipic acid concentration beyond the 1,330 ppm tested. 

An SO2 removal of only 65 percent would be predicted under 
the same operating conditions as Run 951-2E, but without forced 
oxidation and without adipic acid addition. With forced oxida
tion and without adipic acid enhancement, the expected SO2 re
moval should be s i g n i f i c a n t l y lower than 65 percent. 

Limestone Long-Term Test with One Scrubber Loop and Forced 
Oxidation. A one-scrubber-loop system has an inherent advantage 
over a two-scrubber-loop system in i t s simple design and lower 
capital and operating costs. If a simple one-loop limestone (or 
lime) system i s operated with adipic acid, which offers the ad
vantage of lower operating pH, then both good SO2 removal and 
s u l f i t e oxidation can be achieved with minimum cost. 

This was i l l u s t r a t e d i n a long-term adipic acid-enhanced 
limestone run, Run 917-1A, conducted on the Shawnee spray tower 
system from December 26, 1980, to March 13, 1981. Figure 4 shows 
the flow diagram for this long-term run with forced oxidation 
using two series tanks i n the slurry loop. Oxidation was forced 
in the f i r s t tank while fresh limestone was added to the second. 
Use of two tanks i n series i n a within-scrubber-loop forced oxi
dation system has several advantages over a single tank: 

• Lower pH i n the f i r s t tank (oxidation tank), 
which receives the scrubber effluent slurry, 
gives better oxidation efficiency 

• Limestone blinding potential by calcium s u l f i t e 
i s reduced because liquor s u l f i t e i s oxidized 
in the f i r s t tank before fresh limestone i s 
added to the second tank 

• Limestone u t i l i z a t i o n i s improved with two tanks 
in series 
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• The second tank offers extra time for gypsum 
desupersaturation and precipitation 

• The second tank provides a i r - f r e e suction for 
slurry r e c i r c u l a t i o n pumps 

In any within-scrubber-loop forced oxidation system, i r r e 
spective of whether i t i s additive promoted or not, the possi
b i l i t y exists for calcium s u l f i t e blinding of limestone because 
the recirculated slurry lacks the s o l i d CaS03 cr y s t a l seeds. 
Under this environment, and i f the oxidation intensity i s not 
s u f f i c i e n t l y high, liquor s u l f i t e could build up to a l e v e l at 
which CaS03 begins to precipitate on alkaline limestone par
t i c l e s , causing limestone blinding, reduced dissolution, and a 
pH drop. The problem i s usually avoided by increasing the a i r 
stoichiometry to preven
The potential of limeston
of two tanks i n series, as described above, to permit s u l f i t e 
oxidation before limestone addition. 

Table 6 summarizes the important test results of Run 917-1A. 
As i n the previous runs with forced oxidation, a i r was injected 
into the oxidation tank through a single 3-inch diameter pipe. 
The system was onstream for 1,688 hours. During the run, the 
scrubber was out of service for 78 hours due to equipment prob
lems and 84 hours due to b o i l e r outages. Excluding bo i l e r out
ages, Run 917-1A operated with an onstream factor of 95.6 percent. 

The run was controlled at a scrubber i n l e t pH of 5.0 to 5.1 
and an adipic acid concentration of 1,300 to 1,700 ppm to obtain 
90 percent or higher SO2 removal. The flue gas flow rate was 
varied between 20,000 and 35,000 acfm (5.4 to 9.4 ft/sec super
f i c i a l gas velocity) according to a "t y p i c a l daily b o i l e r load 
cycle." The slurry flow rate was fixed at 2,400 gpm (L/G = 85 to 
150 gal/Mcf). Slurry solids concentration was controlled at 15 
percent. 

SO2 removal during the run averaged 93.4 percent at 2,660 
ppm average i n l e t SO2 concentration. At the low L/G of 85 gal/ 
Mcf, SO2 removal varied from 87 to 92 percent with 1,300 ppm 
adipic acid, and from 90 to 93 percent with 1,700 ppm adipic acid. 
At the high L/G of 150 gal/Mcf, the removal was 97 to 99 percent. 
Daily average SO2 removal was 92 to 95 percent. 

Limestone u t i l i z a t i o n averaged 92.6 percent. S u l f i t e oxida
tion was excellent at 99.8 percent and the f i l t e r cake solids 
content was high, averaging 86 percent. Gypsum saturation i n the 
scrubber i n l e t liquor was only 93 percent. 

The mist eliminator was completely clean at the end of the 
run, and there was no evidence of plugging or scaling within the 
spray tower. 

The actual adipic acid consumption rate during Run 917-1A was 
only 5.4 lb/ton of limestone feed, four times the theoretical 
requirement. 
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Tab le 6. 

A d i p i c A c i d - E n h a n c e d L imes tone Test on the S ing le -Loop Spray T o w e r 

Sys tem w i t h Forced O x i d a t i o

R u n N o . 9 Ί 7 - 1 Α 

Onst ream hours 1,688 

F ly ash load ing High 

A d i p i c acid c o n c e n t r a t i o n , p p m (con t ro l l ed ) 1 ,300-1,700 

Scrubber gas v e l o c i t y , f t /sec 5.4-9.4 

L iqu id- to-gas ra t i o , ga l /Mc f 8 5 - 1 5 0 

S lu r ry sol ids c o n c e n t r a t i o n , w t % (con t ro l l ed ) 15 

Scrubber in le t p H (con t ro l l ed ) 5.0-5.1 

O x i d a t i o n t a n k level, f t 18 

O x i d a t i o n t a n k residence t i m e , m i n 2.8 

E f f l u e n t h o l d t a n k residence t i m e , m i n 8.3 

Average percent SO2 removal 9 3 . 4 

Average in le t SO2 c o n c e n t r a t i o n , p p m 2 ,660 

SO2 make-per-pass, m-moles / l i te r 4 .0-8 .9 

Percent o x i d a t i o n o f su l f i te t o sul fate 99 .8 

A i r s t o i c h i o m e t r y , a toms o x y g e n / m o l e SO2 absorbed 1.4-2.4 

O x i d a t i o n t a n k p H 4 .9 

Percent l imestone u t i l i z a t i o n 9 2 . 6 

Scrubber in le t l i quo r g y p s u m sa tu ra t i on , % 9 3 

F i l te r cake solids c o n t e n t , w t % 8 6 
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Limestone Tests with Bleed Stream Oxidation. A major advan
tage of the bleed stream oxidation i s i t s simple flow configura
tion. In operation without forced oxidation, the scrubber bleed 
stream would be sent d i r e c t l y to the solids dewatering system. 
To oxidize this bleed stream, i t i s necessary only to i n s t a l l an 
oxidation tank and the associated agitator and compressed a i r 
system anywhere between the effluent hold tank and the solids de-
watering area. Thus, the bleed stream oxidation scheme i s par
t i c u l a r l y well suited for r e t r o f i t when modifications of the 
existing scrubber system for within-scrubber-loop forced oxidation 
are not possible due to physical constraints. 

Bleed stream oxidation of unenhanced lime or limestone slurry 
i s usually not feasible because the pH r i s e caused by the residual 
a l k a l i i n the oxidation tank makes i t d i f f i c u l t to redissolve the 
sol i d calcium s u l f i t e . Wit
bing, however, this constrain
operating pH and low residual a l k a l i i n the bleed slurry. Thus, 
the oxidation tank can be maintained at a low pH for good s u l f i t e 
oxidation, while achieving high SO2 removal efficiency with a suf
f i c i e n t l y high concentration of adipic acid i n the scrubber 
liquor. 

Table 7 gives the results of a ty p i c a l bleed stream oxidation 
test, Run 915-1C, which was conducted with adipic acid-enhanced 
limestone on the venturi/spray tower system. The effluent s l u r 
r i e s from the venturi and the spray tower were discharged into a 
common effluent hold tank. The scrubber bleed stream was pumped 
from the effluent hold tank to an oxidation tank into which a i r 
was injected through a 3-inch diameter pipe. The f i n a l system 
bleed was withdrawn from the oxidation tank and sent to the solids 
dewatering system. 

Good s u l f i t e oxidation of 98 percent was achieved i n the 
oxidation tank at 4.8 pH and 1.8 a i r stoichiometry. SO2 removal 
was high at 96 percent with 4.8 scrubber i n l e t pH, 4,140 ppm 
adipic acid, and 2,030 ppm i n l e t SO2 concentration. 

Degradation of adipic acid was low, as expected with the low 
pH operation. The actual-to-theoretical adipic acid consumption 
rat i o was only 1.26 for a rate of 8.7 lb/ton of limestone feed. 
The centrifuge cake solids content was 79 percent. 

F a c t o r i a l Test Results. F u l l or p a r t i a l f a c t o r i a l tests have 
been conducted at Shawnee, primarily to investigate the effects of 
adipic acid concentration and pH on SO2 removal. These tests 
usually lasted 12 hours or longer, including at least 5 to 7 hours 
of steady-state operation. Scrubber configurations used were: 
venturi alone, spray tower alone, combined venturi and spray 
tower, and TCA. Limestone was used in a l l scrubber configura
tions. Lime was used only with the venturi alone. Only the t y p i 
c a l results from the TCA and spray tower tests are presented below 
to show the degree of effect of pH and adipic acid concentration 
on SO2 removal. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



292 F L U E GAS D E S U L F U R I Z A T I O N 

Table 7. 

A d i p i c A c i d - E n h a n c e d L imes tone Test on the V e n t u r i / S p r a y T o w e r System 

w i t h Bleed St ream O x i d a t i o n 

Onst ream hours 127 

F ly ash load ing High 

A d i p i c acid c o n c e n t r a t i o n , p p m (con t ro l l ed ) 4 , 1 4 0 

Spray t o w e r gas v e l o c i t y , f t /sec 9.4 

V e n t u r i l iquid-to-gas ra t io , ga l /Mc f 21 

Spray t o w e r l iquid- to-gas ra t i o , ga l /Mc f 57 

S lu r ry solids c o n c e n t r a t i o n , w t % (con t ro l l ed ) 15 

Scrubber in let p H (con t ro l l ed ) 4 .8 

V e n t u r i pressure d r o p , i n . H2O 9 

O x i d a t i o n t a n k level, f t 17 

E f f l u e n t h o l d t a n k residence t i m e , m i n 9.1 

Average percent SO2 removal 9 6 

Average in le t SO2 c o n c e n t r a t i o n , p p m 2 ,030 

Percent su l f i te o x i d a t i o n in e f f l u e n t h o l d t a n k 5 4 

Percent su l f i te o x i d a t i o n in o x i d a t i o n t a n k 9 8 

A i r s t o i c h i o m e t r y , a toms o x y g e n / m o l e SO2 absorbed 1.8 

O x i d a t i o n t a n k pH 4 .8 

Percent l imestone u t i l i z a t i o n 8 8 

Scrubber in le t l i quo r g y p s u m sa tu ra t i on , % 105 

O x i d a t i o n t a n k l i quo r g y p s u m sa tu ra t i on , % 100 

Cent r i fuge cake solids c o n t e n t , w t % 7 9 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



13. W A N G A N D B U R B A N K Adipic Acid-Enhanced Lime/Limestone 293 

Figures 5 through 7 show the results of p a r t i a l f a c t o r i a l 
limestone runs conducted on the TCA system using two tanks i n 
series. Operating conditions common to a l l runs were: 

Fly ash loading: High (2 to 7 grains/dry scf) 
Slurry solids concentration: 15 percent 
Oxidation tank l e v e l (7 f t diameter): 18 f t 
Effluent hold tank l e v e l (20 f t diameter): 6.2 f t 
A i r flow to oxidizer: 220 scfm (for runs with 

forced oxidation) 

Figure 5 shows the S02 removal as a function of adipic acid 
concentration and slurry flow rate for the TCA without spheres 
(grid tower). With a controlled limestone stoichiometry of 1.2 
(5.6 to 6.1 scrubber i n l e
f t ^ , adipic acid concentratio
required to achieve 90 percent SO2 removal. 

Figure 6 i s similar to Figure 5 except that the data used 
for Figure 6 were obtained using 15 inches (5 inches per bed) of 
s t a t i c height of spheres i n the TCA. With a controlled limestone 
stoichiometry of 1.2, 90 percent SO2 removal could be obtained 
with 2,000 ppm adipic acid and only 19 gpm/ft^ slurry flow rate, 
or with only 600 ppm adipic acid at 28 gpm/ft^ slurry flow rate. 
With 37 gpm/ft^, the required adipic acid concentration i s only 
300 ppm to achieve 90 percent removal. Both Figures 5 and 6 show 
that, at 1.2 limestone stoichiometry (5.6 to 6.1 scrubber i n l e t 
pH), SO2 removal begins to "taper o f f " at about 600 ppm adipic 
acid concentration. 

The effects of scrubber i n l e t pH and adipic acid concentra
tion on SO2 removal in the TCA are given i n Figure 7. In compar
ing Figure 7 with Figures 5 and 6 (high pH data) at the same 
slurry flow rate of 28 gpm/ft^, the low pH curves of Figure 7 have 
a noticeably steeper slope for adipic acid concentration above 
600 ppm than i s the case for the high pH data. At low pH, the 
adipic acid i s p a r t i a l l y i n e f f e c t i v e because of a significant 
amount of unionized adipic acid. For example, Figure 6 shows that 
at a scrubber i n l e t pH of 5.6 to 6.1 and 28 gpm/ft^, 75 percent 
SO2 removal can be achieved without adipic acid. To achieve this 
same 75 percent removal, Figure 7 indicates that 600 ppm adipic 
acid i s required at 5.3 scrubber i n l e t pH and 1,700 ppm at 4.6 i n 
l e t pH. Therefore, operation at a very low pH with adipic acid-
enhanced limestone i s not as attractive as at the higher pH from 
the process standpoint, since adipic acid i s only p a r t i a l l y u t i l 
ized for SO2 scrubbing, and the SO2 removal i s far more sensitive 
to fluctuations i n both pH and adipic acid concentration. 

Figures 8 and 9 show the results of p a r t i a l f a c t o r i a l lime
stone runs made on the spray tower. Common operating conditions 
for these runs were: 
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1 0 0 

4 0 I—I I I I I I 1 
0 4 0 0 8 0 0 1 2 0 0 1 6 0 0 2 0 0 0 2 4 0 0 

A D I P I C A C I D C O N C E N T R A T I O N , p p m 

Figure 5. Effect of adipic acid concentration and slurry flow rate on S02 removal 
in the TCA with four grids and without spheres. Key: A, 37 gpm/ft2; O, 28 gpm/ 
ft2; and 0, 19 gpm/ft2. Inlet S02, 1800-2800 ppm; gas velocity, 8.4-12.5 ft/s; 
scrubber inlet pH, 5.6-6.1 (limestone stoich., 1.2); height of spheres, 0 in. with 

forced oxidation. 
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1 0 0 

4 0 0 8 0 0 1 2 0 0 1 6 0 0 

A D I P I C A C I D C O N C E N T R A T I O N , p p m 

2 0 0 0 2 4 0 0 

Figure 6. Effect of adipic acid concentration and slurry flow rate on S02 removal 
in the TCA with four grids and 15 in. of spheres. Key: V , pH 5.6; 0, pH 5.3; 
gpm/ft2; and 0, 19 gpm/ft2. Inlet S02, 1800-2800 ppm; gas velocity, 8.4-12.5 
ft/s; scrubber inlet pH, 5.6-6.1 (limestone stoich., 1.2); height of spheres, 15 in. 

with and without forced oxidation. 
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A D I P I C A C I D C O N C E N T R A T I O N , p p m 
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Figure 7. Effect of adipic acid concentration and scrubber inlet pH on S02 removal 
in the TCA with four grids and 15 in. of spheres. Key: V , pH 5.6; 0, pH 5.3; 
Of pH 5.0; and Δ , pH 4.6. Inlet S02) 1800-2800 ppm; gas velocity, 10.4 ft/s; 

slurry flow rate, 28 gpm/ft2; height of spheres, 15 in. with forced oxidation. 
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1 0 0 

4 0 0 8 0 0 1 2 0 0 1 6 0 0 2 4 0 0 

A D I P I C A C I D C O N C E N T R A T I O N , p p m 

Figure 8. Effect of adipic acid concentration and scrubber inlet pH on S02 re
moval in the spray tower without forced oxidation. Key: Δ , pH 5.4; Ο, pH 5.0; 
and 0, pH 4.6. Inlet S02) 2380-3000 ppm; gas velocity, 9.4 ft/s; and L/G, 85 

gal/Mcf. 
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Fly ash loading: High (2 to 7 grains/dry scf) 
Slurry solids concentration: 15 percent 
Gas v e l o c i t y : 9.4 ft/sec 
Liquid-to-gas r a t i o : 85 gal/Mcf (2,400 gpm) 
A i r flow to oxidizer: 250 scfm (for runs with 

forced oxidation) 

For runs without forced oxidation, a single effluent tank 
20 f t i n diameter with 8.5-ft tank l e v e l was used. For runs with 
forced oxidation, two tanks in series were used with an oxidation 
tank preceding the effluent hold tank. The oxidation tank was 
8 f t i n diameter with an 18-ft tank l e v e l . 

Figure 8 gives the SO2 removal as a function of adipic acid 
concentration and spray tower i n l e t pH for runs made without 
forced oxidation and a
Mcf. SO2 removal i s sensitiv
tration within the ranges shown i n the figure. At a l i q u i d - t o
gas r a t i o of 85 gal/Mcf, 90 percent SO2 removal could be achieved 
at 5.4 scrubber i n l e t pH and 1,200 ppm adipic acid, or 5.0 i n l e t 
pH and 2,200 ppm adipic acid. At 4.6 i n l e t pH, the required 
adipic acid concentration i s estimated to be i n excess of 3,000 
ppm to y i e l d 90 percent SO2 removal. 

Figure 9 shows the effects of scrubber i n l e t pH and adipic 
acid concentration on S02 removal for runs made with forced oxi
dation. As in Figure 8, the liquid-to-gas r a t i o was held con
stant at 85 gal/Mcf for the runs shown i n Figure 9. By comparing 
the two figures, i t i s seen that forced oxidation dramatically 
improved the SO2 removal, especially at the scrubber i n l e t pH be
low about 5.0. For example, at 1,200 ppm adipic acid concentra
tion and without forced oxidation, SO2 removals were 59.77, and 
90 percent at scrubber i n l e t pH of 4.6, 5.0, and 5.4, respec
t i v e l y . The corresponding SO2 removals with forced oxidation were 
87, 91, and 94 percent. 

The reason for improved SO2 removal, p a r t i c u l a r l y at low pH, 
i s that forced oxidation eliminates b i s u l f i t e species, thereby 
reducing the SO2 vapor pressure at the gas-liquid interface and 
improving the SO2 mass transfer e f f i c i e n c y . This mechanism of 
improved SO2 removal holds true when s u l f i t e i s not a major scrub
bing species and the SO2 removal does not depend on the s u l f i t e -
b i s u l f i t e buffer. In the case of Figure 8 and 9, calcium adipate 
i s the major scrubbing reagent. 

Therefore, i t would be advantageous to operate a low pH, 
adipic acid-enhanced limestone or lime system with within-
scrubber-loop forced oxidation which, i n addition to improved SO2 
removal, requires low adipic acid makeup, minimizes gypsum s c a l 
ing potential, and produces a sludge with good disposal proper
t i e s . Based on Figure 9, 90 percent SO2 removal can be achieved 
at 5.0 i n l e t pH and only 1,100 ppm adipic acid, or at 4.6 i n l e t 
pH with 1,400 ppm adipic acid. 
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Springfield Full-Scale Demonstration. In August and Septem
ber 1980, the EPA, through i t s contractor, Radian Corporation, 
conducted the f i r s t demonstration of the commercial f e a s i b i l i t y 
of adipic acid addition to a f u l l - s c a l e limestone scrubber (8). 
The host f a c i l i t y was the Southwest Power Plant of the City U t i l 
i t i e s of Springfield, Missouri. In that f a c i l i t y , 3.5 percent 
sulfur eastern coal i s burned in two boilers with a t o t a l gener
ating capacity of 200 MW. The flue gas from the e l e c t r o s t a t i c 
precipitators i s scrubbed by two p a r a l l e l 100 MW TCA fs. 

During this i n i t i a l two-month test period, seven different 
sets of test conditions were examined. Table 8 presents the 
major results of two baseline tests without adipic acid conducted 
on Modules S-l and S-2, and seven tests with adipic acid con
ducted on Module S - l . A l l tests were without forced oxidation. 

SO2 removal improve
tests to 91, 95, and 9
adipic acid, respectively, at the same scrubber i n l e t pH of 5.5. 
At 5.0 i n l e t pH, SO2 removal remained high at 84, 90, and 93 per
cent with 1,250, 13,00, and 1,800 ppm adipic acid, respectively. 
At the lower pH of 5.0, the limestone u t i l i z a t i o n also increased 
from 76 to 84 percent for the baseline tests (pH 5.5) to 84 to 
97 percent. 

The results are consistent with the Shawnee findings. Fur
thermore, the SO2 removal obtained at Springfield lay within 1 to 
3 percentage points of model prediction based on the Shawnee data 
under similar operating conditions. 

It should be noted that the odor associated with the adipic 
acid testing also was not a problem at Springfield. 

Following these i n i t i a l tests, the scrubber system was shut 
down for scheduled maintenance. Subsequently, the demonstration 
continued with adipic acid testing, both with and without forced 
oxidation. These results w i l l be reported separately by others. 

Rickenbacker Industrial Boiler Demonstration. In February, 
March, and A p r i l 1981, the EPA, through i t s contractor, PEDCo 
Environmental, Inc., conducted adipic acid-enhanced limestone 
scrubber tests on an industrial-sized system. The testing was 
carried out at the Rickenbacker A i r Force Base on a Research-
Cottrell/Bahco system rated at 55,000 scfm, or about 27 MW equiva
lent. The tests, conducted with c e r t i f i e d instrumentation, i n d i 
cated an SO2 removal efficiency increase from 55 percent without 
adipic acid, to 90 to 95 percent with adipic acid. This improve
ment was achieved at a scrubber i n l e t pH of 5.0 and adipic acid 
concentrations of between 2,000 and 2,500 ppm. More complete data 
w i l l be reported separately by others. 

Economics 

The economics of limestone scrubbing, with or without addi
ti v e , have been projected for forced oxidation systems designed to 
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Table 8. 

Results of Springfield Full-Scale Adipi

Adipic 

Gas Slurry Inlet Scrubber Acid Av. S 0 2 Limestone Test 

Flow Flow* so 2 Inlet Cone. Removal Ut i l . Period 

Test 1 0 3 d s c f m gpm ppm dry PH ppm % % hrs, 

Baseline 

S-1 171 13,500 2,410 5.5 0 68 76 497 

S-2 163 13,500 2,410 5.5 0 72 84 408 

Adipic Acid 

(S-1) 

1 201 13,500 2,460 5.5 840 91 82 122 

2 187 13,500 2,360 5.5 1,040 95 75 50 

3 190 13,500 2,420 5.2 1,000 88 94 74 

4 193 13,500 2,500 5.0 1,250 84 91 44 

5 192 13,500 2,540 5.0 1,800 93 84 33 

6 196 13,500 2,500 5.5 1,650 96 73 89 

7 175 13,500 2,640 5.0 1,300 90 97 84 

"S lur ry contains approx imate ly 10 wt % solids. 
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achieve an average of 90 percent SO2 removal from high-sulfur 
flue gas. The ca p i t a l investment and revenue requirements are 
calculated using a Design/Economics Computer Program which was 
j o i n t l y developed by TVA and Bechtel under EPA sponsorship (9,10). 

For the purposes of this report, four cases were studied, 
including a limestone case with MgO additive. The operating con
ditions for these cases are presented i n Table 9. The evalua
tions were based on a 500 MW scrubbing f a c i l i t y incorporating 
forced oxidation, and operating on flue gas from a boi l e r burning 
eastern coal containing 4 percent sulfur by weight. The cases 
evaluated were: 

Case 1 — A limestone base case without additive 
operated at r e l a t i v e l y high limestone s t o i c h i 
ometry and liquid-to-gas-rati
percent SO2 removal
long-term r e l i a b i l i t y with this mode of opera
tion has not been demonstrated at Shawnee. 

Case 2 — A limestone case with MgO addition. Oxi
dation of the scrubber bleed stream was chosen 
because in-loop oxidation i s incompatible with 
magnesium-enhanced scrubbing. As i n Case 1, 
long-term r e l i a b i l i t y has not been demonstrated 
at Shawnee for this mode of operation. 

Case 3 — A limestone case with adipic acid addition 
operated at high pH. Although only 800 ppm 
adipic acid i s required to obtain 90 percent 
SO2 removal, degradation of adipic acid at high 
pH requires about f i v e times the theoretical 
adipic acid addition rate. 

Case 4 — A limestone case with adipic acid addition 
operated at low pH. For this case, 2,000 ppm 
adipic acid i s required. However, the low pH 
operation requires only 1.4 times the theoreti
c a l adipic acid addition rate and 1.05 limestone 
stoichiometry. 

The results of the economic evaluations are presented i n 
Tables 10 and 11. The capit a l investment and the f i r s t - y e a r 
revenue requirement i n Table 10 include the dewatering equipment 
(thickener and f i l t e r ) but exclude the waste sludge ( f i l t e r cake) 
disposal area. Table 11 l i s t s separately the f i r s t - y e a r revenue 
requirement for the waste sludge disposal area. 

As shown i n Table 10, both the t o t a l c a p i t a l investment and 
the f i r s t - y e a r revenue requirement are the lowest for adipic acid-
enhanced limestone scrubbing at low pH (Case 4). The t o t a l capi
t a l investment i s reduced by 4.8 percent, and the f i r s t year 
revenue requirement reduced by 5.8 percent for the limestone/ 
adipic acid/low pH case (Case 4), compared with the conventional 
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Table 9. 

C o n d i t i o n s f o r E c o n o m i e Ana lys is o f L imes tone Sc rubb ing w i t h Forced 

O x i d a t i o n and w i t h o r w i t h o u t A d d i t i v e 

Capac i ty : 

Coa l : 

Scrubber : 

SO2 removal e f f i c i ency : 

Super f ic ia l gas v e l o c i t y

N u m b e r o f t ra ins : 

Sol ids d e w a t e r i n g : 

Ons t ream f a c t o r : 

E f f l u e n t h o l d t a n k residence 

t i m e : 

O x i d a t i o n t a n k residence t i m e : 

O x i d a t i o n t a n k level: 

A i r sparger pressure d r o p : 

O x i d a t i o n t a n k ag i ta tor H p : 

So l id su l f i te o x i d a t i o n : 

A i r s t o i c h i o m e t r y : 

N u m b e r o f t a nk s : 

A l k a l i : 

5 0 0 M W 

4 w t % su l fu r 

T C A w i t h 3 beds, 4 gr ids, and 5 inches 

o f stat ic he ight o f spheres per bed 

9 0 % 

T o 8 0 % sol ids by th i ckener and ro ta ry 

d r u m v a c u u m f i l t e r 

5 ,500 h r / y r 

5 m i n 

5 m i n 

18 f t 

5 psi 

0 .002 brake Hp/gal 

9 9 % 

1.7 lb -a toms 0 / l b mo le SO2 absorbed 

2 (e f f l uen t h o l d t a n k and o x i d a t i o n t a n k ) 

L imes tone 

Case N o . 1 2 3 4 

A d d i t i v e _ MgO A d i p i c A d i p i c 

A c i d A c i d 

A d d i t i v e c o n c e n t r a t i o n , p p m — 5,500< a > 8 0 0 2 ,000 

A d d i t i v e rate, Ib /h r - 104 8 3 . 3 < b ) 53.6< c > 

L / G , ga l /Mc f 58 5 0 50 50 

L imes tone s t o i c h i o m e t r y , moles 

Ca /mo le SO2 absorbed 1.52 1.20 1.20 1.05 

T C A in le t p H 5.8 5.4 5.6 4 .8 

Mode o f o x i d a t i o n 1 l o o p , bleed 1 l o o p , 1 l o o p , 

2 tanks st ream 2 tanks 2 tanks 

(a) Excess of molar equivalent of chloride. 

(b) Five times theoretical consumption. 

(c) 1.4 times theoretical consumption. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



304 F L U E GAS D E S U L F U R I Z A T I O N 

Table 10. 

Results o f E c o n o m i c Ana lys is Ex c lud in g Waste Sludge Disposal Area 

T o t a l Capi ta l I nves tment F i rs t Year Revenue R e q u i r e m e n t 

Case N o . $ M M ( 1 9 8 2 ) $ / k W Cost Fac to r $ M M (1984) M i l l s / k W h Cost Fac tor 

1 8 7 . 4 0 174.8 1.000 25 .01 9 .09 1.000 

2 8 5 . 2 6 170.5 

3 83 .97 167.9 

4 8 3 . 2 2 166.4 0 .952 2 3 . 5 6 8.57 0 .942 

Revenue requ i remen t includes 14 .7% annual capi tal charge. 

Raw mater ia l costs ( 1 9 8 4 ) : L imes tone — $ 8 . 5 / t o n 

MgO - $ 4 6 0 / t o n 

A d i p i c A c i d - $ 1 2 0 0 / t o n 

Table 1 1 . 

Revenue R e q u i r e m e n t in Waste Sludge Disposal A rea 

Fi rs t Year Revenue R e q u i r e m e n t , M i l l s / k W h (1984) 

F i l te r Cake, T o t a l E x c l u d i n g Sludge 

Case N o . d r y t o n s / h r Sludge Disposal Disposal T o t a l Cost Fac to r 

1 48 .7 9 .09 0.97 10 .06 1.000 

2 4 1 . 6 8 .78 0 .83 9.61 0 .955 

3 4 1 . 6 8 .73 0 .83 9 .56 0 .950 

4 38 .3 8.57 0.77 9 .34 0 .928 

Revenue requ i remen t includes 14 .7% annual capi tal charges. 

Sludge disposal cost assumes $ 1 0 / d r y t o n , i nc lud ing 14 .7% annual capi ta l charge. 
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limestone case (Case 1). The revenue requirement includes 14.7 
percent annual capi t a l charge. 

Total c a p i t a l investment and operating costs for adipic 
acid-enhanced limestone at high pH (Case 3) are higher than those 
for limestone/adipic acid at low pH (Case 4), but are s t i l l lower 
than those for the conventional limestone (Case 1) or the lime-
stone/MgO case (Case 2). Total c a p i t a l investment i s lower by 
3.9 percent, and the fi r s t - y e a r revenue requirement i s lower by 
4.0 percent for Case 3, compared with Case 1. 

Table 11 i l l u s t r a t e s the additional savings that result from 
adipic acid addition. Because of the lower pH operation, and 
thus lower limestone consumption, the amount of waste solids pro
duced i s lower for limestone/adipic acid cases (Cases 3 and 4) 
than for a limestone case (Case 1). Assuming a l a n d f i l l disposal 
cost of $10/dry ton, includin
charge, the f i r s t - y e a r revenu
posal area are 0.97, 0.83, and 0.77 mills/kWh for Cases 1, 3, and 
4, respectively. Thus, the t o t a l f i r s t - y e a r revenue requirement, 
including the sludge disposal area, i s 9.34 mills/kWh for Case 4, 
compared with 10.06 mills/kWh for Case 1. This i s a reduction of 
7.2 percent, compared with 5.8 percent when the sludge disposal 
cost i s not included. 

These cost figures are cited as representative of ty p i c a l 
scenarios only, and some variation from them would be normally 
expected. Moreover, the differences i n to t a l c a p i t a l investments 
and operating costs between these cases are small. The pr i n c i p a l 
conclusion from these evaluations i s that adipic acid addition to 
a limestone scrubbing system decreases cost consistently when com
pared on the same basis. 

It should be noted that adipic acid use provides a l e v e l of 
f l e x i b i l i t y i n fuel and reagent choice and control l e v e l not 
available with other systems, and i n s i t e - s p e c i f i c cases, may 
prove to be much more economically advantageous than indicated 
above. 
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14 
Energy Requirements for SO2 Absorption in 
Limestone Scrubbers 

ROBERT H. BORGWARDT 
U.S. Environmental Protection Agency, Industrial Environmental Research 
Laboratory, Utilities and Industrial Processes Division, 
Research Triangle Park, NC 27711 

The energy neede
for flue gas desulfurization (FGD) has been estimated 
to be as much as 8 percent of the total energy produced 
by power plants. A major part of the energy demand is 
electrical power consumed by the fans and pumps of the 
SO2 absorber. This paper examines the net work input 
and gross specific electric demand of three types of 
limestone scrubbers, using data reported in the l i t 
erature on pressure drop and slurry recirculation 
rates for high-sulfur coal applications. It shows 
that the net work required for 90 percent SO2 removal 
is 70 ft-lb/cu ft of flue gas scrubbed in a turbulent 
contacting absorber (TCA) and 82 ft-lb/cu ft in a 
spray tower (gas volumes at 125°F and saturated). At 
60 percent pump efficiency and 70 percent fan ef
ficiency, the gross electric energy demand for 90 
percent SO2 removal in the TCA and spray tower is 2.8 
and 3.4 W/cfm, respectively. A spray tower will 
nevertheless require only 0.16 percent more of the 
total plant power production than a TCA scrubber. The 
data on a high-velocity cocurrent grid tower indicate 
that it will be more energy efficient than a counter
-current spray tower, in addition to reducing the 
capital cost. Well designed FGD systems using no 
reheat should not require more than 1.3 percent of the 
total plant power production. Adipic acid, added at a 
concentration of 1400 ppm to the scrubbing liquor, can 
reduce the electric power demand of the absorber by 30 
percent. The additive is most cost-effective, how
ever, when used to increase the limestone utilization. 
New dual-alkali limestone scrubbers can reduce the 
total energy demand of a FGD system to less than that 
generated by the combustion of the sulfur in most high 
sulfur coals. 

This chapter not subject to U.S. copyright. 
Published 1982 American Chemical Society. 
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An analysis of the energy and economic impacts of pollution 
control for coal- f i r e d power plants (_1) estimated that as much as 
8 percent of the net power production would be required to achieve 
92 percent SO2 removal with limestone flue gas desulfurization 
(FGD) systems. Others (2̂ ) have reported that 2 to 5 percent of the 
total power generating capacity of a boiler unit i s generally 
required to operate SO2 scrubbers—exclusive of the energy used to 
reheat the cooled flue gas—and that the power plant's net 
generating capacity is e f f e c t i v e l y "de-rated" by that amount. A 
study prepared by TVA (3) estimates that 3.5 percent of the total 
power-plant energy input w i l l be required to meet the current 
emission standard of 1.2 lb SO2/M Btu, or 90 percent removal, for 
new plants burning high sulfur coals. TVA1s analysis showed that 
the t o t a l energy demand of the FGD system i s divided about equally 
between the steam requirement
e l e c t r i c i t y required a
be broken down into four categories, each accounting for the 
approximate fraction of total e l e c t r i c demand indicated i n paren
theses : 

1) E l e c t r i c power required by the scrubber fans and 
recycle pumps to effect SO2 absorption (60 percent). 

2) E l e c t r i c power consumed by the scrubber fans to over
come the pressure drop i n the connecting ductwork and 
dampers, and to move the a i r leaked through the 
ductwork—primarily at the a i r preheater (24 percent). 

3) E l e c t r i c power used for raw materials handling and 
preparation; e.g., limestone grinding and waste d i s 
posal pumps (9 percent). 

4) E l e c t r i c power needed to operate a n c i l l a r y scrubber 
equipment such as effluent hold-tank mixers, satu
ration spray pumps, and thickener rake (7 percent). 

Since the energy required for reheat i s as great as the sum of 
a l l other energy demands, most of the e f f o r t to reduce FGD energy 
consumption has focused on the reheat problem. Bypass reheat has 
been proven the most energy-efficient technique for use at power 
plants burning low sulfur coals. A limestone scrubber of this type 
i s said to operate on less than 1.3 percent of plant power 
product ion (4). For most coals, the 1979 EPA New Source 
Performance Standards w i l l e f f e c t i v e l y disallow bypass reheat i n 
new power plants. Although reheat may provide a sligh t reduction 
in ground level pollution C5) i n the immediate v i c i n i t y of a power 
plant, i t s principal function i s not pollution control, but cor
rosion control. Some plants are avoiding reheat altogether by 
using new stack l i n e r designs and more costly materials of 
construction, including Inconel 625, to protect equipment down
stream of the scrubber; Muela's survey of 103 existing and 
proposed u t i l i t y FGD systems i n the U.S. showed 20 using this 
approach. A more innovative solution to the problem i s now being 
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used i n Japan and Europe: Ljungstrom type heat exchangers which 
reheat the scrubbed flue gas with the hot (320°F) scrubber i n l e t 
gas from the a i r preheater. Ando (6) reports a limestone FGD 
system that i s achieving 149°F of reheat by this method. 

The re l a t i v e magnitude of the four categories of e l e c t r i c power 
demand w i l l vary with the type of scrubber and configuration of the 
FGD system. Typically, more than 80 percent of the process energy 
w i l l be consumed by the fans and recycle pumps (categories 1 and 
2). Most of this process energy is expended s p e c i f i c a l l y for SO2 
absorption; i.e. , to overcome the pressure drop of the absorption 
tower and to recirculate the absorbing slurry. Improvements in 
scrubber design which reduce the power requirements of the 
absorber can thus have a significant impact on the total energy 
demand. For those systems using no reheat or heat exchange, the 
el e c t r i c power require
the t o t a l energy input

A s e n s i t i v i t y analysis of operating variables which affect the 
energy requirements of limestone scrubbers (_7) id e n t i f i e d pH as 
the most important factor related to the absorber. As a pr a c t i c a l 
matter, however, the operating pH i s fixed by constraints imposed 
by r e l i a b i l i t y and waste production so that i t does not offer an 
effective means of reducing energy demand. It is known, for 
example, that the limestone stoichiometric ratio—which largely 
determines pH—must be maintained below 1.17, corresponding to a 
pH of 5.6, to avoid mist eliminator fouling (8). A pH of about 5.8 
is the maximum that can be used in practice for closed loop 
operation with high sulfur coals. Since this pH corresponds to a 
stoichiometric r a t i o of 1.4 to 1.5, a special washing protocol for 
the mist eliminators must be s t r i c t l y adhered to for r e l i a b l e 
scrubber operation. The tradeoff of absorption e f f i c i e n c y (and 
energy consumption) for r e l i a b i l i t y is also encouraged by the high 
cost of disposal of the excess sludge produced when operating at 
high stoichiometric ratios. An alternative to varying pH i s to 
employ scrubber additives which enhance mass transfer, such as MgO 
or adipic acid. These additives have been shown to have a large 
effect on the liquid-to-gas r a t i o required to achieve a given SO2 
removal effi c i e n c y and, in the case of adipic acid, to also reduce 
the amount of limestone needed. 

The objective of this analysis i s to establish, by examination 
of available data on pressure drop and pumping rates, the energy 
required for SO2 absorption (category 1) as a function of removal 
efficiency. The available data w i l l be compared for scrubbers of 
different types at a given removal efficiency and pH when 
operating with a closed water loop and flue gas from combustion of 
high sulfur coal. Low sulfur coals w i l l require less energy or a 
given removal eff i c i e n c y , since mass transfer i s enhanced by lower 
i n l e t SO2 concentration. F i n a l l y , the effect on energy demand of 
additives which affect SO2 mass transfer w i l l be determined. 
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Procedure 

The power required to move flue gas through the scrubber, from 
the absorber i n l e t to the mist eliminator outlet, was calculated 
from pressure drop and gas flow-rate data reported in the 
lit e r a t u r e for a range of s u p e r f i c i a l v e l o c i t i e s , liquid/gas 
ratio s , and internal scrubber packings. A fan of the wet induced-
draft type was assumed for each case, operating on saturated flue 
gas at 125°F. The gas-side power input was added to the power 
delivered through the slurry r e c i r c u l a t i o n pumps which was c a l 
culated from the volumetric flow rates and the minimum discharge 
pressures required for the given scrubbers. The total power input 
for SO2 absorption was thus determined as: 

Ρ =

where: Ρ i s the total net mechanical power delivered to the 
scrubber, ft-lb/min; 

Q i s the volumetric flow rate of flue gas out of the 
scrubber (saturated at 125°F), cu ft/min; 

ΔΡ i s the gas pressure drop across the absorber 
(including the mist eliminator), lb/sq f t ; 

L i s the slurry r e c i r c u l a t i o n rate through the ab
sorber y cu ft/min; 

and H i s the slurry discharge head of the pumps, 
determined as: 

H = (H-H t)p + P n + p L (2) 

where: h is the height of the absorber i n l e t nozzles, f t ; 
h t i s the height of the slurry surface i n the effluent 

hold tank, f t ; 
ρ is the density of the slurry (64.8 lb/cu f t at 8 

percent s o l i d s ) ; 
ρ i s the spray nozzle pressure drop, lb/sq f t ; and 
p^ i s the pressure drop i n the slurry piping due to 

f r i c t i o n and acceleration, lb/sq f t . 

To make comparisons on a consistent basis, Ρ was divided by the 
flue gas throughput to obtain the work required per cubic foot of 
gas cleaned. This net specific-work input, in ft- l b / c u f t , was 
used to compare the re l a t i v e e f f i c i e n c i e s of different scrubber 
types for achieving a given SO2 removal. The gross e l e c t r i c energy 
demand, in W/cfm of flue gas scrubbed, was obtained by dividing the 
net work input by the e f f i c i e n c i e s of the fan and pump for 
converting e l e c t r i c a l energy to mechanical energy: 

1 - · Α Λ 0.0226 r ΔΡ A L(H) 1 

Gross e l e c t r i c demand = [ — + — J (3) 
ne n f QiTp 
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where: η e i s the e l e c t r i c a l e f f i c i e n c y of the motors; 
is the mechanical e f f i c i e n c y of the fan; and 

η ρ i s the mechanical e f f i c i e n c y of the pumps. 

Table I summarizes the principal features of the scrubber 
systems. Most of the data are from the prototype test f a c i l i t y 
operated for EPA by Bechtel National, Inc. from 1972 through 1980 
at the TVA Shawnee Power Plant. The pumping heads shown for the 
TCA (turbulent contacting absorber) and spray tower i n Table I 
represent operation with a 6-ft clearance between the bottom 
scrubber flange and the surface of the slurry i n the effluent hold 
tank (EHT). Due to an oversized EHT used i n the prototypes, most 
tests were actually conducted with the EHT only one-third f u l l and 
the pumping heads were 11 f t higher than those indicated. This 
free space i s assumed t
work input i s calculate
1000 lb/sq f t was assumed i n a l l cases i n accordance with the 
recommended practice of maintaining 8 to 10 ft/sec slurry velocity 
in the recycle lines. An important feature of the three scrubbers, 
and a necessary condition for meaningful comparisons between them, 
is that the same limestone type and grind was used i n a l l tests. It 
contained 95 percent CaC03 and less than 3 percent MgC03; the grind 
was 90 percent passing 325 mesh. The scrubber i n l e t S0£ 
concentrations were 2300 to 2800 ppm. The scrubbers operated 
closed-loop with chloride levels averaging 3000 ppm in the 
scrubbing liquor. 

TABLE I. FEATURES OF PROTOTYPE SCRUBBERS 

Spray Cocurrent 
TCA Tower Scrubber 

Scrubber cross section, sq f t 32 50 12.5 
EHT slurry level to: 

Upper spray header, f t 33 33 15, 41 
Lower spray header, f t N/A 24 31 
Venturi, f t N/A 20 N/A 

Pressure drop across 5 10 10 
nozzles, psi 

Results and Discussion 

TCA Scrubber. Head (9) reported SO2 removal e f f i c i e n c i e s of 
a limestone TCA operated at a feed slurry pH of 5.8 and three levels 
each of gas ve l o c i t y and slurry r e c i r c u l a t i o n rate. Those data are 
plotted i n Figure 1 as a function of the net work input, calculated 
according to Equations (1) and (2). The p a r t i a l l y closed symbols 
denote tests with three beds of n i t r i l e foam spheres, each bed 
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having 5 in. s t a t i c depth. The open symbols denote tests without 
spheres, in which case the absorber internals consisted only of 
the four bar grids which normally support the TCA spheres. 

It i s evident from Figure 1 that a net work input of 70 f t - l b / c u 
f t i s required to remove 90 percent of the scrubber i n l e t SO2. For 
70 percent removal, 41 f t - l b / c u f t is required. The net work 
required to remove a given amount of SO2 was independent of 
scrubber gas velocity within the range tested, 8.3 to 12.5 ft/sec. 

Figure 1 also shows that removal e f f i c i e n c y increases i n a 
continuous manner with work input for operation with and without 
spheres. Thus, the spheres do not perceptibly increase the work 
requirement, but greatly improve the SO2 absorption for a given 
slurry r e c i r c u l a t i o n rate. The additional pressure drop caused by 
the spheres was thus f u l l y energy-effective at bed depths up to 5 
i n . Tests with the bed
spheres) were not energ
given work input was about 10 percent lower than the curve of 
Figure 1. 

Spray Tower. Figure 2 shows the SO2 removals reported by Head 
09) and by Burbank and Wang(10) for a limestone spray tower, 
plotted as a function of the net work input. The feed liquor pH was 
again 5.8 (stoichiometric r a t i o = 1.4 to 1.5). Gas v e l o c i t i e s and 
slurry r e c i r c u l a t i o n rates were systematically varied from 5.4 to 
9.4 ft/sec, and 15 to 30 gpm/sq f t , respectively. The data include 
scrubber configurations with and without a venturi preceding the 
spray tower. A l l data are for single-loop mode of operation; i.e. , 
the venturi and spray tower were fed from a single EHT. 

The pumping energy was calculated for the spray tower assuming 
that two pumps are used for slurry r e c i r c u l a t i o n : one for the two 
upper spray headers and one for the two lower headers. Equal flows 
to the upper two headers were assumed for l i q u i d rates up to half 
the maximum to t a l flow; beyond half maximum flow, the bottom two 
headers were assumed to receive the remaining flow* The venturi, 
when used, was assumed to be provided with a third pump. The 
pressure drop across the spray nozzles was assumed constant at 10 
ps i . 

The spray tower data correlate with work input in a manner 
similar to the TCA; the only data not following that correlation 
were the venturi tests at the highest gas velocity, 9.4 ft/sec, 
indicating an additional 15 ft - l b / c u f t was needed to attain a 
given SO2 removal. One can conclude that the venturi i s not energy 
e f f i c i e n t at v e l o c i t i e s above 7.4 ft/sec. Comparison of Figures 1 
and 2 shows that the to t a l net work required for 90 percent SO2 
removal i n the spray tower, 82 ft - l b / c u f t , i s about 17 percent 
higher than the 70 f t - l b / c u f t required by the TCA. 

Work i s delivered to the spray tower primarily through the 
slurry pumps. The TCA scrubber delivers most of the work through 
the fans due to i t s lower liquid/gas ra t i o and higher pressure 
drop. If the mechanical e f f i c i e n c i e s of the pumps and fans were 
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/ 

TOWER GAS RATE, LIQUOR RATE, 
INTERNALS ft/sec gpm/sq ft 

1 9 28 37 _ 

8.3 Δ Δ Δ 

WITHOUT 10.4 m • Β 
SPHERES 12.5 Φ ο θ 

10 20 30 40 50 60 
NET WORK INPUT, ft-lb/cu ft 

70 80 90 

Figure 1. S02 removal efficiency of TCA scrubber as a function of net work 
input, pH 5.8. 
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equal, then the gross e l e c t r i c a l energy demand of the two scrubber 
types would follow the same re l a t i v e responses as Figures 1 and 2. 
Although the ef f i c i e n c y of slurry pumps i s generally agreed to be 
about 60 percent, fan e f f i c i e n c i e s are higher—sometimes ap
proaching 80 percent. As a result, the gross e l e c t r i c demand w i l l 
be lower for scrubbers that deliver most of the work through the 
fans. Table 2 compares the same data as Figures 1 and 2 on the 
basis of gross e l e c t r i c demand calculated by Equation (3) for 
various assumed fan e f f i c i e n c i e s . Whereas the spray tower i s 
l i t t l e affected by fan ef f i c i e n c y , the e l e c t r i c demand of the TCA 
can be reduced s i g n i f i c a n t l y by the use of more e f f i c i e n t fans. 

Cocurrent Flow. Henson (11) reported tests with a 45-ft high 
limestone scrubber i n which both the flue gas and the scrubbing 
slurry entered the top o
flow. This configuratio
the countercurrent scrubbers discussed above. The principal 
advantage expected of this design i s a reduction of capital cost 
due to the smaller scrubber diameter for a given throughput. The 
scrubber height was varied in those tests as well as gas velocity, 
L/G, and tower internals. The limestone stoichiometric r a t i o was 
again 1.4 mol/mol of SO2 absorbed. When operated as a 45-ft open 
spray tower and 18 ft/sec gas velocity, a slurry r e c i r c u l a t i o n 
rate of 192 gpm/sq f t was required for 88 percent SO2 removal. 
Henson reported an increase i n pressure across the tower under 
these conditions due to the energy transferred to the gas by the 
downward flowing slurry. Using Equations (1) and (2) to calculate 
the net work input from these data, crediting the work recovered 
due to the 0.6-in. H2O pressure gain, yields a value of 119 f t -
lb/cu f t . Comparison of this value with Figure 2 shows that the 
open cocurrent spray tower i s less energy e f f i c i e n t than the 
countercurrent type. 

Henson added six 1-1/4 in. thick grids to the cocurrent tower 
and obtained 90 percent SO2 removal with a shorter (35-ft) tower 
and higher (27 ft/sec) gas velocity. A positive 3.0-in. H2O 
pressure drop was observed i n this case with the slurry r e c i r 
culation rate again at 192 gpm/sq f t . The net work input was 
reduced to 91 ft-l b / c u f t due to the lower pumping head. Another 
test with six 3-3/4 i n . grids i n the 35-ft tower yielded 6.5-in. 
H2O pressure drop at 27 ft/sec gas velocity, but only 112 gpm/sq f t 
was needed to achieve 90 percent SO2 removal. The net work input 
calculated for these conditions i s 78 ft - l b / c u f t . Addition of 
grids to the cocurrent tower thus reduced the work needed for 90 
percent SO2 removal to a level comparable to the countercurrent 
scrubbers. Since a large part of the work delivered to the g r i d -
packed cocurrent scrubber i s through the fan, i t w i l l be capable of 
operating with lower e l e c t r i c power demand than the countercurrent 
spray tower, as shown by the comparison in Table II. One can 
conclude from these comparisons that the reductions in cap i t a l 
costs expected from cocurrent high-velocity scrubbers can be 
realized without penalty i n energy demand. 
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TABLE II. GROSS ELECTRIC ENERGY INPUT FOR 
90 PERCENT S0 2 REMOVAL 

Mechanical 
Ef f i c i e n c y of Fan, 

percent 

Gross Energy Input, W/cfma 

Mechanical 
Ef f i c i e n c y of Fan, 

percent TCA 
Spray 
Tower 

Cocurrent 
Grid Tower 

60 3.0 3.45 3.27 

70 2.75 3.41 3.07 

80 

aPump ef f i c i e n c y = 60 percent; 90 percent motor ef f i c i e n c y . 

The gross e l e c t r i c energy demands of the three types of 
limestone scrubbers are compared i n Table III as percentages of 
the t o t a l plant power production. The comparison i s based on 2420 
cfm per MW (saturated flue gas at 125°F, 1 atm) and 70 percent fan 
effic i e n c y . In no case does the e l e c t r i c demand for 90 percent S0 2 

removal exceed 0.83 percent of production. It i s interesting to 
note that the d i f f e r e n t i a l between the highest demand (spray 
tower) and the lowest demand (TCA) amounts to only 0.16 percent of 
the t o t a l plant power production. From this viewpoint, the 
simplicity and increased r e l i a b i l i t y of the spray tower are not 
expensive attributes i n terms of additional energy drain. 

TABLE III. ENERGY CONSUMED FOR 90 PERCENT 
S0 2 REMOVAL IN LIMESTONE SCRUBBERS3 

Percentage of Total 
Scrubber Type Plant Power Production 1 

Spray tower 0.825 
Cocurrent grid tower 0.743 
Turbulent contacting 0.666 
absorber (TCA) 

aWet fan, 70 percent e f f i c i e n t ; 
60 percent pump effi c i e n c y . 

bCoal heating value = 11,000 Btu/lb. 
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Adipic Acid. Any additive which enhances SO2 mass transfer, 
especially at low scrubber pH, w i l l increase limestone u t i l 
i zation. The use of adipic acid as an additive to limestone 
scrubbes has been shown to improve both the SO2 removal effi c i e n c y 
and limestone u t i l i z a t i o n at any given set of scrubber operating 
conditions. As a result, both SO2 removal efficiency and 
limestone u t i l i z a t i o n are increased. A lower work input i s also 
required to achieve a given removal efficiency. Figure 3 shows the 
effect of 1400 ppm adipic acid in the scrubbing liquor of a TCA 
system (_12) ; comparison with Figure 1 shows a 30 percent reduction 
of the work input required for 90 percent SO2 removal, from 70 to 
48 ft-lb/cu f t . Similar plots at other adipic acid concentrations 
yielded the relationship shown in Figure 4. A l l of the tests are 
reported to have been made at a limestone stoichiometric r a t i o of 
1.2, which corresponds t

Two options are available
the energy demand or i t can be used to increase limestone 
u t i l i z a t i o n . Table IV compares these options, using the 30 
percent reduction i n gross e l e c t r i c demand as a basis for the 
evaluation. Since 90 percent removal requires only 0.67 percent 
of the plant power production (237 kW-hr/ton of SO2 absorbed) 
without adipic acid, a 30 percent reduction does not y i e l d 
s u f f i c i e n t savings in e l e c t r i c power to cover the cost of the 
additive. I f , on the other hand, 2.4 percent or more of the power 
production were required by the absorber, the value of the power 
saved would exceed the cost of the adipic acid used, regardless of 
credits for any other cost reductions. Table IV shows that the 
alternative approach i s most effective—maintaining a higher work 
input and operating with as l i t t l e limestone feed (and therefore 
as l i t t l e sludge production) as possible. By using the adipic acid 
to reduce the stoichiometric ra t i o from 1.4 to 1.1, the value of 
the limestone saved and the reduced cost of sludge disposal defray 
the t o t a l cost of the adipic acid plus one third of the e l e c t r i c 
power demand of the absorber. The basis for estimating the effect 
of adipic acid on u t i l i z a t i o n i s seven runs made in the Shawnee TCA 
at 1600 ppm concentration and net work input of 72 ft - l b / c u f t . 
These runs, Nos. 903-2A&B, 907-2L, 928-2A, 932-2A, and 934-2C&D, 
averaged 95 percent SO2 removal and 90 percent limestone u t i l i 
zation. The slope of the curve of Figure 1 was used to estimate the 
energy demand at 90 percent removal. 

Table IV also shows that the adipic acid makeup rate must be 
held below 15.4 lb/ton of SO2 absorbed i n order to recover the cost 
of the additive when operating at 90 percent limestone u t i l i 
zation. This l i m i t is increased only s l i g h t l y , to 16.5 lb/ton of 
SO2, at a 97 percent level of limestone u t i l i z a t i o n . The makeup 
rate used in Table IV was obtained from two independent Shawnee 
measurements. One measurement i s the average of eight runs (934-
2A to -2H) made without f l y ash and with 78 percent solids in the 
discharged sludge; these runs required an average makeup rate of 
9.95 lb/ton SO2. The second measurement was obtained from 
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TABLE IV. COMPARISON OF OPERATING ALTERNATIVES FOR 
ADIPIC ACID ADDITION 

Basis: One ton of SO2 absorbed i n TCA scrubber 
90 percent S 0 2 removal e f f i c i e n c y 
Fly-ash-free sludge, 70 percent solids 
Natural oxidation 
Wet fan, 70 percent e f f i c i e n t 

Without 
Adipic Acid With Adipic Acid 

Limestone stoichiometri
r a t i o 

Dry limestone feed, tons 2.18 1.87 1.71 

Sludge produced; tons, 
dry basis 

2.65 2.34 2.18 

Power input, kW-hr 237 a 166 207 

Adipic acid cone., ppm 0 1400 1500 

Adipic acid makeup, lb 0 11.9 10.7 

Value of limestone saved 
(@ $7/ton) 

$2.66 $3.29 

Cost reduction for sludge 
disposal (@ $9.4/ton) 

$2.91 $4.42 

Value of power saved $2.06 $0.87 

Total saving in operating costs $7.63 $8.58 

Cost of adipic acid added 
(@ $0.55/lb) 

$6.5 $5.9 

Total saving - cost of additive $1.1 $2.7 

a T o t a l cost of power for 90 percent S0 2 absorption = 
237 kW-hr χ $0.029/kW-hr = $6.87 
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R e l i a b i l i t y Run 932-2A, which was made with f l y ash, discharged a 
sludge containing 61 percent solids, and required a makeup of 17.5 
lb/ton SO2. When these data are normalized to a fly-ash-free 
basis, at equal limestone u t i l i z a t i o n , and equal sludge moisture, 
they y i e l d the same makeup rate of 10.7 lb/ton SO2 for a 
concentration of 1500 ppm adipic acid in the scrubbing liquor. 

The l i m i t a t i o n on adipic acid makeup rate likewise implies a 
minimum acceptable f i l t r a t i o n e f f i c i e n c y for break-even oper
ation: on a fly-ash-free basis, the sludge must contain more than 
46 percent solids when operating at 90 percent limestone u t i l i 
zation and 1500 ppm adipic acid. For both economic and environ
mental reasons, f i l t e r washing should be employed whenever addi
tives are used in limestone scrubbers. 

Figure 3 also shows that 86 percent SO2 removal can be attained 
without spheres in the
acid. By increasing th
percent SO2 removal can be expected while eliminating the main
tenance and r e l i a b i l i t y problems associated with the spheres. The 
necessary work can be delivered by raisin g the pumping rate or by 
i n s t a l l i n g additional grids in the tower. In view of the above 
discussion, the gross e l e c t r i c demand would be minimized by the 
l a t t e r course. 

Fan Location. The fan can be located downstream from the 
scrubber, in which case i t operates on saturated flue gas at 125°F 
(normally), or the fan can be located upstream, where i t operates 
on hot (ca. 300°F) gas containing about 8 percent moisture. The 
hot booster fan handles a greater gas volume and therefore 
requires more energy than the wet fan. A fan located after a 
reheater w i l l likewise consume more energy than the wet fan 
because of the higher temperature (ca. 175°F) and the slight 
additional pressure drop caused by the reheater. Figure 5 i s a 
replot of the data i n Figures 1 and 2 to show the gross e l e c t r i c 
demand of scrubbers using hot booster fans. The spray tower i s 
unaffected: most of the energy is delivered through the pumps and 
the energy required for 90 percent SO2 removal remains at 0.83 
percent of plant power production. The advantage of the higher- Ρ 
TCA scrubber v i r t u a l l y disappears, however, increasing from 0.67 
percent with a wet fan to 0.73 percent with the hot booster fan. 
Scrubbers which are preceded by el e c t r o s t a t i c precipitators for 
dry removal of f l y ash can use a i r f o i l - t y p e booster fans that 
provide maximum efficiency. Assuming that a hot fan of this type-
-and having 80 percent mechanical e f f i c i e n c y — i s used with the 
TCA, the gross energy demand for 90 percent SO2 removal i s 2.80 
W/cfm. 

Category-2 Demands. The energy consumed by the fan to overcome 
the pressure drop i n that part of the ductwork which i s d i r e c t l y 
associated with the scrubber i s chargeable to the FGD system. This 
includes the modularization ducts and dampers and the reheater, i f 
used. It also includes the energy required to move through the 
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scrubber any a i r leaked in v i a the preheater. With a 2-in. 
pressure drop i n the modularization ducts and 10 percent a i r 
leakage, the tot a l process energy required by a spray-tower FGD 
system operating without reheat i s shown in Table V. The energy 
demand for an c i l l a r y motors and raw materials handling was 
obtained from the total horsepower ratings of equipment l i s t e d 
(13) for a 500-MW power plant. 

TABLE V. PROCESS ENERGY REQUIREMENTS 
FOR LIMESTONE FGD 

Component 
Energy Demand, 
Percent of Plant 
Power Production 

Scrubber (spray tower) 0.83 

A n c i l l a r y motors and raw 0.28 
materials handling 

Modularization ducts and 0.10 
dampers 

Leakage 0.08 
Total 1.29 

Sulfur. The energy produced by the combustion of the sulfur 
i n coal i s not an ins i g n i f i c a n t contribution to the total power 
generated, especially for high sulfur coal. Depending on the ash 
and water content, 1 lb of 4-percent sulfur coal w i l l y i e l d 1.1 to 
1.5 percent more energy than would be obtained i f the sulfur were 
removed prior to combustion. It i s sign i f i c a n t to note that the 
tota l process energy required by FGD systems of current design i s 
within the same range. 

Potential for Improvement. Further reductions can be expected 
in the energy required by the newer generation of limestone FGD 
systems. The Chiyoda 121 process, which i s already offered 
commercially, eliminates scrubber recycle entirely and reduces 
energy demands and maintenance problems associated with slurry 
pumps. The gas-side pressure drop reported (14) for the Chiyoda 
jet-bubbler absorber i s 11.8 in. H 20 at 90 percent S0 2 removal. 
Disregarding the energy used for a i r compression (forced oxidation 
i s an integral part of that process) the corresponding net work 
input is 61 ft- l b / c u f t . By incorporating sludge stacking with the 
forced oxidation, i t affords the prospect of eliminating the 
c l a r i f i c a t i o n and f i l t r a t i o n steps which would also affect capital 
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costs favorably. Another example i s the dual a l k a l i system 
developed by Arthur D. L i t t l e , Inc., which uses a clear sodium 
s u l f i t e solution for SO2 absorption and limestone regeneration of 
the spent liquor. P i l o t plant tests of this system by EPA (15) 
have v e r i f i e d that 90 percent SO2 removal can be achieved with a 
liquid/gas r a t i o of only 2.2 gal./Mcf and 7 in. water pressure drop 
in a sieve-tray absorber. In addition, over 95 percent limestone 
u t i l i z a t i o n i s obtained. The gross e l e c t r i c demand of the 
absorber calculated for these conditions by Equation (3), based on 
the same pump pressure as was used for the TCA calculations, i s 1.4 
W/cfm. This energy demand amounts to 0.33 percent of the plant 
power production for the scrubber and 0.79 percent for the entire 
FGD system, using the same data for other demands as are indicated 
in Table V. Since i t uses a clear solution for SO2 absorption, 
this limestone proces
suited for use with th
developed by TVA. Most important, however, i s the potential for 
operation with minimum sludge production and with a power demand 
that i s less than the energy generated by the combustion of the 
sulfur i n most high sulfur coals. 

Conclusions. The analysis leads to the following conclusions 
regarding limestone FGD scrubbers: 

• The net work input required for 90 percent SO2 removal i s 
76+6 ft - l b / c u f t (125°F, saturated) of flue gas scrubbed. 

• Except for scrubbers using a venturi prescrubber, the 
sp e c i f i c work input required for 90 percent SO2 removal i s 
independent of gas velocity to 27 ft/sec. 

• The gross e l e c t r i c energy demand of a spray tower i s greater 
than that of a TCA, mainly due to the higher e f f i c i e n c y of 
fans r e l a t i v e to slurry pumps. The difference between the 
two scrubber types, however, amounts to only about 0.16 per
cent of the generated power. 

• A 27 ft/sec cocurrent packed tower can achieve 90 percent SO2 
removal with less energy input than a countercurrent spray 
tower. 

• The TCA scrubber i s more energy-efficient than either type of 
spray tower. 

• In high-sulfur coal applications, 90 percent SO2 removal can 
be attained with a total process energy of 1.3 percent of the 
plant power production. 

• Adipic acid can reduce the e l e c t r i c demand for 90 percent SO2 
removal i n a TCA scrubber by 30 percent at a concentration of 
1400 ppm. It sets a c e i l i n g on the power demand at 2.4 
percent of plant power production; at a higher demand, the 
value of the power saved exceeds the cost of the additive. 

• Adipic acid w i l l be most effective as a means of improving 
limestone u t i l i z a t i o n ; potential reductions i n sludge d i s 
posal and limestone makeup costs are greater than the value 
of e l e c t r i c power savings. 
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Systems now under development can be expected to reduce the 
tot a l process energy demands for limestone FGD below the 
energy generated from the combustion of the sulfur i n most 
high sulfur coals. 

Literature Cited 

1. Farber, P.S., Livengood, C.D., "Energy and Economic Impacts 
of Pollution Control Equipment for Coal-Fired Power Plants: 
An Assessment Model," 1979, presented at 72nd Annual Meeting 
of the Air Pollution Control Association, Cincinnati, Ohio. 

2. Ferrell, J.D., Stenby, E.W., "Interface Design Problems 
Between Coal Fired Boilers and SO2 Scrubbing Systems," 1977, 
Proceedings of the Second Pacific Chemical Engineering 
Conference; AIChE

3. McGlamery, G.G.
nomic and Energy Requirements of Sulfur Oxides Control 
Processes," 1979, Proceedings: Symposium on Flue Gas De-
sulfurization--Las Vegas, Nevada, March 1979, Vol. I, EPA
-600/7-79-167a (NTIS PB 80133168), 137-214. 

4. Richman, Μ., "Limestone FGD Operation at Martin Lake Steam 
Electric Station," Ibid., 613-28. 

5. Muela, C.A., Menzies, W.R., Brna, T.G., "Stack Gas Reheat--
Energy and Environmental Aspects," 1979, Proceedings: Sym
posium on Flue Gas Desulfurization--Las Vegas, Nevada, March 
1979, Vol. II, EPA-600/7-79-167b (NTIS PB 80133176), 1161-
78. 

6. Ando, J., "SO2 and NOx Abatement for Coal-Fired Boilers in 
Japan," 1981, Proceedings: Symposium on Flue Gas Desul-
furization - Houston, Texas, October 1980, Vol. I, EPA
-600/9-81-019a, 85-109. 

7. Ruben, E.S., Nguyen, D.G., J. Air Pollut. Contr. Ass. 1978, 
28, 12, 1207-12. 

8. Epstein, Μ., Head, H.N., Wang, S.C., Burbank, D.A., "Results 
of Mist Elimination and Alkali Utilization Testing at the 
EPA Alkali Scrubbing Test Facility," 1976, Proceedings: 
Symposium on Flue Gas Desulfurization, New Orleans, March 
1976, Vol. I, EPA-600/2-76-136a (NTIS PB 255317), 145-204. 

9. Head, H.N., "EPA Alkali Scrubbing Test Facility: Advanced 
Program, Third Progress Report," 1977, EPA-600/7-77-105 
(NTIS PB 274544), 6-5. 

10. Burbank, D.A., Wang, S.C., Progress report for EPA Contract 
68-02-3114, Bechtel National, Inc., September 1980, 1-8. 

11. Henson, L.J., "TVA/EPRI Shawnee Cocurrent Scrubber Test 
Results," 1980, Proceedings: Fifth Industry Briefing on 
IERL-RTP Lime/Limestone Wet Scrubbing Test Programs, De
cember 1979, EPA-600/9-80-032 (NTIS PB 80199813), 116-165. 

12. Burbank, D. A., Wang, S.C., Progress report for EPA Contract 
68-02-3114, Bechtel National, Inc., August 1979, 1-9. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



324 FLUE GAS DESULFURIZATION 

13. Stephenson, C.D., Torstrick, R.L., "Current Status of De
velopment of the Shawnee Lime-Limestone Computer Program," 
1979, Proceedings: Industry Briefing on EPA Lime/Limestone 
Wet Scrubbing Test Programs (August 1978), EPA-600/7-79-092 
(NTIS PB 296517), 94-139. 

14. Idemura, H., Kanai, T., Yanagioka, Η., "Jet Bubbling Flue 
Gas Desulfurization Process," 1977, Proceedings of the 
Second Pacific Chemical Engineering Conference; AIChE, Vol. 
I, 365-70. 

15. Borgwardt, R.H., Dempsey, J .H. , Chang, S.C., "Dual Alkali 
Scrubbing of SO2 at IERL-RTP Pilot Plant," 1980, Progress 
Report No. 2, U.S. Environmental Protection Agency, Research 
Triangle Park, NC. 

RECEIVED November 20, 1981

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



15 
The Limestone Dual Alkali Process for Flue Gas 
Desulfurization 

JAIME A. VALENCIA 
Arthur D. Little, Inc., Cambridge, MA 02140 

The limestone dua
-CEA Environmental Systems, Inc., and Arthur D. Little, 
Inc., has been tested at laboratory, pilot plant, and 
more recently at a 20 MW prototype facility. The 
intent of this last project was to evaluate the tech
nical feasibility of the process at a prototype scale 
and to develop sufficient technical information lead
ing to the implementation of the process at a full, 
commercial scale. Throughout two months of testing, 
excellent SO2 removal efficiencies in excess of 95% 
were achieved. Limestone utilizations were also high, 
over 97%. Further refinement, however, is needed in 
controlling the properties of the waste solids gener
ated. The status of the technology based on the test
ing and operating experience gathered to date is the 
subject of this paper. 

Thyssen-CEA Environmental Systems, Inc. (initially Combustion 
Equipment Associates, Inc.) and Arthur D. Little, Inc., have 
developed, over the past few years, a dual alkali process for 
removing SO2 from flue gas generated in coal-fired utility boilers. 
This process is based on the absorption of S02 in an alkaline 
sodium solution, followed by regeneration of the absorbing solu
tion by reaction with a second alkali, calcium. These reactions 
generate insoluble calcium-sulfur salts which are discharged from 
the system as a moist cake. 

The dual alkali process presents three significant advantages 
over conventional direct lime or limestone scrubbing technology. 
First, it uses a clear liquor, rather than a slurry, for scrubbing 
the flue gas. Second, the regeneration of the scrubbing solution 
and precipitation of waste solids takes place outside the absorber. 
Thus, the potential for scaling and plugging in the absorber is 
minimized; and the formation of solids with good dewatering prop
erties is more easily controlled. Third, high SO2 removal effi
ciencies (>90%) are easily achieved with alkaline sodium scrubbing 
solutions by simply adjusting the scrubber operating pH. 
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The dual a l k a l i process has been tested extensively at labor
atory, p i l o t plant, and prototype levels using lime (calcium 
hydroxide) as the source of calcium for the regeneration reactions 
(1) . The performance of the process i n these test programs 
prompted the federal Environmental Protection Agency (EPA) to 
select i t for a f u l l - s c a l e demonstration plant. This lime-based 
dual a l k a l i system has been i n s t a l l e d on a 300 MW b o i l e r at 
L o u i s v i l l e Gas and E l e c t r i c 1 s Cane Run Station. The system i s cur
rently undergoing a one-year test program. 

Although the lime-based system i s technically and economically 
viable, a source of calcium cheaper than lime would increase the 
economic attractiveness of the process. Limestone (calcium car
bonate) was recognized early on as a potential source of cheaper 
calcium for the dual a l k a l i process. Extensive testing of the use 
of limestone was undertake t laborator d p i l o t plant level

2) . Successful p i l o
i n 1977 and led to a prototyp  (2 ) g  system, 
just completed i n early 1981 (_3). The status of the technology 
based on the testing and operating experience gathered to date i s 
the subject of this paper. 

Description of the Technology 

The limestone dual a l k a l i technology consists of four d i s t i n c t 
operations: SO2 absorption, absorbent regeneration, waste solids 
dewatering, and raw materials storage and feed preparation. A 
typ i c a l process flow diagram i s shown i n Figure 1. 

In the absorption section of the system, SO2 i s removed from 
the flue gas by contacting the gas with a solution of sodium s a l t s . 
This i s usually accomplished i n a tray tower equipped with quench 
sprays for cooling and humidifying the gas. The scrubbed gas i s 
then reheated to prevent condensation and corrosion i n the ducts 
and stack and to improve atmospheric dispersion after being 
exhausted from the stack. 

The alkaline solution used to remove SO2 from the flue gas 
contains sodium s u l f i t e ( N a 2 S 0 3 ), b i s u l f i t e (NaHS03), sulfate 
(Na2S0i + ) , chloride (NaCl), and very small amounts of bicarbonate 
(NaHC03). During the process of removing SO2, the bicarbonate and 
some s u l f i t e are consumed producing additional b i s u l f i t e . The SO2 
removal process can be represented by the following overall 
reactions : 

NaHC03 + S0 2 -> NaHS03 + C0 2t 

Na 2S0 3 + S0 2 + H20 + 2 NaHS03 

Although the actual reactions within the absorber are more 
complex, involving various intermediate ionic dissociations, the 
above set of simplified, overall reactions i s an accurate represen
tation of the overall consumption and generation of the various 
components. 
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Sodium sulfate and sodium chloride do not participate i n the 
SO2 removal process. In this sense, they are considered "inactive" 
components. The other alkaline components represent "active" 
species. Sodium s u l f i t e plays the most important role i n the ab
sorption of SO2 since i t i s usually present i n the greatest con
centration. The bicarbonate i s present in the absorber feed only 
in very small amounts. The concentration of these "active" alka
l i n e components i s a measure of the S0 2 removal potential of the 
process liquor, which i s conveniently expressed i n terms of the 
"active sodium" concentration where [active sodium] = 

2 χ [Na 2S0 3] + [NaHC03] + [NaHS03]. 

It must be pointed out that the use of the term "active sodium" i s 
simply one of convenienc
of the absorptive potentia
by or reacts with the s u l f i t e or bicarbonate ions rather than the 
sodium ion. Also, even though the b i s u l f i t e cannot absorb any SO2, 
i t can be regenerated to s u l f i t e (as w i l l be discussed later) and, 
therefore, i t i s a potentially active species. The limestone dual 
a l k a l i system operates at "active sodium" concentrations of 1.1 to 
1.7 M. 

The presence of sodium sulfate and sodium chloride i s p r i n c i 
pally the result of secondary absorption reactions. Sodium sulfate 
is formed by the oxidation of sodium s u l f i t e v i a reaction with 
oxygen absorbed from the flue gas. Oxidation also occurs in other 
parts of the system where process solutions are exposed to a i r ; 
however, the amount of oxidation i s small re l a t i v e to the oxida
tion which occurs in the absorber. At steady state, the sulfate 
must leave the system either as calcium sulfate or as a purge of 
sodium sulfate at the rate at which i t i s being formed in the sys
tem. Although a p r a c t i c a l l i m i t for the lev e l of oxidation that 
can be tolerated by the limestone dual a l k a l i system has not yet 
been established, i t appears that oxidation rates equivalent to 15 
to 20% of the SO2 removed might be accommodated without intentional 
purges of sodium sulfate. 

Similarly, sodium chloride i s formed i n the absorber by the 
reaction of chloride, present in the flue gas as HC1 vapor, with 
the alkaline sodium solutions. The l e v e l of sodium chloride i n the 
system builds up to a steady state concentration, such that the rate 
at which sodium chloride leaves the system with the washed f i l t e r 
cake i s equivalent to the rate at which i t i s absorbed by the proc
ess liquor in the absorber. 

The spent scrubbing solution i s regenerated by reaction with 
limestone. This reaction precipitates mixed calcium s u l f i t e and 
sulfate s o l i d s , resulting in a slurry containing up to 5 wt. % 
insoluble s o l i d s . The regeneration process involves b a s i c a l l y the 
following overall reaction: 

2 NaHS03 + CaC03 + Na 2S0 3 + CaS03 · 1/2 Η 20Ψ + 1/2 H20 + COtf 
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However, not a l l of the b i s u l f i t e i s reacted since the lime
stone i s only moderately basic and the regeneration reaction can 
only be carried to a pH of 6.0 to 6.5. At these pH's, the b i s u l 
f i t e and s u l f i t e ions exist i n si g n i f i c a n t quantities in the solu
tion i n equilibrium with one another. 

Simultaneously with the above reaction, a limited amount of 
calcium sulfate w i l l also be precipitated: 

Ca** + SO^ + xH 20 -> CaSO^ · χΗ 20Ψ 

The sulfate co-precipitates with the calcium s u l f i t e , r e s ult
ing i n a mixed cr y s t a l (or s o l i d solution) of calcium-sulfur s a l t s . 
Gypsum i s not formed. The r e l a t i v e l y high s u l f i t e concentrations 
in the solution prevent soluble calcium concentrations from reaching 
the levels required to
the system operates unsaturate

The regeneration of the absorptive capacity of the spent scrub
bing solution i s accomplished i n a multi-stage reactor system— 
three to five reactors i n series. Both the limestone and the spent 
solution are fed to the f i r s t reactor and pass successively through 
the other reactors. The effluent from the reactor system i s d i 
rected to the solids separation section. 

The separation of solids i s a purely mechanical process i n 
volving thickening of the reactor effluent slurry from 2-5 wt. % to 
20-30 wt. % so l i d s , followed by f i l t r a t i o n to produce a waste f i l t e r 
cake. While the cake i s being formed, i t i s washed with fresh water 
to recover sodium salts that would otherwise be lost in the process 
liquor that i s entrained i n the moist cake. The f i l t e r cake repre
sents the only waste discharged from the process. There are no 
other purges from the system. The c l a r i f i e d and regenerated thick
ener overflow liquor i s fed forward to the absorber thus completing 
the liquor loop. 

Despite washing the cake, a small portion of the sodium salts 
remains occluded within the calcium-sulfur salts or trapped in 
inte r s t i c e s of agglomerates which cannot be p r a c t i c a l l y washed from 
the waste cake. The amount of sodium lost w i l l depend primarily 
upon the t o t a l sodium concentration i n the process liquor (which i s 
a function of the amount of oxidation and the chloride content of 
the coal) and the extent of cake washing. The sodium losses i n the 
f i l t e r cake are made up by the addition of sodium carbonate to the 
system. Typically, the sodium carbonate makeup should amount to 
less than 5 mole % of the S0 2 removed. 

Limestone i s the primary raw material used by the process. 
The amount of limestone needed to regenerate the spent scrubbing 
solution i s reduced s l i g h t l y due to the soda ash makeup. Under 
normal conditions, the limestone feed stoichiometry w i l l be s l i g h t l y 
less than one mole of available CaC03 per mole of S0 2 removed. In 
order to insure reasonable r e a c t i v i t y , limestone u t i l i z a t i o n , and 
good s e t t l i n g properties in the waste so l i d s , the limestone must be 
ground to the 325 to 400 mesh range and have a high calcium content 
(>90%) and low magnesium content (<3%). 
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Development of the Technology 

The development of the limestone (as well as the lime-based) 
dual a l k a l i technology began i n the early seventies with laboratory 
batch regeneration tests (1). These tests confirmed the potential 
of limestone to regenerate sodium-based scrubbing solutions. 

Subsequent laboratory continuous s t i r r e d tank reactor (CSTR) 
tests showed that i n generating the waste solids CaSO^ was being 
precipitated along with the CaS03 even though the solution was not 
saturated with respect to CaSOi^. Thus suggesting the p o s s i b i l i t y 
that the precipitation of CaSO^ involved the formation of some 
sort of s o l i d solution i n the CaS03 · 1/2 H20 l a t t i c e . 

Further laboratory and early p i l o t plant tests revealed the 
s e n s i t i v i t y of the limestone u t i l i z a t i o n (percent of available 
a l k a l i i n the limeston
behavior of the solids
temperatures lower than 50°C adversely affected the limestone 
u t i l i z a t i o n and the s e t t l i n g of waste so l i d s . High concentrations 
of soluble magnesium (>2000 ppm) , iron (>20 ppm) or sulfate 
(>1.2 M) had a similar adverse effect. It was also found that the 
use of a multi-stage reactor system greatly improved the behavior 
of the solids compared to the single CSTR. Furthermore, i t was 
found that i n order to achieve high reaction rates, high limestone 
u t i l i z a t i o n s and good s e t t l i n g s o l i d s , the active sodium concentra
tion had to be a high one, between 1.2 and 1.8 M. 

Based on these findings, two p i l o t plant (0.5 MW) tests were 
performed i n 1977. Each test lasted a week. These tests were 
intended to investigate the effect of different types of limestone, 
soluble magnesium lev e l s , reactor temperature, as well as v e r i f y 
the a p p l i c a b i l i t y of the multi-staged reactor system design and 
high active sodium concentrations. The regeneration of spent 
scrubbing solution was performed i n a four stage reactor system 
with a t o t a l residence time of about two hours. Active sodium con
centrations were maintained i n the 1.5 to 2.0 M range. Inlet S0 2 

concentrations ranged between 3000 and 3500 ppm (dry) and oxygen 
concentrations between 4.5 and 5.0 v o l . % (dry). 

The type of limestone used had a major impact on the perform
ance of the system. An excellent overall system performance was 
achieved while using Fredonia limestone (f i n e l y ground, 93 wt. % 
through 325 mesh and with high calcium content of 96.7 wt. % as 
CaC03). High S0 2 removal e f f i c i e n c i e s of up to 95% were easily 
obtained by adjusting the scrubber bleed pH liquor—between 5.7 
and 6.1—by simply changing the feed forward rate of regenerated 
solution to the absorption tower. Limestone u t i l i z a t i o n s 
approached 100%. The solids produced exhibited good s e t t l i n g prop
erties and resulted i n a f i l t e r cake containing 55 to 65 wt. % 
insoluble s o l i d s . 

The performance of the system with Saginaw limestone was not 
as good. The major difference between these two limestones was 
the coarser size of the Saginaw limestone p a r t i c l e s — o n l y 66 wt. % 
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through 325 mesh. The SO2 removal capability of the system with 
the Saginaw limestone was the same as that with Fredonia limestone. 
The Saginaw limestone u t i l i z a t i o n dropped to about 90%; but i t was 
the poor s e t t l i n g of the solids generated with the Saginaw lime
stone that c l e a r l y set the performance of the two limestones apart. 

The oxidation experienced by the system amounted to an equiva
lent of 10% of the SO2 removed. Approximately 7% of the oxidized 
sulfur l e f t the system i n the form of CaSO^ and the remaining 3% 
in the form of Na2S0i4 with the entrained liquor i n the cake. 
Another important observation was the need to increase the degree 
of washing of the cake i n order to maintain a reasonably low l e v e l 
of sodium losses given the high sodium concentration i n the proc
ess liquor. The soda ash feed, to make up for sodium losses i n 
the cake, amounted to an equivalent of 5% of the S 0 2 removed. 

Subsequent laborator
stone, with the Sagina
with the fraction of the o r i g i n a l Saginaw limestone which passed 
through a 400 mesh screen, reduced substantially the difference 
between the performance of these two types of limestone; thus con
firming a need for a f i n e l y ground limestone as regenerating 
material. 

The Prototype System at Scholz 

The successful performance i n the p i l o t plant tests prompted 
the testing of the technology at a prototype scale (20 MW). The 
project was sponsored by EPA, who provided most of the funds; by 
Thyssen-CEA Environmental Systems, Inc. ( i n i t i a l l y Combustion 
Equipment Associates, Inc.) who also contributed to the funding of 
the project; by Gulf Power Company; and by Southern Company 
Services, Inc. 

The existing 20 MW lime-based dual a l k a l i system at Gulf Power 
Company's Scholz steam plant was recommissioned and modified for 
operation i n a limestone regeneration mode. The generalized dia
gram presented i n Figure 1 i s a good representation of the lime
stone dual a l k a l i system at Scholz, with two exceptions. F i r s t , 
flue gas passed through a venturi scrubber prior to entering the 
absorption tower. Since the flue gas was being taken from high 
effi c i e n c y e l e c t r o s t a t i c precipitators, there was, i n fact, no 
need for the venturi scrubber. Rather than removing i t from the 
existing system, the scrubber was used primarily for quenching and 
saturating the flue gas, operations which also contribute to the 
S 0 2 removal. The regenerated scrubbing solution was fed to the 
absorber and then passed to the scrubber. A bleed from the scrub
ber r e c i r c u l a t i o n loop was directed to the reactors for regenera
tion. Second, the system at Scholz did not include a limestone 
grinding system as the limestone was received and stored as a 
fin e l y ground material (>96% through 325 mesh). 
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A five-stage reactor system, with a t o t a l holdup time of 
approximately 100 minutes, was used. The f i r s t reactor was roughly 
one-fifth the size of the other four equal-sized reactors. An SO2 
injection system was provided to occasionally increase the SO2 con
centration in the i n l e t gas by 200 ppm or more. The S0 2 was 
injected upstream of the booster fan. 

The prototype system was to undergo a six month testing per
iod to evaluate i t s performance with regard to S0 2 removal capa
b i l i t i e s ; raw materials and energy requirements; quality of the 
waste solids generated; and r e l i a b i l i t y and ease of operation. 
Due to economic considerations, however, the test program was 
reduced from six to two months—February and March 1981. Some 
limited data was also collected during the startup and break-in 
testing during the months of December 1980 and January 1981, in 
which the system operated fo  888 hour  (37 days)  60% f th
time. 

During the testing period,  syste  operate
(38.5 days) or 71.4% of the time, recording an uninterrupted per
iod of operation of 431 hours (18 days). Significant outages were 
due to bad weather, f i l t e r repairs, and solids carryover i n the 
thickener overflow. 

The general operating conditions during the break-in period 
and the system testing period are summarized i n Table I. The 
boil e r was f i r e d with coal containing 2.6 to 4.2% sulfur resulting 
in SO2 concentrations i n the flue gas which t y p i c a l l y ranged from 
1400 to 2200 ppm. Injection of S0 2 prior to the gas entering the 
scrubber expanded this range to concentrations as high as 3240 ppm, 
although SO2 concentrations usually did not exceed 2500 ppm. The 
gas load to the system varied between 13,300 and 48,800 dry scfm 
(equivalent to 6 to 23 MW). Oxygen levels i n the flue gas varied 
between 5 and 11.2 v o l . % depending on b o i l e r load. 

The liquor i n the system had an active sodium concentration 
normally ranging between 1.4 and 1.7 M, occasionally reaching 
extremes of 1.1 and 1.8 M. The sulfate concentration reached a 
steady l e v e l of about 1 M. Similarly, the chloride concentration 
leveled out at 0.05 to 0.07 M. 

The overall performance of the system i n terms of SO2 removal, 
chemical requirements, and properties of the waste cake i s summa
rized i n Table II. The performance data i s based on overall mate
r i a l balances derived from flue gas analyses, waste cake properties 
and discharge rates, and raw materials feedrates and inventories. 

SO2 Removal. The SO2 removal performance of the system was 
excellent. Inlet SO2 concentrations during the testing period 
ranged from 1460 to 3240 ppm (dry volume basis). Outlet SO2 con
centrations, corrected for reheater a i r d i l u t i o n , ranged from 29 
to 239 ppm. The corresponding S0 2 removal e f f i c i e n c i e s averaged 
to 95.4% for the month of February and 96.7% for the month of 
March. 
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TABLE I 

SUMMARY OF SYSTEM OPERATING CONDITIONS 
(December 1980 - March 1981) 

Inlet Gas 

Gas Load (dry scfm) 
SO2 Level (ppm, dry basis)' 
O2 Level (% dry volume) 

13,300-48,800 
1,460-3,240 
5.0-11.2 

38,100 
2,071 

7.1 

Regenerated Liquor 
Composition 

pH 

Na + _ (M) act 

SO" (M) 

C l " (M) 
I ι 

Mg (ppm) 

Ca"1"1" (ppm) 

Range 

5.70-6.40 

1.1-1.8 

0.76-1.07 

0.030-0.087 

600-900 

14.5-37.5 

Typical 

6.10 

1.6 

0.95 

0.070 

750 

22.0 

Based on data from February and March only, since SO2 and 0 2 

meters were not available u n t i l mid-January. 
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The single most important variable affecting the SO2 removal 
was the liquor pH. This strong dependency i s c l e a r l y shown i n 
Figure 2. SO2 removal e f f i c i e n c i e s greater than 90% could ea s i l y 
be achieved by maintaining a scrubber bleed pH of at least 5.5. 
Although the S0 2 removal capability improves as the scrubber bleed 
liquor pH i s raised, i t begins to l e v e l off at a pH of 6. Further
more, regeneration reactions are carried out at pH fs of 6.0 to 6.4. 
Thus, a l i m i t a t i o n i s needed on the scrubber bleed pH i n order to 
maintain an adequate control on these reactions and to ensure suf
f i c i e n t r e a c t i v i t y of the liquor. Operating the scrubber/absorber 
at a bleed pH of 5.7 to 6.0 appears to be a reasonable compromise 
that provides for high SO2 removal e f f i c i e n c i e s and adequate regen
eration of the liquor i n the reactors. 

The impact of other variables such as i n l e t S0 2, sodium con
centration on the S0 2 remova
bleed pH. Their effec
as such appear to be secondary i n nature. 

The S0 2 removal performance at Scholz reconfirms the high SO2 
control capability of t h i s technology observed i n the previous 
p i l o t plant tests where S0 2 removals of 95% were easily achieved 
by similar manipulation of the scrubber bleed pH. 

Limestone U t i l i z a t i o n . Two types of limestone were used for 
regenerating the spent scrubber liquor: Fredonia limestone from 
Kentucky, ground to 96.4 wt. % through 325 mesh, with a Ca content 
of 93.6 wt. % as CaCO^ and Mg content of 4.2 wt. % as MgCO^; and 
Sylacauga limestone from Alabama, ground to 97.7 wt. % through 
325 mesh, with a Ca content of 95.7 wt. %, and Mg of 1.3 wt. %. 
The Fredonia limestone was used during the startup and break-in 
period u n t i l the end of December 1980. Thereafter, Sylacauga lime
stone was used for the remainder of the startup and break-in period 
and for the entire testing period. The Fredonia limestone was 
selected for use i n the i n i t i a l period of operation of the system 
since the successful results i n the previous laboratory and p i l o t 
plant test programs were obtained with this limestone. Following 
the stable operation i n the month of December, a new limestone was 
used to test the capability of the system with regard to the use 
of different limestones. The information below presents the 
results obtained during the testing period i n which Sylacauga lime
stone was used. 

In general, the limestone u t i l i z a t i o n by the dual a l k a l i sys
tem was very good. During the testing period, u t i l i z a t i o n s i n the 
reactor t r a i n effluent ranged from 85 to 95% of the available CaCÛ3 
in the raw limestone. As the reaction with limestone continued in 
the dewatering system, the f i n a l system u t i l i z a t i o n s , determined 
from chemical analyses of the f i l t e r cake, ranged from 93 to 100%, 
averaging at 97.5%. The average limestone feed stoichiometry for 
the testing period amounted to 0.77 moles of CaCÛ3 per mole of S0 2 

(the average i s based on the hours of operation i n each month). 
The reduction i n the limestone feed stoichiometry, from the 
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anticipated of approximately one mole of CaCU3 per mole of S 0 2 , 
was due to the high soda ash makeup rate. The soda ash makeup 
requirements are described i n a lat e r section. 

Analyses were made to determine the progress of the regenera
tion reactions, and thus limestone u t i l i z a t i o n , through the reac
tor t r a i n . The results of these analyses are shown in Figure 3. 
The effect that the solids carried over i n the thickener overflow 
liquor (and thus fed to the reactor t r a i n after passing through 
the absorber and scrubber) had on the limestone u t i l i z a t i o n in the 
f i r s t reactor i s of particular interest. The u t i l i z a t i o n i n this 
reactor ranged from 23% at solids carryover of 104 ppm to 63% at 
1910 ppm. Since the solids carried over i n the thickener overflow 
were essentially f u l l y reacted, they undoubtedly contributed to an 
"apparent" high limestone u t i l i z a t i o n i n the f i r s t reactor. In 
addition, i t i s also possibl
tor f a c i l i t a t e d the pr e c i p i t a t i o
i n turn, would have promoted an increase i n the rate at which c a l
cium from the limestone dissolved i n the liquor and reacted with 
the sodium b i s u l f i t e . The high u t i l i z a t i o n s that accompany the 
solids carryover have been observed before (1); however, further 
studies would be needed to v e r i f y the exact mechanism involved. 
As reacting slurry passed through the reactors, the holdup time in 
the f i r s t reactor becomes small (̂ 5 minutes) i n r e l a t i o n to the 
overall holdup time i n the reactor t r a i n (^100 minutes), and the 
spread reduced to limestone u t i l i z a t i o n s of 82 to 99% in the la s t 
reactor. Additional reaction i n the thickener further reduced the 
differences i n limestone u t i l i z a t i o n s . 

Thus, i t seems that regardless of the extent of reaction 
achieved in the f i r s t reactor, the limestone w i l l be e f f i c i e n t l y 
consumed in the remainder of the reactor t r a i n and dewatering sys
tem. The solids carryover i n the thickener overflow, therefore, 
do not appear to have a substantial effect on the overall limestone 
u t i l i z a t i o n by the system; they do, however, impact on the s e t t l i n g 
properties of the solids generated as w i l l be discussed later when 
addressing the properties of the waste s o l i d s . 

Although very limited information was collected while using 
Fredonia limestone during the startup and break-in period, a l l 
indications were that this limestone exhibited performance charac
t e r i s t i c s comparable to the Sylacauga limestone used during the 
testing period. 

Oxidation and Sulfate Precipitation. As anticipated, most of 
the oxidation took place i n the absorber/scrubber unit. The levels 
of oxidation i n this unit ranged from an equivalent of 5 mole % of 
the SO2 removed, at 0 2 concentrations of 5.5 v o l . % i n the i n l e t 
flue gas, to 25 mole % at 0 2 concentrations of 8%. Oxidation 
throughout the remainder of the system amounted to an additional 
1 to 5% of the S 0 2 removed. 

During the stable operation of the system, the sulfate formed 
in the scrubber/absorber unit, as well as the rest of the system, 
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Figure 3. Limestone utilization for reactor studies. 
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must be removed at the same rate at which i t i s generated. This 
removal i s effected by the p r e c i p i t a t i o n of calcium sulfate and 
i t s discharge as part of the cake solids and by the losses of sod
ium sulfate i n the entrained liquor i n the cake. The amount of 
sulfate co-precipitated with the calcium s u l f i t e i s a function of 
the concentrations of sulfate and s u l f i t e i n the reactor liquor. 
As the concentration of sulfate increases r e l a t i v e to s u l f i t e , the 
amount of sulfate p r e c i p i t a t i o n increases. Thus, as the rate of 
oxidation increases, the r a t i o of sulfate to s u l f i t e i n solution 
w i l l increase u n t i l the rate of calcium sulfate p r e c i p i t a t i o n i s 
s u f f i c i e n t to keep up with the rate of sulfate formation by oxida
tion. This self-adjustment by the system may, however, be limited 
by the need to maintain a high active sodium concentration which 
w i l l l i m i t sulfate concentrations (and consequently the sulfate/ 
s u l f i t e ratio) simply b
thermore, the s u l f a t e / s u l f i t
to ensure high limestone u t i l i z a t i o n s and good solids properties. 

Frequent liquor losses from the system, acting for a l l p r a c t i 
c a l purposes as a frequently used purge stream, did not allow the 
examination of the f u l l co-precipitation potential of the process. 
These liquor losses were the result of numerous piping and pump 
leaks and i n s u f f i c i e n t surge capacity. The poor condition of the 
equipment following three years of i n a c t i v i t y and a limited recom-
missioning were responsible for leaks and numerous other mechanical 
problems. Excessive inputs of seal water (needed to maintain worn 
out pumps i n operation) combined with heavy rains and very limited 
surge capacity caused severe system volume balance problems. 
Rather than allowing tanks to overflow, process liquor had to be 
purged occasionally. 

Thus, a p r a c t i c a l l i m i t for the l e v e l of oxidation that can 
be tolerated could not be determined, but i t appears that oxidation 
rates of 15 to 20% might be accommodated by the process. S t r i c t , 
closed loop operations are needed to v e r i f y this assumption. 

Settling Characteristics of Waste Solids. The generation of 
solids with good s e t t l i n g characteristics was the most s i g n i f i c a n t 
process l i m i t a t i o n encountered at Scholz. It essentially accounted 
for a l l of the process related outages. Throughout the months of 
December and February, solids with excellent s e t t l i n g characteris
t i c s were generated. The solids settled out to 10% of the i n i t i a l 
s lurry volume in 6 to 8 minutes. In contrast, the poor solids gen
erated throughout January took hours rather than minutes to s e t t l e . 
Variations i n the s e t t l i n g characteristics of the solids i n the 
reactor t r a i n effluent are shown in Figure 4. A d e f i n i t e correla
tion exists between the s e t t l i n g behavior of the reactor t r a i n 
effluent solids and the amount of solids i n the scrubber bleed fed 
to the reactor t r a i n . The carryover of fine solids i n the thick
ener overflow, which were fed to the reactors after passing 
through the absorber/scrubber, promoted the formation of more fine 
and d i f f i c u l t to s e t t l e solids i n the reactor t r a i n . A similar 
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behavior was observed i n prior laboratory and p i l o t plant tests. 
Further v e r i f i c a t i o n i n the laboratory resulted from running par
a l l e l regeneration tests with a scrubber bleed sample containing 
fine carryover solids and a similar sample from which the solids 
had been removed in a centrifuge. The s e t t l i n g rate of the solids 
formed by regenerating the f i r s t sample was noticeably slower than 
the one for the second sample. Analysis of electron micrographs 
of s o l i d samples taken from the reactor t r a i n effluent revealed 
that the poor s e t t l i n g behavior was associated with the presence 
of a large percentage of fine , needle-shaped s o l i d s . On the other 
hand, large agglomerated p a r t i c l e s , having a much lower surface 
area to mass r a t i o , exhibited a much higher s e t t l i n g rate. 

In general, a solids carryover i n the thickener overflow of 
1000 ppm could easily be handled by the system without detrimental 
effects to the se t t l i n
carryover i n excess of
deterioration of the quality of solids generated i n the reactors. 

The exact mechanism for the i n i t i a l deterioration of the 
se t t l i n g properties i s not cle a r l y understood. Unusually cold 
ambient temperatures during January—as low as 10°F—severely 
reduced the temperatures i n a system not designed to operate i n 
cold weather. As has been discussed before, lowering temperature 
slows the rate of reaction and contributes to the generation of 
poor soli d s . Dissolved magnesium concentrations remained under 
1000 ppm and did not appear to have strongly influenced the quality 
of s o l i d s . Sulfate concentrations were t y p i c a l l y 1 M and excellent 
s e t t l i n g solids were produced at sulfate concentrations as high as 
1.2 M. Thus, neither the Mg"1""*" nor SO^ concentrations appeared to 
be, by themselves, responsible for the poor s o l i d s . Dissolved 
iron concentrations were also investigated as occasionally levels 
i n excess of 50 ppm were detected i n the reactors, p a r t i c u l a r l y 
after a shutdown when exposed carbon steel i n pipes or tanks (due 
to l i n i n g f a i l u r e ) might have contributed to the accumulation of 
dissolved iron. P i l o t plant tests run by EPA at i t s Research 
Triangle Park f a c i l i t i e s confirmed that dissolved iron concentra
tions i n excess of 20 ppm can interfere with the regeneration 
reactions and result i n the production of poor s o l i d s . A high 
l e v e l of dissolved iron, however, could not be sustained neither 
at Research Triangle Park nor at Scholz. Upon restarting the sys
tem and maintaining the reactor pH above 6, the dissolved iron con
centration dropped very quickly to less than 10 ppm. Therefore, 
dissolved iron was not thought to be responsible for poor solids 
either. It i s possible that the reactor effluent pH, the limestone 
feedrate used to control this pH, and the residence time i n the 
reactors might have contributed to the i n i t i a l formation of poor 
so l i d s . No meaningful correlation, however, could be established. 

Another characteristic of the waste solids was the deteriora
tion of their s e t t l i n g properties with time. This effect was 
observed on various occasions, most notably during a f i l t e r repair 
downtime. Solids with excellent s e t t l i n g properties had been 
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generated prior to the shutdown and had accumulated i n the thick
ener precisely because of the i n a b i l i t y of the f i l t e r to effec
t i v e l y remove the sol i d s . During the eight days of downtime, the 
solids i n the thickener began resuspending as the underflow was 
continuously recycled to the thickener centerwell to prevent plug
ging of the l i n e or the thickener discharge cone. It i s possible 
that these agglomerated and quick s e t t l i n g solids began redissolv-
ing and r e c r y s t a l l i z i n g , this time into needle-like, poor s e t t l i n g 
s o l i d s . 

Although the generation of poor s e t t l i n g solids does not 
appear to affect the SO2 removal ef f i c i e n c y or the limestone u t i l i 
zation, i t does however impact on the quality of the f i n a l waste 
product. These solids are more d i f f i c u l t to dewater and can result 
in a waste cake that i s too moist, with attendant sodium losses. 
Furthermore, the advantage f usin  clea  liquo  rathe  tha
slurry i n the absorber loo
need to refine the proces
stand the s e t t l i n g behavior of the waste soli d s . 

F i l t e r Cake Characteristics. Ease of handling and disposing 
of the waste as well as economic considerations dictate the need 
for a reasonably dry waste material from which most of the sodium 
value has been recovered. In general, both of these goals were 
not achieved at Scholz. 

The anticipated insoluble solids content i n the cake was 55 
wt. % or higher. Yet, throughout the test program, i t t y p i c a l l y 
ranged between 35 and 45%. On a few occasions, i t reached as high 
a solids content as 52%, and as low as 32%. The poor mechanical 
performance of the f i l t e r contributed s i g n i f i c a n t l y to this prob
lem. Leaks i n the internal piping of the f i l t e r drum and in the 
automatic control valve caused substantial losses of vacuum. The 
properties of the cake i t s e l f , which tended to crack during the 
dewatering cycle also contributed to the loss of the vacuum. The 
end result was a vacuum l e v e l which t y p i c a l l y ranged from 5 to 10 
inches Hg instead of the 15 to 20 inches Hg that had been 
anticipated. 

Another factor was the i n a b i l i t y of the thickener underflow 
pumps (inappropriately sized for the service) to handle s l u r r i e s 
containing much more than 15% s o l i d s . This required the d i l u t i o n 
of the thickener underflow before being pumped to the f i l t e r . A 
much higher demand was then placed on the already limited capabil
i t i e s of the f i l t e r . The slurry had to be dewatered from 15% 
solids to 55% instead of from 25 to 55%; thus, more than doubling 
the amount of f i l t r a t e to be removed from the same amount of i n s o l 
uble s o l i d s . 

In a l l likelihood, a properly working and adequately sized 
f i l t e r and associated pumps and piping would have produced a waste 
cake of the desired concentration, or even exceed i t as was the 
case i n the previous p i l o t plant tests i n 1977 when the f i l t e r cake 
t y p i c a l l y contained 55 to 65% s o l i d s . Limestone dual a l k a l i p i l o t 
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plant tests performed by EPA have also produced waste cakes with 
solids contents i n excess of 60%. 

The sodium losses i n the cake were rather high throughout the 
Scholz test program. The loss of soluble sodium sa l t s i n the cake 
i s reduced by maximizing the solids content i n the cake and by 
using wash water to displace the remaining mother liquor i n the 
cake. At Scholz, two spray banks were used to wash the cake. The 
use of up to 40 gpm of wash water was anticipated (equivalent to 
displacing four times the f i n a l volume of l i q u i d i n cake containing 
55% s o l i d s ) . The corresponding sodium losses were anticipated 
to amount to about 4 wt. % of the insoluble solids content of the 
cake (equivalent to a Na/Ca r a t i o of 0.08 i n the f i n a l cake). 

The average number of displacement washes i n February was only 
1.5 resulting i n a high Na/Ca ra t i o of 0.2 in the discharged cake. 
In March, the average numbe
0.8, and the Na/Ca ra t i
were times, however, when up to three displacement washes could be 
accommodated; the sodium losses were then reduced to 0.03 to 0.04 
moles Na per mole Ca, even below the targeted 0.08 moles Na per 
mole Ca. In general, the use of more than two displacement washes 
was not possible because of capacity limitations i n the piping for 
handling of f i l t r a t e and limitations i n the wash water supply. 

Soda Ash Consumption. The design of the Scholz system antic
ipated a makeup rate of 0.04 mole of Na 2CÛ3 per mole of SO2 
removed. The actual sodium losses were much higher and were due 
to not only excessive losses i n the cake but also severe liquor 
losses due to leaks, s p i l l s , and liquor purges needed to maintain 
volume balances. During the testing period, the overall soda ash 
feed stoichiometry amounted to 0.29 mole of Na2C03 per mole of SO2 
removed. As much as 50% of this amount was needed to make up for 
cake losses; the remainder was associated with liquor losses. 

Both of these problems, their causes, and impacts have 
already been discussed. The losses i n the cake were addressed in 
the discussion of cake properties and liquor losses were addressed 
in the discussion of oxidation and sulfate p r e c i p i t a t i o n . It i s 
reasonable to assume that had the mechanical problems and corre
sponding impacts on the process operation not been present, the 
makeup rate could have been limited to the design condition. This 
was c l e a r l y demonstrated during the e a r l i e r p i l o t plant tests 
where soda ash makeup rates amounted to an equivalent of 5 mole % 
of the S0 2 removed. 

Power Consumption. The power consumption by the dual a l k a l i 
system ranged from 2.5% (0.53 MW) at flue gas rates equivalent to 
a boi l e r load of 21 MW, to 5.3% (0.42 MW) at an equivalent load of 
8 MW. 

The power consumption at Scholz was primarily related to the 
operation of the F.D. fan. As the pressure drop across the scrub
ber was t y p i c a l l y 2 to 3 times the pressure drop across the 
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absorber, most of the power consumed by the fan was, i n turn, 
associated with the operation of the venturi scrubber. Thus, i n a 
ty p i c a l limestone dual a l k a l i application where flue gas i s taken 
from an e l e c t r o s t a t i c precipitator or a baghouse and the venturi 
i s not required, one would expect the power consumption to be much 
lower—more i n the range of 1 to 1.5% of the power generated at 
f u l l b o i l er load. 

Process Operability. Process operability, unlike equipment 
or mechanical operability, refers to the ease with which the sys
tem can be operated and controlled, to the a b i l i t y of the system 
to adequately respond to varying conditions, and to the a b i l i t y to 
tolerate upsets i n process chemistry due to mechanical problems or 
operator oversight. 

In general, the proces
a l k a l i system was good afte
tion. It was during these i n i t i a l days, following any restart of 
the system, that the major problems with process operability were 
encountered. The f i r s t 24 to 28 hours of operation with limestone 
feed were c r i t i c a l . Typically, during the f i r s t few hours of 
solids generation, the reactor effluent solids would s e t t l e very 
fast—down to 10% of the i n i t i a l slurry volume i n less than 5 min
utes. Thereafter, as the liquor i n the system was being turned 
over, the s e t t l i n g rate would steadily decline to the point where 
i t would take 7 to 10 minutes to effect the same s e t t l i n g . At 
this point following each startup, the solids s e t t l i n g rate would 
either l e v e l off and a stable operation would be achieved or i t 
would continue deteriorating resulting i n s i g n i f i c a n t solids carry
over in the thickener overflow; which as discussed e a r l i e r i s only 
conducive to the further deterioration of the quality of the sol i d s . 

It i s possible that these restart problems were caused by the 
redissolution of the solids l e f t i n the thickener at the time of 
the outage and subsequent r e c r y s t a l l i z a t i o n into fine crystals. 
This appeared to be the case i n the month of March when, during the 
eight days of downtime for f i l t e r repairs, the solids in the thick
ener resuspended. This resuspension was further aggravated by the 
liquor c i r c u l a t i o n upon restarting the system. Thus, an increas
ing amount of fines were being carried over to the reactors even 
before generation of new solids had started. 

The symptoms, however, were not necessarily present i n each 
occurrence of the restart problems; and therefore, i t appears that 
other causes also contributed to the problem. Further testing 
would be needed to identify and correct these causes. 

Once the system reached stable operation, the process opera
b i l i t y was very good. The system was able to easily accommodate 
variations i n i n l e t SO2 concentrations of as much as 500 ppm by 
simply adjusting the feed forward rate of regenerated solution to 
the absorber/scrubber in order to maintain a constant scrubber 
bleed pH. Variations i n b o i l e r load and thus i n the amount of gas 
processed by the system were also accommodated i n the same fashion. 
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Upsets to the chemistry of the system were also handled well 
by the system. These upsets included the carryover of f l y ash i n 
the flue gas due to malfunction i n the precipitators, the gross 
overfeeding of limestone due to operator oversight, and the occa
sional limestone and soda ash feed outages la s t i n g from 1 to 5 
hours. 

Given the fact that the system was primarily controlled by the 
pH of the liquor, i t i s important to make some observations on the 
effect of pH variations on the process. Controlling the scrubber 
at a bleed pH above 6.0 provides for SO2 removals better than 97% 
but reduces the limestone u t i l i z a t i o n i n the reactors; lowering 
the scrubber bleed pH to 5.5 to 6.0 results i n good limestone 
u t i l i z a t i o n . It should be noted however that at scrubber bleed 
pH Ts below 5.7, the SO2 removal ef f i c i e n c y drops below 92%. Opera
tions at scrubber bleed H f 5.7 t  6.0 should accommodat  both 
good SO2 removals as wel

The reactor t r a i n effluen  p  range  Operat
ing the reactor t r a i n at an effluent pH below 6.0 for too long 
(̂ 24 hours) causes the deterioration i n the s e t t l i n g properties of 
the solids. This effect i s due to two factors. F i r s t , the low pH 
of the regenerated liquor forces a considerable increase i n the 
feed forward rate to the absorber/scrubber i n order to maintain 
reasonable SO2 removals, thus shortening the time allowed for 
solids to set t l e i n the thickener. Second, the limestone u t i l i z a 
tion i n the f i r s t reactor becomes very high at such low pH's. Per
forming such extensive regeneration i n a single reactor tank 
favors the formation of the corresponding solids i n a fine, needle
l i k e structure, rather than i n the agglomerates that exhibit good 
s e t t l i n g properties. 

The highest pH observed i n the reactor t r a i n effluent was 6.4, 
even during periods of gross limestone overfeeding. This may 
indicate that the process liquor becomes highly buffered at this 
pH. If future tests prove this to be the case, then the actual 
control of the regeneration step of this process by pH alone would 
be questionable. 

A common area of concern i n the SO2 scrubbing f i e l d i s the 
formation of scale i n the system. This was not a major problem at 
Scholz, although some scale formation took place i n the reactors 
and i n the scrubber. 

There was a slow buildup of a layer of scale on the walls of 
the f i r s t reactor. Insufficient agitation may have contributed to 
the deposition of this scale which was primarily made up of calcium 
s u l f i t e / s u l f a t e s o l i d s . The formation of this scale was also e v i 
dent i n the overflow pipe connecting the f i r s t and second reactors. 
This pipe had to be replaced i n early March as the 6-inch l i n e had 
been reduced to a 3-1/2 inch l i n e due to scale buildup. This over
flow l i n e was rather long—6 feet—and had an angle of i n c l i n e of 
only 3° because of limitations i n the existing plant layout. A 
greater angle of in c l i n e may have reduced this scale buildup. 
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Another type of solids deposition i n the form of round/oval 
beads was also observed i n the f i r s t reactor. These beads—1/8 to 
3/8 inch i n size—were also made up of calcium s u l f i t e / s u l f a t e 
which b u i l t up i n layers around a seed p a r t i c l e much l i k e the 
growth of pearls. Scale buildup i n the other reactors was minimal. 
Based on the time of operation at Scholz, i t appears that a semi
annual cleaning operation as part of a regular maintenance program 
might be adequate to control reactor scaling. 

A buildup of sodium sa l t s took place at the top of the scrub
ber, near the wet/dry interface where the flue gas enters the 
scrubber. It i s at this location that the process liquor f i r s t 
contacted the flue gas. A substantial evaporation of water from 
the scrubbing liquor took place leaving the sodium salts behind. 
These sodium salts are rather soluble i n water and can, therefore, 
be easily cleaned by a periodi  wash

Economic Considerations 

Estimates for the cost of i n s t a l l i n g and operating a limestone 
dual a l k a l i system on a new 500 MW b o i l e r are presented i n this 
section. Such estimates are based on the current knowledge and 
understanding of the technology. Modifications i n equipment and 
operation may result from further testing needed prior to commer
c i a l i z a t i o n of this process. However, only minor changes are 
expected; and, therefore, these generalized estimates should be 
representative of the costs of commercial application of this 
technology. 

The t o t a l c a p i t a l investment for a generalized 500 MW lime
stone dual a l k a l i system i s estimated at $51.7 m i l l i o n (1980 $), 
which i s equivalent to $103.4/kW (3). This generalized system i s 
assumed to be designed for a 95% S0 2 removal effi c i e n c y when burn
ing coal containing 3.5% sulfur. The estimated annual operating 
costs (raw materials, u t i l i t i e s , labor and maintenance, overhead 
and waste disposal) are estimated at $10.7 m i l l i o n (1980 $) or 3.1 
mills/kWh. 

By comparison a similar 500 MW lime-based dual a l k a l i system 
would represent a t o t a l c a p i t a l investment of $46.3 m i l l i o n or 
$92.6/kW. This lower cost r e f l e c t s primarily a simpler reactor 
system and lower c i r c u l a t i o n flowrates. The annual operating 
costs however are much higher, $13.0 m i l l i o n or 3.7 mills/kWh, 
which r e f l e c t s primarily the higher cost of lime. The price d i f 
f e r e n t i a l between limestone and lime more than offsets the higher 
c a p i t a l charges, the higher soda ash consumption (5 mole % AS0 2 

for limestone vs. 2.5% for lime) and the higher consumption, on a 
weight basis, of limestone (limestone has a higher molecular 
weight than lime). Thus, the limestone dual a l k a l i system becomes 
an economically attractive process for flue gas desulfurization. 
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Conclusions 

Both the p i l o t plant and the prototype tests have demonstrated 
the excellent SO2 control capability of the technology. SO2 
removal e f f i c i e n c i e s i n excess of 95% have been consistently 
achieved. The use of f i n e l y ground limestone i s necessary, but at 
the same time the limestone u t i l i z a t i o n i s quite good—well i n 
excess of 95%. Reasonable soda ash makeup rates were established 
i n the p i l o t plant tests but could not be v e r i f i e d at Scholz due 
primarily to the poor mechanical condition of the equipment. 
Unlike p i l o t tests where the waste cake contained 55 to 65% s o l i d s , 
similar mechanical and related problems resulted i n a very moist 
waste cake at Scholz. The capability of the system to generate 
solids with excellent s e t t l i n g properties for sustained periods of 
operation was i n i t i a l l y
c l e a r l y reconfirmed at Scholz
erated on various occasions. The mechanism for their formation 
needs to be better understood so that their generation can be pre
vented at a l l times. The p r a c t i c a l l i m i t s for the tolerance of 
the system to oxidation are yet to be determined; i t appears, 
though, that the system can tolerate oxidations equivalent to 15 
to 20% of the SO2 removed. The power consumption by the f u l l - s c a l e 
system should be i n the range of 1 to 1.5% of the f u l l b o i l e r 
output. 

The estimated t o t a l c a p i t a l investment for a generalized 500 
MW limestone dual a l k a l i system i s $51.7 m i l l i o n , equivalent to 
$103.4/kW. The annual operating costs are equivalent to 3.1 
mills/kWh. 

Thus, the limestone dual a l k a l i technology appears to be 
technically and economically feasible. However, further testing 
i s needed to reinforce such conclusions and to develop s u f f i c i e n t 
process information needed for f u l l - s c a l e commercialization 
purposes. 
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Control of SO2 Emissions by Dry Sorbent 
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The use of
bonate, trona, an
emissions from coal-fired boilers was studied 
while burning coals containing 1 to 3 percent 
sulfur. 

The tests were carried out in an experimental 
furnace designed to burn 500 lb/hr of pulverized 
coal. The sorbents were injected into the furnace 
flue gas as a dry powder, upstream of a baghouse 
filter. Operating variables considered included 
baghouse temperature and cleaning cycle time, 
sorbent particle size, sorbent/sulfur ratio, 
location of sorbent injection point, and sorbent 
injection schedule (continuous or intermittent). 
With the exception of baghouse cleaning cycle 
rate, each parameter had a significant effect on 
SO2 removal efficiency. Up to 95 percent SO2 

removal could be obtained with each sorbent, with 
the proper selection of operating conditions. 

A considerable amount of interest has developed in 
utilizing dry-sorbent injection as a means of controlling SO2 
emissions from coal-fired industrial and utility boilers. (1.-7) 
A dry sorbent FGD system is one in which an alkaline material is 
injected into the boiler flue gas as a dry powder or aqueous 
slurry; the sorbent reacts with SO2 to form a dry product con
taining sulfates and sulfites. The mixture of spent material 
and fly ash is removed from the gas stream by means of an 
electrostatic precipitator or baghouse filter. The spent sorb
ent is usually disposed of, but in some cases it may be 
regenerable or have commercial end uses.(2) 

Dry FGD systems offer several advantages over conventional 
wet scrubbing systems: there is no need for sludge handling 
equipment; scaling and plugging problems often occurring in 
wet scrubbers are avoided; lower quality steel can be used 
for construction of vessels; energy and water consumption is 
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significantly less, even with spray dryer injection; and, finally, 
recent studies (2, 4, 7) indicate potential economic advantages 
of dry FGD systems over conventional lime- or limestone-based, 
wet scrubbing systems. One potential disadvantage of dry FGD 
systems using sodium-based sorbents is the solubility of the 
spent material; special approaches may have to be developed to 
dispose of the waste in an environmentally acceptable manner.(2) 

Data reported in the literature indicate that sodium com
pounds are considerably more reactive than calcium compounds 
when injected into flue gas as dry powders, although reactiv
ities of the calcium compounds (particularly lime) are increased 
when they are injected via a spray dryer system. The study 
described in this paper was confined to dry-powder injection 
tests with sodium bicarbonate, nahcolite (a sodium bicarbonate 
mineral), and trona (a sodium carbonate/bicarbonate mineral). 

Nahcolite is not currentl
30 billion tons (27 billion metric tons) of nahcolite are known 
to be associated with western oil-shale deposits. A study con
ducted by TRW, Inc., (2) indicates that commercial production of 
nahcolite for FGD applications would be merited provided a ut i l i 
ty market of a least 5000 MW existed. This is equivalent to 
1.28 million tons per year (1.16 million metric tons per year) 
of nahcolite, assuming the use of 1% sulfur coal with 70% SO2 
removal. 

Reserves of trona are even larger than those of nahcolite. 
The bulk of the trona mined currently is converted to sodium 
carbonate. However, commercial sodium carbonate is not effec
tive for FGD when injected as a dry powder; in earlier tests at 
PETC, only 30 percent SO2 removal could be achieved. 

The reactions of sodium carbonate and sodium bicarbonate 
with S02 in a flue gas stream can be described by the following 
equations : 

2NaHC03(s) *-Na2C03(s) + H20(g) + C02(g) (1) 

Na2C03(s) + S02(g) •Na2S03(s) + C02(g) (2) 

2NaHC03(s) + S02(g) •Na2S03(s) + 2C02(g) + H20(g) (3) 

Na2S03(s) + \ 02(g) ^Na2S04(s) (4) 

Reaction (1) can occur at temperatures as low as 180°F. The 
evolution of C02 and H20 vapor occurring in Reaction (1) appar
ently produces a porous form of Na2C03 at temperatures below 
600°F, with a surface area significantly higher than commercially 
produced Na2C03. Data reported by Ness and Selle (8) indicate 
that at temperatures above 600°F sintering of the sorbent par
ticles takes place, which results in a decrease in surface area 
and a corresponding decrease in S02 sorptive capacity. 

The objective of the tests conducted at PETC was to evalu
ate the relative effectiveness of the three NaHC03 sorbents 
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mentioned in removing SO2 from flue gas streams. The tests were 
carried out in an experimental furnace designed to burn 500 lb/hr 
of pulverized coal. Parametric studies were conducted to deter
mine the effect of operating parameters on S02 removal efficiency 
and sorbent utilization (gram atoms Na reacted to Na2S04/gram 
atoms Na injected). Parameters varied were sorbent/ sulfur 
ratio, sorbent particle size, baghouse temperature and cleaning 
cycle time, location of sorbent injection point, and sorbent 
injection schedule (continuous or intermittent). Three types of 
coal were burned ranging in sulfur content from 1 to 3.1 percent. 
All tests were conducted at an excess air level of 20 percent. 

Experimental 

Combustion Test Facility. The 500-lb/hr combustion test 
facility is shown schematicall
designed to simulate the performance of an industrial steam 
generator. The unit is 7 feet wide, 5 feet deep, and 12 feet 
high, and has a volumetric heat liberation rate of about 16,000 
Btu/hr ft 3 at a thermal input of 6.5 million Btu/hr. The fur
nace walls are refractory-lined and water-cooled. 

Coal is charged to the hopper, pulverized to a size consist 
of 70% minus 200 mesh, and then conveyed by the primary air into 
a recycle coal loop where intimate mixing of coal and air occurs. 
Four adjustable exit tubes are connected to the recycle loop; 
these convey the primary air-coal mixture to each of the four 
burners. Secondary air at 600°F is fed through adjustable swirl 
vanes surrounding each burner. The flue gas exits the furnace 
at about 2000°F, passes through a convective heat transfer 
section, and is then used to preheat the secondary air to the 
desired inlet temperature. By controlling the air flow through 
the recuperative air preheater, the flue gas exit temperature 
can be maintained in the range of 300-475°F. 

The dry-sorbent injection system is shown schematically in 
Figure 2. This rather simple system provides reliable and 
accurate feeding of solid sorbent. The entire feed mechanism, 
including sorbent storage, was placed on a weigh scale with 
digital readout. The sorbent feed rate was constantly monitored 
from the slope of weight loss vs time. 

In most of the tests, dry sorbent was injected into the 
12-inch diameter flue-gas duct at the exit of the preheater, 
26 feet upstream of the baghouse. The nominal flue gas velocity 
in the duct is about 50 feet/second, which results in a gas/ 
solid contact time of about 0.5 second prior to entering the 
baghouse. A few tests were conducted while injecting sorbent at 
the inlet of the baghouse. 

The baghouse is a Mikro-Pulsaire model manufactured by the 
Pulverizing Machinery Division of the Slick Corporation, and is 
6 feet, 6 inches in diameter and 9 feet, 10 inches high. It 
contains 57 Nomex bags, 8 feet long χ 4.5 inches OD. The unit 
is normally operated at air/cloth ratios of 4-4.5 feet/minute. 
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Figure 2. Dry sorbent injection system. 
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Gas analyses, as well as temperatures, pressures, and flows, 
are recorded with a computerized data collection system. The 
flue gas is sampled and analyzed at four locations (see Figure 1): 
the furnace outlet; the air preheater outlet (prior to sorbent 
injection); the baghouse inlet; and the baghouse outlet. 

A schematic of the gas sampling system is given in Figure 3. 
Flue gas is drawn through a 15 pm stainless-steel sintered 
filter located inside the hot flue gas lines. This clean, wet 
gas passes through heated lines to a refrigeration system where 
moisture is removed by condensation. The relatively dry gas is 
then pumped under a positive pressure through a Perma Pure Dryer 
for additional drying (by osmosis) prior to entering the appropri
ate instruments. Sampling point D provides continuous measurement 
and recording of SO2, CO, C02, NO , 0 2, and total hydrocarbons 
at the baghouse exit. The process mass spectrometer automatically 
switches to al l four stream
minute, but can be manuall
the four possible positions. Sample streams A, B, and C are 
connected through a selector valve to a different set of instru
ments. Sufficient time was allowed for each instrument to 
attain a steady state reading before changing sampling location. 

Sorbents and Coals Tested 

Typical analyses of the nahcolite and trona used in the dry 
sorbent tests are given in Table I. The nahcolite was supplied 
by Superior Oil Company from a mine near Rifle, Colorado. The 
trona was obtained from a Stauffer Chemical Company mine in Rock 
Springs, Wyoming. The sodium bicarbonate used was USP grade and 
was « 1 0 0 percent NaHC03. Much of the parametric testing was 
conducted with this material because it is well characterized 
chemically and is available in carefully graded size consists 
with the following industrial designations: No. 3 (32 μπι mean 
particle diameter); No. 1 (69 μπι) ; No. 2 (110 μπι) ; No. 4 (115 μπι) ; 
and No. 5 (180 μπι). 

TABLE I. TYPICAL ANALYSES OF NAHCOLITE AND TRONA 
Nahcolite 

(Weight Percent) 
Trona 

COS Not Detected 24.3 
HCO; 62.7 25.3 
Na 22.1 24.9 
Κ 0.1 0.2 
Ca 0.65 1.3 
Mg 0.5 0.6 

86.05 76.6 
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Analyses of the coals tested are given in Table II. Most of 
the tests were conducted with the 1.6-percent-sulfur Pittsburgh 
seam coal. Twelve tests were carried out with the 3.1-percent-
sulfur West Virginia coal. [This also is a Pittsburgh seam 
coal, but is referred to as "West Virginia coal" (from Marion 
County, West Virginia) to facilitate discussion.] Two tests 
were conducted with the 1.O-percent-sulfur Kentucky coal. 

Results and Discussion 

Sodium Bicarbonate Tests. 

Effect of Na2/S Ratio. Figure 4 shows the effect of varying 
the Na2/S ratio over a range of approximately 0.5 to 2.0 while 
injecting No. 3 (32 μπι) sodium bicarbonate. The baghouse temper
ature was 400°F, and th
There was about a 25°F temperature drop between the sorbent 
injection point and the baghouse. With this size-consist of 
NaHC03 (the finest grind tested), 90 percent S02 removal is 
achievable at a Na2/S ratio of 1.3, which corresponds to a 
sorbent utilization of about 70 percent. 

Effect of Temperature. Figure 5 depicts the effect of 
baghouse temperature on S02 removal with No. 1 (69 μπι) sodium 
bicarbonate over the temperature range 350°-450°F. The removal 
of S02 tends to level off at about SO percent at temperatures in 
excess of 400°F. In the case of other sorbents, a temperature 
of 400°F also appears near optimal in terms of S02 removal, and 
this temperature level does not represent a severe operating 
condition for the baghouse. Thus, most of the testing was 
carried out at approximately 400°F. 

Effect of Sorbent Particle Size. Figure 6 shows the effect 
of sorbent particle size on S02 removal with sodium bicarbonate 
at a Na2/S ratio of 2 and a baghouse temperature of 400°F. It 
will be noted that the S02 removal varies approximately linearly 
with the mean particle diameter of the sorbent, increasing with 
decreasing particle size. The data indicate that S02 removals 
of 90 percent are achievable at mean sorbent diameters of 65 μπι 
or less, for the conditions stated. 

Effect of Location of Sorbent Injection Point. The effect 
of injecting sorbent at the baghouse inlet versus injecting into 
the flue gas duct 26 feet upstream at the air heater outlet was 
examined. The baghouse temperature was maintained at 400°F and 
cycle time was 30 minutes. Three size consists of NaHC03 were 
used: 32, 69, and 180 μπι. All tests were carried out at a 
Na2/S ratio of 1.5. 

The results indicate no apparent effect with the 32 μπι 
material; S02 removal was about 90 percent in each test. How
ever, the effect was significant with the coarser materials. 
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TABLE II. TYPICAL ANALYSES OF COALS USED 

PROXIMATE ANALYSIS 
WT.% (Dry Basis): 

Volatile Matter 

Fixed Carbon 

Ash 

ULTIMATE ANALYSIS: 

Hydrogen 

Carbon 

Nitrogen 

Sulfur 

Oxygen 

Ash 

HEATING VALUE 
(Btu/lb): 

MOISTURE IN COAL 
(As Fired): 

ASH ANALYSIS: 

A1203 

CaO 

Fe 20 3 

K20 

Na20 

Si02 

MgO 

Pittsburgh 

37.5 

53.8 

8.7 

5.0 

75.8 

1.5 

1.6 

7.4 

8.7 

13698 

1.0 

26.31 

2.96 

13.58 

1.58 

0.57 

53.96 

1.04 

V. Virginia 

39.1 

50.2 

10.7 

5.0 

74.2 

1.2 

3.1 

5.8 

10.7 

13378 

1.0 

20.36 

7.30 

21.88 

1.78 

1.37 

45.80 

1.51 

Kentucky 

35.3 

55.3 

9.4 

5.0 

75.4 

1.4 

1.0 

7.8 

9.4 

13393 

1.0 

27.99 

3.46 

17.09 

0.21 

0.42 

48.63 

2.2 
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CO 

300 350 400 450 500 
BAGHOUSE TEMPERATURE, °F 

Figure 5. S02 removal with NaHCOs: effect of baghouse temperature. Sorbent, 
No. 1 NaHCOs (69 pm); Na2/S ratio, 1.30; Pittsburgh seam coal (1.6% S). 
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0 50 100 150 200 
MEAN PARTICLE DIAMETER, μπ\ 

Figure 6. S02 removal with NaHCOs: effect of sorbent particle size. Sorbent, 
NaHCOs; Na2S ratio, 2; baghouse T, 400°F; and Pittsburgh seam coal (1.6% S). 
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With the 69 μπι material, SO2 removal decreased from 87 percent 
when injecting upsteam, to 64 percent when injecting at the 
baghouse inlet. Corresponding values with the 180 μπι material 
were 64 percent and 43 percent, respectively. 

Inasmuch as the gas/solid contact time in the duct is only 
Ô.5 second, it had been anticipated that the effect of injecting 
upstream would be negligible since the baghouse pulse cycle was 
30 minutes. A possible explanation of the effect noted with the 
coarser materials is that the larger particles may tend to 
separate from the gas stream upon entering the baghouse and fall 
to the baghouse bottom. Thus a fraction of the coarser materials 
would be in intimate contact with the gas considerably less than 
30 minutes. 

Continuous Versus Intermittent Feeding of Sorbent. Two tests 
were conducted to determin
efficiency and sorbent utilization could be increased by inter
mittent sorbent injection as compared to continuous feeding. 
Number 1 NaHC03 (69 μπι) was used in both tests. The baghouse 
temperature was 400°F and cycle time was 20 minutes. The results 
are given in Table III. 

TABLE III. EFFECT OF INTERMITTENT SORBENT FEEDING ON S02 

REMOVAL EFFICIENCY AND SORBENT UTILIZATION 

Sorbent Injection Na2/S S02 Removal Sorbent Utilization 
Schedule Ratio (Percent) (Percent) 

Continuous I ^ ~~ 77.6 59.7 
1 min on, / 
1 min off J 58.6 45.1 

Continuous 0.95 65.1 68.5 
3 min on 0.98 48.0 49.0 1 mm off 
Sorbent: No. 1 Sodium Bicarbonate (69 μπι) 
Baghouse Temperature: 400°F 
Baghouse Cycle: 20 minutes 
Pittsburgh Seam Coal (1.6% S) 

In the first test, the Na2/S ratio was maintained at an 
average value of 1.30, and the sorbent feed schedule was 1 
minute on (at Na2/S=2.6) and 1 minute off. The S02 removal 
efficiency obtained was only 58.6 percent, significantly less 
than the 77.6 percent value obtained with continuous feeding; 
sorbent utilization was 45.1 percent versus 59.7 percent with 
continuous feeding. 

The second test was conducted with an average Na2/S ratio 
slightly less than 1, and the sorbent feed schedule was 3 min
utes on, 1 minute off. Again the S02 removal efficiency was 
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lower with intermittent feeding (48.0 percent) than with con
tinuous feeding (65.1 percent). Sorbent utilization was 49.0 
percent as compared to 68.5 percent with continuous feeding. 

Tests with Nahcolite 

Pittsburgh Seam Coal (1.6 Percent Sulfur). A series of 
tests was conducted with Pittsburgh seam coal while injecting 
nahcolite with a mean particle diameter of 37 μπι. Figure 7 
shows the effect of Na2/S ratio on SO2 removal at 400° and 
420°F. As expected from the earlier sodium bicarbonate tests 
(see Figure 5), the slight difference in temperature appears to 
have no major effect on the removal achieved. 

It should be noted that varying the baghouse cycle rate 
over the range 6 to 30 minutes also had no apparent effect on 
SO2 removal. This wa
performed, regardless of the sorbent employed. It is believed 
that this is an indication that reactions are confined to only a 
thin outer layer of sorbent deposited on the filter bags. 

For the conditions stated in Figure 7, 90 percent SO2 
removal is achieved at a Na2/S ratio of 1.1. This corresponds 
to 82 percent sorbent utilization. 

Kentucky Coal (1.0 Percent Sulfur) and West Virginia Coal 
(3.1 Percent Sulfur). Two tests were conducted with a Kentucky 
coal containing 1.0 percent sulfur, and six tests were conducted 
with a West Virginia coal containing 3.1 percent sulfur. Bag-
house temperature was maintained at 400-420°F, and the cycle 
times were either 15 or 30 minutes. 

The results for these two coals are shown in Figure 8, 
along with the smooth curve representing the results for Pitts
burgh seam coal discussed above. The results for the Kentucky 
coal are consistent with the results obtained with the Pittsburgh 
seam coal. However, the S02 removal efficiencies achieved when 
burning the 3.1%-S West Virginia coal were somewhat lower than 
those obtained with the Pittsburgh seam coal. The reason for 
this is not apparent. Intuitively, one would anticipate greater 
reactivity with the West Virginia coal, as initial SO2 concen
trations should be higher than when burning Pittsburgh seam 
coal. Also, inspection of the ash analyses given in Table II 
would suggest, i f anything, that the more alkaline ash of the 
West Virginia coal would result in greater SO2 removal than with 
Pittsburgh seam coal, if in fact ash-S02 reactions occur. The 
same phenomenon has been noted by others.(9) 

Tests with Trona 

A series of ten tests was conducted with trona with a mean 
particle diameter of 59 μιη while burning 1.6%-S Pittsburgh seam 
coal. Another series of seven tests was carried out with a 
second batch of trona (32 μπι) while burning 3.1%-S West Virginia 
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Figure 8. S02 removal with nahcolite while burning three types of coal. Sorbent, 
nahcolite; baghouse T, 400-420°F. Key: • , Kentucky coal (1.0% S) (37 μπι 

sorbent); A, West Virginia coal (3.1 % S) (33 μπι sorbent); *, from Figure 7. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



16. YE H ET AL. Dry Sorbent Injection 365 

coal. The results are plotted in Figure 9. As in the case with 
nahcolite, higher SO2 removal efficiencies were achieved while 
burning Pittsburgh seam coal than with West Virginia coal, 
although here the difference is more pronounced. In fact, i f 
one were to adjust the West Virginia coal curve to account for 
particle size effects, the difference would be even greater (a 
decrease in SO2 removal efficiency by approximately 3 percentage 
points at each Na2/S ratio, assuming the correlation given in 
Figure 6 is valid). 

Conclusions 

This study has confirmed that high levels of SO2 removal 
can be achieved via dry powder injection of NaHCOâ-bearing 
sorbents into the flue gas of coal-fired boilers. The mineral 
nahcolite is particularl
sodium bicarbonate is slightly less reactive than nahcolite. 
The mineral trona was found to be less effective, probably due 
to the lower bicarbonate content of this material. With all 
three sorbents, SO2 removal efficiencies in excess of 90 percent 
could be achieved, although in some cases at fairly low sorbent 
utilization efficiencies. 

Baghouse temperature had a significant effect on SQ2 removal 
efficiency, although baghouse cleaning cycle rate had no effect. 
It appears that a temperature of 400°F provides adequate sorbent 
reactivity, and this is well below the recommended maximum use 
temperature of the bags («450°F) . 

Sorbent particle size is also important. Removal efficien
cies increased with decreasing mean particle size. The finest 
material tested had a mean particle diameter of 32 μπι. Whether 
finer grinding is warranted in industrial applications would 
depend on an economic analysis taking into consideration both 
increased sorbent utilization and increased grinding costs with 
finer grinding. 

The location of the sorbent injection point appears to be 
important i f coarser materials are used. However, with 32-μπι 
sodium bicarbonate, there was no difference between injecting 
sorbent immediately before the baghouse and injecting 26 feet 
upstream in the flue gas duct. It was also found that con
tinuous injection of sorbent produces better results than 
intermittent feeding. 

Higher levels of SO2 removal efficiency were achieved with 
nahcolite and trona while burning the low-sulfur coals (1.0 and 
1.6 percent sulfur) than when burning the 3.1 percent-sulfur 
coal. This cannot be explained, but the same effect has been 
noted in other studies. 

Future investigations at PETC will focus on improving 
sorbent utilization while burning high-sulfur coals. A spray 
dryer system has been added to the test facility, and a sorbent 
recycle system will be installed. The planned work will include 
an evaluation of the effectiveness of lime and limestone slurry 
injection. 
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1.0 1.5 2.0 2.5 3.0 
Na2/S RATIO 

Figure 9. SOz removal with trona while burning Pittsburgh seam and West Vir
ginia coal. Sorbent, trona; baghouse temperature, 400°F. Key: O, Pittsburgh seam 
coal (1.6% S) (59 μπι sorbent); and A, West Virginia coal (3.1% S) (32 μπι 

sorbent). 
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Conversion Factors 

To Convert Multiply By To Obtain 

Btu 1055.06 Joules 

Btu/hr-ft3 10.3539 Joules/sec#m3, watt/nr 

Cubic feet 0.02832 Cubic meter 

Fahrenheit 
(degrees) (°F-32)/1.8 Centigrade (degrees) 

Feet 0.3048 Meters 

Pounds 0.4536 Kilograms 

Tons 0.9072 Metric Tons 

Reference in this report to any specific commercial product, 
process, or service is to facilitate understanding and does not 
necessarily imply its endorsement or favoring by the United 
States Department of Energy. 
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Characterization of Volatile Organic Components 
of Nahcolite and Trona 

BRUCE W. FARNUM, RONALD C. TIMPE1, and SYLVIA A. FARNUM 
U.S. Department of Energy, Grand Forks Energy Technology Center, 
Grand Forks, ND 58202 

Nahcolite and Tron
ing 1.3 and 0.2% volatile organic compounds. Proton 
and carbon-13 NMR and capillary gas chromatography 
indicated homologous series of n-alkanes and 
l-alkenes from C9 to C29. The samples resembled 
shale oi l . 

Nahcolite, a naturally occurring form of sodium bicarbonate 
is found as nodules surrounded by oil shale or occasionally in 
discrete beds (ly 2). The nahcolite may be recovered during 
shale oil processing (3, 4) and since the mid-19701s has been in 
some demand as a scrubbing agent for sulfur oxides removal from 
stack gas. Several studies involving stack gas absorption show 
that the porous sodium carbonate produced by thermal decomposi
tion of the nahcolite at stack gas temperatures is a very effi
cient S02 absorber (5-9). Grand Forks Energy Technology Center 
(GFETC) has been investigating the properties of nahcolite as a 
dry sorbent (10, 11, 12). These studies have included the use 
of trona, sodium sesquicarbonate (Na2C03

eNaHC03'2H20). Both 
nahcolite and trona were efficient absorbers of S02 with nahco
lite being more efficient than trona during dry injection. 
Absorption of NO appeared to be dependant on the conditions and 
the amount of ^02 present. Both materials gave an optimum 
injection temperature around 345° C where the maximum surface 
area was attained (10). Other reports supporting the use of 
trona as a viable dry sorbent have also appeared (13). 

The present study was initiated to determine the possible 
emergence of organic materials from the nahcolite or trona into 
the flue gas and to identify the types of organic compounds 
involved. 

1 Current address: May ville State College, Department of Chemistry, Mayville, ND 58257. 

This chapter not subject to U.S. copyright. 
Published 1982 American Chemical Society. 
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Experimental 

Nahcolite and trona were obtained from batches of the dry 
sorbents used i n the GFETC study (12). The nahcolite was mined 
i n the Green River Formation of Colorado and obtained from the 
Superior O i l Co., Denver, CO, via the Utah Power and Light Com
pany. The trona was mined i n Wyoming by Stauffer Chemical Co. 
of Wyoming, Green River, WY. Pyrolysis of the minerals resulted 
in copius C0 2 evolution, clogging the l i q u i d nitrogen trap. The 
carbonate, bicarbonate, and water soluble components of the min
erals were dissolved i n dilute HC1 to obtain an insoluble r e s i 
due for the pyrolysis studies. These materials were pretreated 
by mixing about 300 g of -100 mesh mineral into 1500 ml of dei-
onized water. The resulting slurry was s t i r r e d magnetically for 
2-3 hours and the pH wa
(Ultrex)*. The mixtur
hours before i t was f i l t e r e d and ai r - d r i e d for 3-8 days. 

The v o l a t i l e o i l s were collected by heating the ai r - d r i e d , 
acid washed nahcolite or trona residues in a Vycor or quartz 
tube i n a tube furnace under N 2 to 150° C, 250° C, 400° C and 
650° C. Heat up time was 10-20 minutes. The l i q u i d product was 
collected in a series of traps, consisting of an a i r cooled con
denser, an ice-water trap, and a l i q u i d nitrogen trap, Figure 1. 

Mineral characterization studies were carried out by X-ray 
d i f f r a c t i o n (Geology Department, University of North Dakota) and 
scanning electron microscopy (SEM). 

The studies of the v o l a t i l e o i l s u t i l i z e d elemental analy
ses, dilute solution IR spectroscopy, 200 MHz XH NMR, 50 MHz 1 3C 
NMR and c a p i l l a r y gas chromatography. The 200 MHz XH NMR spec
tra were run on a Varian XL-200 at a 45° f l i p angle (5 psec 
pulse) with a delay of 5 sec between pulses. The number of pul
ses varied from 25 to 100. The volume of o i l used was 25 μΐ 
with CDC13. TMS was added as an internal standard. 1 3C NMR 
spectra were run on the same instrument with 100 mg of o i l 
diluted to 1500-2000 pL, pulse angle of 60°, 12 psec pulse, and 
a delay of 5 sec. The number of pulses varied from 5000 to 
10,000. TMS was the internal standard. 

IR spectra were obtained in dilute solution i n CCI4. A 
10 mm near IR s i l i c a c e l l was used. Computerized subtraction of 
the c e l l and solvent background was applied. The instrument 
used was the Perkin-Elmer model 283 with data station. 

Capillary gas chromatography was carried out on an 
Hewlett-Packard* methyl s i l i c o n e f l u i d coated, Carbowax 20M 
deactivated fused s i l i c a c a p i l l a r y column, 50m χ 0.2mm ID pro
grammed from 100°C to 280°C at 4°/min. A Varian 3700 GC was 
used with flame ionization detection. 

Thermal gravimetric analyses (TGA) were carried out on a 
DuPont model 951 analyzer. 
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Figure 1. A pparatus for trapping volatile oils from nahcolite and trona. 
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Results and Discussion 

The raw nahcolite and trona are minerals containing sodium 
carbonate and sodium bicarbonate. Figure 2b shows the x-ray 
d i f f r a c t i o n powder pattern for untreated nahcolite. Patterns 
for NaHC03 and for quartz appear as prominent features. 
Figure 2a shows the same material after acid-washing, p l a i n l y 
indicating the loss of the NaHC03. SEM microprobe analysis con
firmed loss of sodium. The acid insoluble fractions which pro
duced only a minimum of residual C0 2 on heating was much more 
suitable for use i n the determination of v o l a t i l e organic o i l s . 

Thermal gravimetric analysis showed v o l a t i l i z a t i o n of 5.7% 
of the acid-insolubles of nahcolite and 1.8% of the acid i n s o l 
ubles of trona. After correction to weight of o r i g i n a l mineral, 
the o i l represented 1.2
A t y p i c a l thermogram i
o i l v o l a t i l i z e d between 400°C and 550°C. Table 1 summarizes the 
data obtained. 

Table I 
Comparison of Trona and Nahcolite Behavior 

with TGA, Acid Slurry Treatment and V o l a t i l e O i l Determination 

Trona (%) Nahcolite (%) 

TGA Heating loss, 250-650°C 
acid washed 1.8 5.7 
acid washed, corrected 0.3 1.2 
to wt. of o r i g i n a l mineral 

Weight loss on acid treatment 94-95 88-89 

O i l Y i e l d to 650°C 0.2 1.3 

Nahcolite o i l , 1.3% of the raw nahcolite, was collected 
from the three traps after heating at 650°C and was subjected to 
elemental analysis, Table 2. Additional collections of samples 
were made with heating terminated at 400°C and 250°C. Elemental 
analysis data from a run terminated at 400°C also appears i n 
Table 2. The o i l that was collected at 400°C was 65% of the 
t o t a l o i l y i e l d . 

In Flue Gas Desulfurization; Hudson, J., et al.; 
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DEGREES. 2-θ-
Figure 2. X-ray diffraction patterns for a, acid insolubles of nahcolite and b, nah

colite. Key: N, NaHCOs; and Q, quartz. 

TEMPERATURE, °C 

Figure 3. TGA analysis of acid insoluble fraction of nahcolite. 
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Table II 
Elemental Analyses of Nahcolite O i l 

Collected on Heating to 650°C 

c (%) H (%) Ν (%) 
a i r condenser 81.2 11.1 1. .7 
ice trap 82.6 11.9 1. .3 
LN 2 trap 81.6 11.6 1. .2 

Heating to 400°C 

a i r condenser 
LN 2 

trap 

The various trap contents were examined by NMR, IR and cap
i l l a r y GC. The 200 MHz XH NMR spectrum of the nahcolite o i l 
that was collected up to 400°C i s shown in Figure 4a. The CH 3 

and CH 2 proton resonances were very prominent indicating 
alkanes. Terminal olefins were p o s i t i v e l y i d e n t i f i e d by the 
characteristic pattern between 4 ppm and 6 ppm. Figure 4b shows 
this pattern for one of the standards, 1-octene. The 50 MHz 1 3C 
NMR spectrum of the same fraction, Figure 5, confirmed the pre
sence of η-paraffins and 1-enes. The c a p i l l a r y gas chromato
graphic technique used separated the same o i l into a recogniz
able homologous series of alkanes and the corresponding terminal 
o l e f i n s . In this f r a c t i o n the C-10 through C-28 members of both 
homologous series were seen. Pristane was present. These are 
i d e n t i f i e d i n Figure 6a and Table 3. The *H NMR spectrum of 
material collected between 400° and 650° showed long chain 
n-alkanes with very l i t t l e unsaturated material present. 

Examination of trona o i l , 0.2% of the whole trona, c o l 
lected up to 650°C revealed that the o i l was similar i n composi
tion to the nahcolite o i l . The elemental analyses are shown i n 
Table 4. 

Similar patterns of n-alkanes and terminal o l e f i n series 
peaks were seen for trona o i l , Figure 6b. Pristane was recog
nized. 

The IR spectra obtained i n dilute CC1 4 solutions were simi
l a r for nahcolite and trona o i l s . Several weak bands were noted 
(Figure 7). Water, 3700 cm-1and a phenolic OH stretching f r e 
quency at 3605 cm^were most obvious. 
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Figure 4. a, *H NMR spectrum (200 MHz) of nahcolite oil collected from 250-
400°C; and b, standard 200 MHz *H NMR spectrum of 1-octene. 
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Figure 5. 13C NMR spectrum (50 MHz) of nahcolite oil collected between 250-
400° C. 

39 
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Figure 6. Capillary gas chromatography of a, nahcolite oil collected up to 400°C 
(liquid N2 trap); and b, trona oil collected from 250-400°C (liquid N2 trap), on a 
HP methyl silicone fluid 0.2 mm χ 50 m fused silica column. Key: see Table III. 
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Figure 7. IR spectrum of nahcolite oil collected from 260-400°C, dilute solu
tion in CClj,. 
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Table III 
Compounds Identified by Gas Chromatography 

of Nahcolite and Trona O i l s , Figure 6. 

1. 1-undecene 14. heptadecane 27. 1-tetracosene 
2. undecane 15. 1-octadecene 28. tetracosane 
3. 1-dodecene 16. octadecane 29. 1-pentacosane 
4. dodecane 17. 1-nonadecene 30. pentacosane 
5. 1-tridecene 18. nonadecane 31. 1-hexacosene 
6. tridecane 19. 1-eicosene 32. hexacosane 
7. 1-tetradecene 20. eicosane 33. 1-heptacosene 
8. tetradecane 21. 1-heneicosene 34. heptacosane 
9. 1-pentadecene 

10. pentadecane 
11. 1-hexadecene 24. docosane 37. 1-nonocosene 
12. hexadecane 25. 1-tricosene 38. nonacosane 
13. 1-heptadecene 26. , tricosane 39. pristane 

Table IV 
Elemental Analyses of Trona O i l 
collected on heating to 650°C 

c (%) % H % Ν 
a i r condenser 81.7 9.9 2.4 
ice trap 83.9 11.6 0.7 
LN 2 trap 71.4 9.8 3.4 

In summary, the y i e l d of v o l a t i l e o i l was larger for nahco
l i t e than for trona. Thermal gravimetric analysis of the acid 
insoluble fractions of the mineral yielded good results compar
able with the determination of v o l a t i l e o i l s by direct heating 
and weighing. 

A s i g n i f i c a n t finding of this study was the fact that the 
two v o l a t i l e o i l s investigated from nahcolite and trona were 
very similar and that they closely resemble shale o i l , both from 
our observations and from the l i t e r a t u r e (14, 15). Since the 
minerals are found i n nature near o i l shale or i n some cases 
intimately mixed with the shale this i s an expected observation. 
Environmental hazards as well as other o i l properties can pro
bably be inferred from studies carried out by numerous i n v e s t i 
gators with shale o i l s . 

Reference to s p e c i f i c brand names and models i s done to 
f a c i l i t a t e understanding and neither constitutes nor implies 
endorsement by the Department of Energy. 
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Conceptual Design and Economics of an Improved 
Magnesium Oxide Flue Gas Desulfurization 
Process 

T. A. BURNETT and W. L. WELLS 
Tennessee Valley Authority, Offic
and Technology, Chattanooga, TN 37401 

An improved magnesium oxide (MgO) flue gas 
desulfurization process and its comparative 
economics are described. Innovations made 
include the use of a spray dryer, a cyclic 
hotwater reheater, and a coal-fired fluidized-bed 
reactor for regeneration of the MgO absorbent. 
Several technical concerns with the proposed 
design are addressed, including fly ash and 
chloride buildup. The economic evaluation shows 
the process to have a capital investment of about 
seven percent less than that of a conventional 
MgO scrubbing process and a 40 percent smaller 
annual revenue requirement. Finally, a 
sensitivity analysis is shown relating annual 
revenue requirements to the byproduct sulfuric 
acid price credit. 

This chapter not subject to U.S. copyright. 
Published 1982 American Chemical Society. 
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INTRODUCTION 

TVA's involvement with magnesium oxide (MgO) f l u e gas 
d e s u l f u r i z a t i o n (FGD) systems extends over a period of years 
and has been documented i n a recent Environmental Protection 
Agency symposium paper (V). The process described therein 
u t i l i z e s conventional MgO FGD technology and i s s i m i l a r i n 
design to one being i n s t a l l e d commercially by Philadelphia 
E l e c t r i c Company. 

Since the c o n v e n t i o n a l MgO process has not gained 
widespread acceptance, e f f o r t s are underway to make the process 
more energy e f f i c i e n t , l ess dependent on f u e l o i l and, most 
importantly, more competitive economically with a limestone 
scrubbing system. This paper i s the r e s u l t of TVA»s i n i t i a l 
i n v e s t i g a t i o n into an improve
describe the new MgO process
uncertainties requiring further development work, and to 
present preliminary conceptual design economics for t h i s 
improved MgO FGD system. 

INNOVATIVE DESIGN CHANGES 

Figures 1 and 2 , r e s p e c t i v e l y , show the old and new 
processes. The major innovations are use of (1) a spray dryer 
absorber i n place of the wet venturi, absorber, centrifuge, 
rotary dryer combination; (2) a c y c l i c hot-water reheat system 
interconnecting thermally the c a l c i n e r product s o l i d s and the 
ef f l u e n t gas from the spray dryer absorber; and (3) a c o a l -
f i r e d , fluidized-bed reactor for conversion of magnesium 
s u l f i t e (MgSO ) and s u l f a t e (MgSO^) to MgO and S 0 2 gas. 
Otherwise, tne two systems are very s i m i l a r , u t i l i z i n g a 
regenerable absorbent to recover the s u l f u r material as a 
usable commercial grade of concentrated s u l f u r i c a c i d . 

Spray dryer absorbers have recently been adapted f o r use 
i n FGD systems by numerous vendors and the r e s u l t i n g lime-based 
FGD processes have been sold f o r various u t i l i t y and i n d u s t r i a l 
a pplications (2). These spray dryer absorbers appear to o f f e r 
the p o t e n t i a l for s i g n i f i c a n t advantages over conventional wet 
scrubbing technology including ( 1 ) elimination of stack gas 
reheat f o r most a p p l i c a t i o n s , ( 2 ) e l i m i n a t i o n of mist 
eliminators, (3) production of a dry waste d i r e c t l y , and (4) 
elimination of the large r e c i r c u l a t i n g pumps and piping. From 
a t h e o r e t i c a l standpoint, there does not appear to be any 
reason why a spray dryer absorber could not be adapted to the 
MgO FGD process and o f f e r these same advantages. In fact the 
production of a dry waste d i r e c t l y i n the spray dryer may prove 
to be the most s i g n i f i c a n t p o t e n t i a l advantage since i t w i l l 
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eliminate those processing sections i n the conventional MgO FGD 
process which consume s i g n i f i c a n t amounts of energy ( i . e . , the 
scrubber r e c i r c u l a t i o n pumps and the s o l i d s separation and 
drying equipment). 

The c y c l i c hot-water reheater system recovers heat from 
the product s o l i d s cooler i n the c a l c i n a t i o n area and uses t h i s 
heat to displace steam i n the stack gas reheater. The 
fluidized-bed c a l c i n e r i s f i r e d with s t a t i o n coal rather than 
expensive No. 2 f u e l o i l which was used i n the previous 
conventional MgO evaluation. Both of these l a t t e r design 
changes r e f l e c t new technology which may r e q u i r e some 
ad d i t i o n a l development work before they are accepted as proven 
f o r commercial usage. 

As shown i n Figure 2, f l u e gas from the b o i l e r at about 
300°F passes through a 95% e f f i c i e n t ESP to remove most of 
the f l y ash before the f l u e gas enters the FGD system. The 
col l e c t e d f l y ash i s removed from the ESP hopper, transferred 
to intermediate storage s i l o s , and trucked to an onsite ash 
l a n d f i l l situated one mile from the power u n i t . The f l u e gas 
from the ESP passes through the b o i l e r ID fan, a common plenum 
feeding the multiple t r a i n s of spray dryers, and the ductwork 
feeding the spray dryer. 

The f l u e gas enters the spray dryer and passes downward 
through a concentric r i n g of turning vanes which surround the 
rotary atomizers. The makeup MgO s l u r r y i s pumped to the spray 
dryer and passes through the i n t e r n a l s of the rotary atomizer 
and i s sprayed perpendicularly to the fl u e gas flow. The 
re s u l t i n g intimate mixing of the f l u e gas and the fi n e MgO 
s l u r r y p a r t i c l e s r e s u l t s i n the following primary reactions: 

SPRAY DRYE  Mg

MgO + S 0 2 - * MgS03 

MgO + S03~*> MgS04 

( 1 ) 

(2) 

MgO + 2HC1 —*· MgCl 2 + H 20 (3) 
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In addition the following secondary reaction i s expected to 
occur: 

The amount of water i n the makeup MgO s l u r r y that i s 
pumped to the spray dryer i s controlled such that the f l u e gas 
leaves the spray dryer unsaturated. Since no l i q u i d water 
remains i n the f l u e gas, mist eliminators are not required and 
the magnesium s a l t s leave the spray dryer as dry p a r t i c l e s 
entrained i n the f l u e gas. 

The f l u e gas leaves the spray dryer at about 150°F and 
i s p a r t i a l l y reheated i n a c y c l i c hot-water reheater before 
entering the baghouse
s o l i d s cooler i n the c a l c i n a t i o
tubes i n the ductwork between the spray dryer and the baghouse, 
heating the f l u e gas. The f l u e gas i s reheated approximately 
20 F*5 to prevent condensation i n cold spots i n the baghouse. 

The baghouse i s designed to receive f l u e gas from a l l 
t r a i n s of the spray dryers and to remove the p a r t i c u l a t e matter 
such that the 1979 NSPS fo r p a r t i c u l a t e matter (0.03 lb/MBtu) 
i s achieved. The clean f l u e gas from the baghouse passes 
t h r o u g h an ID f a n and e x i t s t h r o u g h the s t a c k . 

The bags i n the baghouse are p e r i o d i c a l l y cleaned by 
reverse a i r and the mixed magnesium s a l t s and f l y ash f a l l i n t o 
hoppers at the bottom of the baghouse. These co l l e c t e d s o l i d s 
are pneumatically conveyed to intermediate storage s i l o s . From 
these s i l o s the s o l i d s are pneumatically conveyed to a c o a l -
f i r e d , fluidized-bed c a l c i n e r . S t a t i o n coal i s removed from 
the plant s t o c k p i l e , ground i n a grinding m i l l , and blown i n t o 
the fluidized-bed c a l c i n e r . The coal burns i n the f l u i d i z e d 
bed of MgO p e l l e t s to produce heat to maintain the reaction 
temperatures. Inside the c a l c i n e r at a temperature of 1600°F 
the magnesium s a l t s are reconverted to MgO and SO2 by the 
fo l l o w i n g reactions: 

MgS03 + 1/20 2-*MgS0 4 (4) 

M g S 0 3 ( s ) — MgO ( s ) 

M g S 0 4 . 7 H 2 0 ( s ) — M g S 0 4 ( s ) 

M * S 0 4 ( s ) + C ( s ) - ^ ^ ( s ) ' 
M * C 1 2 ( s ) + H 2 ° ( g ) - ^ M g ° ( s ) 

+ so. 2(g) (5) 

+ 7H„0 '2 w(g) (6) 

- + SO. 2(g) + CO (g) (7) 

+ 2 H C 1 (g) (8) 
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The f l y ash i s assumed to pass through the c a l c i n e r unreacted. 
Although MgS03 i s e a s i l y c a l c i n e d at 1600°F, MgSCty 
(formed i n eith e r the absorber or the ash purge section) 
requires higher temperatures or the presence of carbon f o r the 
decomposition reaction to occur. Since carbon i n the form of 
coal i s present i n the c a l c i n e r , the MgSOij i s assumed to be 
c a l c i n e d a s s h o w n i n r e a c t i o n 7. 

The SÛ2-ladened off-gas from the c a l c i n e r containing the 
regenerated HC1 and the entrained MgO and f l y ash passes 
overhead and into the MgO product cyclone. Approximately 80? 
of the s o l i d s are removed from the off-gas. Since the p a r t i c l e 
s i z e s of the MgO and f l y ash are conservatively assumed to be 
very s i m i l a r , 80$ of each are removed. These hot (1600°F) 
s o l i d s pass through a product s o l i d s cooler where they are 
cooled to about 400°F
the recycle MgO/ash storag
medium i n the product s o l i d s cooler i s high-pressure water. 
This hot water passes through the c y c l i c reheater i n the f l u e 
gas duct between the spray dryer and the baghouse. 

The SÛ2-ladened off-gas leaves the MgO product cyclone 
at 1600°F and preheats the incoming a i r to the c a l c i n e r i n a 
f l u i d i z i n g a i r heater. The off-gas from the a i r heater at 
880°F i s further cooled to 440°F i n a spray quench tower 
and then enters a pulse-jet baghouse where the remaining s o l i d s 
are removed. (A pulse-jet baghouse i s used because of the 
small gas stream to be cleaned.) The clean off-gas passes 
through a f i n a l cleanup section where the 440°F off-gas i s 
cooled by r e c i r c u l a t i n g water sprays to condense some of the 
water vapor and also to scrub the HC1 from the off-gas. This 
HCl-contaminated water passes to a st r i p p e r where compressed 
a i r , passing through the water, removes any remaining SO2 
from the water before the water i s neutralized and pumped to 
the c l a y - l i n e d b o i l e r ash pond. 

The S02-ladened off-gas from the cooler and the a i r from 
the s t r i p p e r are compressed and sent to a single-contact, 
single-absorption s u l f u r i c acid plant. Ninety-six percent of 
the SO2 i s converted to 98$ s u l f u r i c a c i d . Ten percent of 
t h i s byproduct acid i s recycled and used i n the MgO FGD process 
but most i s stored onsite and eventually sold as a byproduct. 
The t a i l gas from the acid plant containing the unconverted 
S 0 2 i s recycled to the fl u e gas ducts ahead of the FGD 
system. 

The s o l i d s from the pulse-jet baghouse at 440°F are 
pneumatically conveyed to an intermediate storage s i l o . About 
two-thirds of the MgO/ash mixture i s returned to the recycle 
MgO/ash storage s i l o i n the feed preparation area while the 
remaining one-third enters the ash purge section. In t h i s sec
t i o n the MgO/ash mixture i s f i r s t r e s l u r r i e d with water and 
then mixed with 98? s u l f u r i c acid from the acid plant. The 
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s u l f u r i c acid reacts with insoluble MgO to form soluble 
MgS0i|*7H20, i . e . , 

M«?s) + H 2 S % a q ) + 6 H 2 ° * ^ V ^ a q ) ( 9 ) 

which can then be separated from the ash by f i l t r a t i o n . The 
rotary drum f i l t e r separates the ash from the MgSOij^i^O 
solution. The f i l t e r cake i s washed twice to recover as much 
of the dissolved MgSOij^ï^O as p r a c t i c a l before the cake 
i s trucked to the o n s i t e ash l a n d f i l l f o r d i s p o s a l . 

The f i l t r a t e and the wash water c o n t a i n i n g the 
MgS0ij*7H20 are pumped to the slurry feed tank i n the feed 
preparation area. Vibrating screw feeders transfer makeup MgO 
and recycle MgO/ash from 8-hour capacity, in-process feed bins 
to the prèslake mixer where fresh water i s added to wet the MgO 
thus allowing better mixin
time i n the mixer i
s o l i d i f i c a t i o n of the concentrated mix. Makeup water as 
necessary i s added and slaking i s completed i n the slurry feed 
tank. The resulting slurry i s pumped to the spray dryer as 
required. 

TECHNICAL UNCERTAINTIES 

This conceptual design and economic evaluation i s based on 
theoretical considerations only and many of the assumptions 
used i n this design need to be v e r i f i e d i n an actual p i l o t -
plant operation. These various design assumptions include: 
(1) MgO/ash separation, (2) HC1 removal and purge, and (3) 
spray dryer design. 

MgO/Ash Separation 

The i n i t i a l and perhaps most c r i t i c a l design assumption i s 
that both the MgO and the f l y ash, which are carried out of the 
calciner and into the MgO product cyclone, have the same 
p a r t i c l e size d i s t r i b u t i o n and density. This design ( i . e . , no 
p o s s i b i l i t y of physical separation of MgO and f l y ash) i s a 
conservative design assumption and adds complexity to the FGD 
process. I t r e s u l t s i n the need to r e c i r c u l a t e l a r g e 
quantities of the MgO/fly ash mixture through the spray dryer 
and the calciner. In order to keep the MgO/ash recycle streams 
to a reasonable size, the mechanical collectors i n the main 
flue gas ducts upstream from the SO2 absorber, which were 
used i n the i n i t i a l design because they are r e l a t i v e l y 
inexpensive but yet remove only 80% of the f l y ash, had to be 
replaced with the 95% e f f i c i e n t ESP mentioned e a r l i e r . 
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The FGD waste p a r t i c l e s entering the c a l c i n e r would tend 
to be larger than the f l y ash p a r t i c l e s because the lar g e r f l y 
ash p a r t i c l e s are removed i n the 95% e f f i c i e n t ESP leaving only 
the smaller (MO micron) p a r t i c l e s . The FGD waste p a r t i c l e s , 
although i n i t i a l l y small, tend to coalesce i n the spray dryer 
as the atomized s l u r r y d r i e s . Based on information from the 
lime-based spray dryer FGD systems, i t i s estimated that the 
FGD waste p a r t i c l e s w i l l be on the order of 50 microns. I f 
t h i s p a r t i c l e s i z e difference between the ash and the MgO 
p a r t i c l e s i s s t i l l present i n the p a r t i c l e s leaving the 
ca l c i n e r , the MgO p a r t i c l e s being the larger of the two would 
tend to be removed i n the MgO product cyclone. The s o l i d s 
passing through the cyclone (and out with off-gas) would thus 
be enriched i n the ash p a r t i c l e s . This enrichment would permit 
s m a l l e r r e c y c l e s t r e a m s t o be u s e d

I f the MgO and as
difference i n d e n s i t y / p a r t i c l ,  purg
could be redesigned to include a separation device such as a 
thickener that could be used to s p l i t the s o l i d s i n t o an 
enriched f l y ash stream and one enriched i n MgO. Since the 
recycle MgO must be r e s l u r r i e d before entering the spray dryer, 
wetting t h i s stream would not present any s i g n i f i c a n t problems 
to the process. The f l y ash-enriched stream could then be sent 
to a smaller ash purge section. 

Both of these a l t e r n a t i v e separation techniques could be 
evaluated i n a spray dryer MgO p i l o t plant. I f ei t h e r or both 
of these tests y i e l d s a t i s f a c t o r y solutions to the MgO/ash 
s e p a r a t i o n problem, i t might be p o s s i b l e to reduce the 
investment and revenue requirements s i g n i f i c a n t l y by 
elim i n a t i n g the 95% e f f i c i e n t ESP and replacing i t with a 
mechanical c o l l e c t o r . Therefore i t may also be necessary to 
perform some test work i n a p i l o t plant to determine the 
r e l a t i v e densities and p a r t i c l e sizes of the MgO and the ash i n 
the c a l c i n e r off-gas. 

HC1 Removal and Purge 

The spray dryer MgO FGD system i s based on the design 
assumption that HC1 i n the fl u e gas reacts with MgO i n the 
spray dryer to form MgCl2. T h e MS C 12> along with the f l y 
ash and magnesium-sulfur s a l t s , would then be co l l e c t e d i n the 
baghouse and conveyed to the c a l c i n e r . Based on a previous 
t h e o r e t i c a l study (3) i t i s further assumed that i n the 
ox i d i z i n g atmosphere of the c a l c i n e r , the MgCl2 i s converted 
back to MgO and HC1. The MgO i s recycled and the HC1 remains 
i n the S02-ladened off-gas u n t i l i t reaches the gas cooler 
where i t i s removed by the r e c i r c u l a t i n g water sprays. The 
re s u l t i n g chloride purge water i s neutralized with a g r i c u l t u r a l 
limestone and pumped to the b o i l e r ash pond f o r dispos a l . 
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I f the HC1 i s not regenerated i n the calciner as i s 
currently expected, one of two design changes must be made and 
both involve purging a MgCl2 solution from the FGD system. 
The f i r s t alternative i s to remove a purge stream from the 
mixing tank i n the ash purge section after the MgO/fly ash 
mixture has been reslurried (but just before the s u l f u r i c acid 
i s added). At this point i n the process MgCl2 would be the 
only soluble magnesium compound present, ultimate disposal of 
this MgCl2 solution, other than i n the boiler ash pond, i s 
un c e r t a i n and would r e q u i r e f u r t h e r study. The second 
alternative i s to i n s t a l l a guard box i n the flue gas ducts 
between the ESP's and the spray dryers. The guard box would 
contain a s o l i d absorbent which would preferentially remove HC1 
from the flue gas. When f u l l y saturated the absorbent would be 
removed and replaced with  fresh charge  Although thi  would 
e f f e c t i v e l y remove HC
system would s t i l l b  require  (althoug ) 
since HC1 would s t i l l enter the FGD system from the station 
c o a l used as f u e l f o r the f l u i d i z e d - b e d c a l c i n e r . 

Thus i t would probably be necessary to determine i f the 
absorbed HC1 i s i n fact regenerated i n the calciner. I f i t i s 
not, a sig n i f i c a n t change w i l l have to be made i n the process 
design presented here. 

Spray Dryer Design 

The design for the MgO spray dryer-absorber i s based on 
the data currently available from the lime-based spray dryer 
systems since data on an MgO-based spray dryer-absorber are 
currently not available. This assumption i s considered to be 
reasonable since both lime and MgO produce an absorbent slurry 
and both are Group II element oxides, but primarily because no 
other data are available. 

The MgO system i s based on a conservatively designed lime 
system ( i . e . , a MgO stoichiometry of 1.8 moles MgO/mole SO2 
absorbed, a 20 F° approach to the f l u e gas s a t u r a t i o n 
temperature i n the spray dryer, etc . ) . A l l of the spray dryer 
design considerations w i l l therefore have to be evaluated i n a 
spray dryer MgO p i l o t plant. 

PRELIMINARY CONCEPTUAL DESIGN ECONOMICS 

This section presents comparative economic results for 
three processes, v i z . , conventional limestone, spray dryer 
MgO, and conventional MgO. The results of any conceptual 
design and economic evaluation depend on the premises chosen 
i n i t i a l l y . The major design and economic premises used for 
this study are shown i n Table I. 
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TABLE I. MAJOR DESIGN AND ECONOMIC PREMISES 

391 

Item Premise 

Power plant 
Fuel 

Heat rate 
Operating schedule 

P a r t i c u l a t e removal 
e f f i c i e n c y 

SO^ removal e f f i c i e n c y 
SO^ absorber redundanc
Base year 

C a p i t a l investment 
Revenue requirements 

500-MW, new c o a l - f i r e d b o i l e r 
11,700 Btu/lb, 15.1$ ash, 4$ 
moisture 
3.5$ s u l f u r (dry basis) 

9,500 Btu/kWh 
165,000 hr, 30-year l i f e ; 
5,500-hr f i r s t - y e a r operation 

Revised 1979 NSPS 
Revised 1979 NSPS 

Mid-1982 
Mid-1984 

Design Premises 

The economic evaluation i s based on a fl u e gas cleaning 
(FGD and f l y ash) system to meet the revised 1979 NSPS for both 
p a r t i c u l a t e matter and S0 2 f o r a new, 500-MW c o a l - f i r e d 
b o i l e r . The b o i l e r burns a 3·5$ s u l f u r eastern bituminous coal 
containing 15.1$ ash and having a heating value of 11,700 
Btu/lb. The b o i l e r has a heat rate of 9,500 Btu/kWh. The FGD 
system i s designed with one spare scrubber t r a i n , 50$ emergency 
f l u e gas bypass around the FGD system, and an onsite l a n d f i l l 
located one mile from the b o i l e r . The operating schedule 
s p e c i f i e s a 165,000-hour, 30-year l i f e f o r the b o i l e r and 5,500 
hours of f i r s t - y e a r operation. 

Economic Premises 

The economic evaluation consists of a study-grade (-20$, 
+40$) determination of c a p i t a l investment, f i r s t - y e a r annual 
revenue requirements, and l e v e l i z e d annual revenue 
requirements. The c a p i t a l investments are based on major 
equipment costs (developed from the flow diagram and the 
m a t e r i a l balance) and f a c t o r e d c o s t s f o r i n s t a l l a t i o n , 
a n c i l l a r y equipment, and i n d i r e c t investments. The c a p i t a l 
i n v e s t m e n t s a r e b a s e d on mi d - 1 9 8 2 c o s t s . 

F i r s t - y e a r annual revenue requirements consist of raw 
material, operating, and overhead costs and l e v e l i z e d c a p i t a l 
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charges. The levelized annual revenue requirements consist of 
levelized raw material, operating, and overhead costs as well 
as levelized c a p i t a l charges. The levelized raw material, 
conversion, and overhead costs are calculated by using a 
l e v e l i z i n g factor of 1 . 8 8 6 . This factor i s explained i n more 
d e t a i l elsewhere (_4) and i s based on a 10?/yr discount rate, a 
6%/yr i n f l a t i o n rate, and a 30-year l i f e of the power unit. 
Revenue requirements (both f i r s t year and levelized) are based 
on mid-1984 costs. 

Economic Evaluation 

Since the MgO spray dryer FGD process c o l l e c t s 
particulate matter as an inherent part of the FGD system, 
i t can be evaluate - S 0 2 
removal system or, wit
an FGD-only process. In this study the spray dryer MgO 
process evaluation i s based on the combined particulate-
S O 2 removal system. The primary reasons are that the 
combined system i s e a s i e r to e x p l a i n and that s i m i l a r 
e v a l u a t i o n s f o r the l i m e s t o n e s c r u b b i n g / E S P and 
conventional MgO/ESP systems are available from previous 
s t u d i e s (2_, 5). The conventional MgO/ESP process cost 
information from the previous study was updated using area 
scale factors, r e l a t i v e product and gas rates, etc., to 
put the r e s u l t s on a c o n s i s t a n t basis with the current 
e v a l u a t i o n o f t h e s p r a y d r y e r MgO p r o c e s s . 

A l l t h r e e p r o c e s s e s are d e s i g n e d as proven 
technology, though i t i s recognized that there are major 
d i f f e r e n c e s i n status of development among these. The 
spray dryer MgO process i s a new design, as yet unproven 
even on a small pilot-plant scale. The conventional MgO 
process i s based on 100-MW t e s t i n g at P h i l a d e l p h i a 
E l e c t r i c 1 s Eddystone s t a t i o n . The limestone scrubbing 
process i s w e l l - d e f i n e d and g e n e r a l l y considered proven 
technology with widespread adoption i n the e l e c t r i c 
u t i l i t y i n d u s t r y . In order to account f o r design 
uncertainty, both MgO processes have a contingency factor 
of 20 percent as part of the capit a l investment, while the 
limestone process has a contingency f a c t o r of only 10 
percent. This contingency factor difference accounts for 
approximately h a l f of the t o t a l c a p i t a l investment 
difference. 
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Cap i t a l Investment 

Results 

The c a p i t a l investment for the spray dryer MgO FGD process 
i s $139.5M ($279/kW) i n mid-1982 d o l l a r s while that f or a 
comparable limestone scrubbing/ESP process i s $122.OM ($244/kW) 
i n mid-1982 d o l l a r s . The c a p i t a l investment f o r the 
conventional MgO FGD process (in c l u d i n g p a r t i c u l a t e control) i s 
$149.7M ($299/kW) i n mid-1982 d o l l a r s . These costs are 
summarized i n Table I I . For f u l l d e t a i l s see Tables A-I, A-II, 
and A-III i n the Appendix. 

TABLE I I . CAPITAL INVESTMENT SUMMARY 

k$ $/kW 

Conventional limestone process 121,953 243.91 
Spray dryer MgO process 139,497 278.99 
Conventional MgO process 149,683 299.37 

Comparison 

The c a p i t a l investment for the spray dryer MgO process i s 
approximately 14? higher than that for the comparable limestone 
scrubbing process. This i s not an unexpected r e s u l t since the 
MgO process i s a regenerable system while the limestone 
s c r u b b i n g p r o c e s s i s a t h r o w a w a y s y s t e m . 

Of the components which make up the c a p i t a l investment, 
the d i r e c t area investment for raw material handling, feed 
p r e p a r a t i o n , gas h a n d l i n g , SO2 a b s o r p t i o n , and waste 
disposal a l l are more expensive for the limestone scrubbing 
process. Because the limestone s c r u b b i n g process i s a 
throwaway system, i t i s not unexpected that the raw material 
handling, feed preparation, and waste disposal areas are more 
expensive. The gas handling and S 0 2 absorption areas are 
more expensive due to the wet scrubbing design basis f or the 
limestone process. More expensive materials of construction 
and more equipment are needed i n the wet limestone scrubbing 
process. 

The spray dryer MgO process contains a regeneration 
section which includes the areas of c a l c i n a t i o n , off-gas 
cleanup, s u l f u r i c acid plant, and acid storage and shipping. 
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There are no comparable areas i n the limestone scrubbing 
process. The $22 m i l l i o n investment for these areas i n the MgO 
process off s e t s the lower investment f o r the other processing 
areas. 

Likewise, the c a p i t a l investment f o r the spray dryer MgO 
process i s approximately 7 percent lower than that f o r the 
conventional MgO scrubbing process ($279/kW vs. $299/kW). The 
conventional MgO scrubbing process has more equipment, and 
hence larger investment costs, p a r t i c u l a r l y i n the areas of 
chloride purge, s l u r r y drying, and s l u r r y processing equipment 
which are not needed i n the spray dryer-based system. 

Both the spray dryer MgO process and the conventional MgO 
process contain a regeneration section which includes the areas 
of c a l c i n a t i o n , s u l f u r i c acid plant, and acid storage and 
shipping. The regeneratio  sectio  i  th  conventional O 
process also contain
cleaning area. This off-ga g y
the conventional process because chlorides are removed upstream 
and very l i t t l e f l y ash enters the system because of the high-
e f f i c i e n c y ESP and the r e l a t i v e l y clean nature of No. 2 f u e l 
o i l . The chlorides are removed i n the off-gas treatment area 
i n the spray dryer MgO process u t i l i z i n g smaller equipment at a 
lower cost. The conventional MgO process contains a chloride 
purge area upstream of the FGD system, which treats the e n t i r e 
f l u e gas stream r e s u l t i n g i n a l a r g e r investment c o s t . 

The net e f f e c t of these d i f f e r i n g area investments f o r the 
two processes i s that the t o t a l d i r e c t investment for the spray 
dryer MgO process i s about 6% lower ($72.0M vs. $76.2M) than 
that for the conventional MgO process. This cost advantage f o r 
the spray dryer MgO process i s further increased as a r e s u l t of 
the premise-derived i n d i r e c t investments (construction expense, 
contingency, etc.,) and other c a p i t a l investments (allowance 
f o r startup and modification and i n t e r e s t during construction) 
even though the cost factors ( i . e . , percentages) f o r both 
processes are i d e n t i c a l . 

The higher d i r e c t investment for the conventional MgO 
process r e s u l t s i n the higher i n d i r e c t investments and other 
c a p i t a l investments and hence the t o t a l c a p i t a l investment when 
these factors are applied. 

The c a l c i n e r area, although considered proven technology 
i n other i n d u s t r i a l a p p l i c a t i o n s , i s as yet incompletely tested 
i n an FGD f a c i l i t y . F u r t h e r compounding the q u e s t i o n s 
concerning the c a l c i n e r i s the fact that i n the spray dryer MgO 
process i t i s a c o a l - f i r e d , f l u i d i z e d - b e d u n i t whose 
f e a s i b i l i t y and r e l i a b i l i t y need to be demonstrated. In 
addition the conversion of MgSOg to MgO and the reusable 
nature of the regenerated MgO i n a f u l l - s c a l e u t i l i t y 
a p p l i c a t i o n are unknown. A form of c y c l i c reheat i s also 
employed here u t i l i z i n g the waste heat generated i n the MgO 
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product cooler to provide two-thirds of the reheat required by 
the f l u e gas (the remainder i s provided by steam). The other 
areas i n the spray dryer MgO process are a l l r e l a t i v e l y proven 
technology and can be adapted to the a p p l i c a t i o n envisioned 
here. 

Annual Revenue Requirements 

Results 

The f i r s t - y e a r annual revenue requirements for the spray 
dryer MgO FGD process are $28.8M (10.47 mills/kWh) i n mid-1984 
d o l l a r s . The l e v e l i z e d annual revenue requirements f or the 
spray dryer MgO process are $36.1M (13.13 mills/kWh). The 
f i r s t - y e a r annual revenu
limestone scrubbing proces
1984 d o l l a r s . The l e v e l i z e d annual revenue requirements f or 
the limestone scrubbing process are $45.2M (16.43 mills/kWh). 
The f i r s t - y e a r annual revenue requirements for the conventional 
MgO FGD process (inc l u d i n g p a r t i c u l a t e control) are $40.4M 
(14.69 mills/kWh) i n mid-1984 d o l l a r s . Levelized annual 
revenue requirements are $56.7M (20.61 mills/kWh). These costs 
are summarized i n Table I I I . The complete d e t a i l s are 
presented i n Tables A-IV, A-V, and A-VI i n the Appendix. 

TABLE I I I . ANNUAL REVENUE REQUIRMENTS SUMMARY 

Fi r s t - y e a r 
annual revenue 
requirements 
k$ mills/kWh 

Levelized 
annual revenue 
requirements 
k$ mills/kWh 

Conventional limestone 32,400 11.78* 45,190 16.43* 
process 

Spray dryer MgO process 28,800 10.47** 36,113 13.13** 
Conventional MgO process 40,400 14.69** 56,683 20.61** 

*0nsite s o l i d s disposal 
**Byproduct ^SO^ c r e d i t $65.00/ton 

Comparison 

The f i r s t - y e a r annual revenue requirements f or the spray 
dryer MgO process are about 11% lower than those f or the 
comparable limestone scrubbing process. T h i s economic 
advantage for the spray dryer MgO process increases to nearly 
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20% when the l e v e l i z e d annual revenue requirements are 
compared. The primary reason for t h i s increased advantage i n 
the l e v e l i z e d annual revenue requirements for the spray dryer 
MgO process i s the low f i r s t - y e a r operating and maintenance 
cost. This low f i r s t - y e a r operating and maintenance cost i s 
due to the regenerable nature of the process. I t has a low raw 
m a t e r i a l s cost and a high byproduct s a l e s c r e d i t . 

The f i r s t - y e a r and the l e v e l i z e d annual revenue 
requirements are lower for the spray dryer MgO process because 
of s i g n i f i c a n t differences i n the byproduct c r e d i t , energy, and 
raw material costs. These annual cost savings more than o f f s e t 
the higher c a p i t a l charges f o r the spray dryer MgO process. 

The byproduct c r e d i t for s u l f u r i c acid i s the major reason 
f o r the lower spray dryer MgO annual revenue requirements. The 
c r e d i t of $6.0M lower  th  f i r s t - y e a l
requirements by 40$. Th
scrubbing process i s assumed to be a waste materia  to be 
l a n d f i l l e d and thus the limestone scrubbing process does not 
r e c e i v e a c o m p a r a b l e b y p r o d u c t c r e d i t . 

Energy costs are also lower for the spray dryer MgO 
process. The higher e x i t temperature of the f l u e gas from the 
spray dryer coupled with the c y c l i c reheat r e s u l t s i n a 
s u b s t a n t i a l l y lower steam requirement. The e l e c t r i c a l 
consumption i s 25% lower because of the smaller pumps needed 
fo r the S0 2 absorption area. The d i e s e l f u e l cost i s lower 
because of the smaller volume of material disposed of i n the 
l a n d f i l l . Raw m a t e r i a l c o s t s are lower because of the 
regenerable nature of the spray dryer MgO process. 

There are only two revenue costs which favor the limestone 
scrubbing process, although they are not large enough to o f f s e t 
the cost advantages enjoyed by the spray dryer MgO process i n 
other areas. These advantages are the labor cost and the 
l e v e l i z e d c a p i t a l charges and of these two, only the l e v e l i z e d 
c a p i t a l charge d i f f e r e n c e i s of any s i g n i f i c a n c e . The 
limestone scrubbing process has a $2.7M savings i n l e v e l i z e d 
c a p i t a l charges but t h i s i s o f f s e t by the $6.1M advantage i n 
f i r s t - y e a r operating and maintenance costs for the spray dryer 
MgO process. 

In the comparison of the annual revenue requirements f o r 
the spray dryer MgO process with those f o r the conventional MgO 
process, i t i s apparent that both the f i r s t year and the 
l e v e l i z e d annual revenue requirements are 40? lower for the 
spray dryer MgO process ($28.8M vs. $40.4M for f i r s t year). 
The most s i g n i f i c a n t difference between the processes i s the 
energy cost, i n p a r t i c u l a r , the f u e l o i l charges. The spray 
dryer MgO process uses expensive f u e l o i l only to operate the 
waste disposal equipment while the conventional MgO process 
uses f u e l o i l , not only f o r the waste disposal equipment (which 
i s a r e l a t i v e l y minor amount) but also to f i r e the c a l c i n e r and 
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thus also to provide heat for the rotary dryers. The s l u r r y 
drying and c a l c i n i n g areas i n the conventional MgO process 
require f u e l o i l at a cost of nearly $8.6M. In contrast the 
spray dryer MgO process uses s t a t i o n coal at a cost of $0.7M to 
f i r e the c a l c i n e r . There i s also a difference of $1M i n reheat 
energy costs between the processes i n favor of the spray dryer 
process because of the higher scrubber o u t l e t f l u e gas 
t e m p e r a t u r e a n d t h e c y c l i c r e h e a t u s e d . 

E l e c t r i c a l consumption, the other primary energy 
requirement, i s about 10$ higher i n the spray dryer process but 
the r e s u l t i n g cost d i f f e r e n c e of $0.25M i s r e l a t i v e l y 
i n s i g n i f i c a n t compared w i t h the other energy c o s t s . 

The other major annual cost difference i s the l e v e l i z e d 
c a p i t a l charges. These l e v e l i z e d c a p i t a l charges are 
calculated as 14.7$ o
spray dryer MgO proces
l e v e l i z e d c a p i t a l charge i s approximately $1.4M less than that 
f o r the conventional MgO process. The basis for t h i s l e v e l i z e d 
c a p i t a l c h a r g e i s e x p l a i n e d e l s e w h e r e ( 6 ) . 

The byproduct c r e d i t i s not s i g n i f i c a n t l y d i f f e r e n t 
between the MgO processes because the quantity of s u l f u r i c acid 
produced i s nearly the same for both processes. A l l other 
annual costs are approximately the same and do not have a 
s i g n i f i c a n t e f f e c t on the r e s u l t s . 

S e n s i t i v i t y Analysis 

Since the annual revenue requirements for the spray dryer 
and conventional MgO processes appear to be se n s i t i v e to the 
byproduct c r e d i t for s u l f u r i c a c id, and since s u l f u r i c acid 
prices have r i s e n dramatically i n the l a s t few years, the 
s e n s i t i v i t y of the f i r s t - y e a r annual revenue requirements to 
the price of byproduct s u l f u r i c acid was projected. The 
re s u l t s are shown i n Figure 3. 

As i s apparent from t h i s figure the f i r s t - y e a r annual 
revenue requirements can vary somewhat, depending on the price 
received from the byproduct s u l f u r i c a c i d . The base-case 
c r e d i t of $65/ton of 100$ H2SO4 r e s u l t s i n a f i r s t - y e a r 
annual revenue requirement of 10.47 mills/kWh f o r the spray 
dryer MgO process and 14.69 mills/kWh f o r the conventional MgO 
process. At a byproduct c r e d i t of $35/ton which i s 
approximately equivalent to the price of s u l f u r i c acid i n the 
past (or which could be the 1984 p r i c e n e t t e d a f t e r 
transportation costs are subtracted f o r a u t i l i t y s ituated f a r 
from the ultimate consumer), the f i r s t - y e a r annual revenue 
requirements for the spray dryer MgO process r i s e nearly 10 
percent to 11.53 mills/kWh. This cost, although s l i g h t l y lower 
than that for the limestone scrubbing process, i s e s s e n t i a l l y 
equivalent given the accuracy associated with t h i s study. For 
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the o p t i m i s t i c $100/ton byproduct c r e d i t case, the f i r s t - y e a r 
annual revenue requirements decrease 13 percent to 9.33 
mills/kWh or about 21 percent less than the f i r s t - y e a r annual 
revenue requirements for the base-case limestone scrubbing 
process. For the conventional MgO process the r e s u l t i n g f i r s t -
year annual revenue requirements are 13.63 mills/kWh or about 
18 percent higher than those for the limestone process. 

CONCLUSIONS AND SUMMARY 

Conclusions 

The primary conclusions of t h i s conceptual design and 
study-grade economic evaluation are l i s t e d below: 
1. The spray dryer Mg

advantage (about 10?
scrubbing process i n terms of both f i r s t - y e a r and 
le v e l i z e d annual revenue requirements. This new MgO 
process, however, has a higher c a p i t a l investment 
t h a n t h e l i m e s t o n e s c r u b b i n g p r o c e s s . 

2. The spray dryer MgO process has an economic advantage 
over the conventional MgO process i n terms of c a p i t a l 
i n v e s t m e n t ( 8 ? ) , f i r s t - y e a r a n n u a l revenue 
requirements (40?), and l e v e l i z e d annual revenue 
requirements (40?). The primary difference f o r t h i s 
large cost advantage for the spray dryer MgO process 
i s due to the lower energy consumption and the use of 
inexpensive coal to f i r e the c a l c i n e r rather than No. 
2 f u e l o i l . 

Summary 

Based on the re s u l t s of t h i s i n i t i a l study, the spray 
dryer MgO process appears to be a promising new technology. 
However the design i s based on numerous technical assumptions 
which may or may not be accurate. Therefore a small (~*1-MW 
equivalent) p i l o t plant w i l l be necessary to test t h i s new FGD 
process. TVA i s planning to pursue funding f o r a study to 
determine the cost of such a p i l o t plant which can confirm 
these assumptions and a s s i s t i n creating an economical and 
te c h n i c a l l y v i a b l e process for converting pollutant material 
i n t o a useful byproduct. 

APPENDIX 

Detailed c a p i t a l and annual revenue requirement costs f or 
the three processes studied here are presented i n the following 
Tables A-I through A-VI. 
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TABLE A-I. CONVENTIONAL LIMESTONE PROCESS 
SUMMARY OF CAPITAL INVESTMENT 

(500-MW new coa l - f i r e d power unit, 3.5% sulfur in coal; 
89.6% S0 2 removal; onsite solids disposal) 

Direct Investment Investment, K$ 

Material handling 2,518 
Feed preparation 4,618 
Particulate removal 9,998 
Gas handling 13,653 
S0 2 absorption 20,342 
Stack gas reheat 3,32
Solids separation 3i35

Total process cap i t a l 59,087 

Services, U t i l i t i e s , and Miscellaneous 3«545 

Total direct investment excluding l a n d f i l l 62,632 

Solids disposal equipment 1,007 
L a n d f i l l construction 3.441 

Total direct investment 67,080 

Indirect Investment 

Engineering design and supervision 4,384 
Architect and engineering contractor 1»253 
Construction expense 10,021 
Contractor fees 3,132 
Contingency 8,142 
L a n d f i l l indirects 1«348 

Total fixed investment 95,360 
Other Capital Investment 

Allowance for startup and modifications 7,165 
Interest during construction 14,719 
Royalties 
Land 1.070 
Working c a p i t a l 3.639 

Total capital investment 121,953 

Dollars of t o t a l capital per kW of generation capacity 243.91 

Basis: TVA design and economic premises. 
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TABLE A-II. SPRAY DRYER MgO PROCESS 

SUMMARY OF CAPITAL INVESTMENT 

(500-MW new coa l - f i r e d power unit, 3.5% sulfur in coal; 
89.6% SO2 removal; onsite solids disposal) 

Direct Investment 

Material handling 
Feed preparation 
Gas handling 
Fly ash removal 
SO^ absorption 
Calcination 
Offgas cleanup 
Acid plant 
Acid storage and shipping 
Ash purge 

1,124 
755 

10,992 
8,555 
19,894 
6,906 
1,145 

11,985 
1,879 

m 

Total process c a p i t a l 64,201 

Services, U t i l i t i e s , and Miscellaneous 3.852 
Total direct investment excluding waste disposal 68,053 

Solids disposal equipment 
L a n d f i l l construction 
Pond construction 

467 
1,595 
1.452 

Total direct investment 71,567 

Continued on next page. 
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TABLE A-II. (continued). SPRAY DRYER MgO PROCESS 
SUMMARY OF CAPITAL INVESTMENT 

Indirect Investment 

Engineering design and supervision 4,636 
Architect and engineering contractor 1,234 
Construction expense 10,635 
Contractor fees 2,767 
Contingency 15,928 

Waste Disposal Indirect Investment SL25. 

Total fixed investment 107,766 

Other Capital Investment 

Allowance for startup and modifications 10,325 
Interest during construction 16,739 
Royalties 
Land 737 
Working ca p i t a l —3t93Q 

Total capital investment 139,497 

Dollars of t o t a l capital per kW of generation capacity 278.99 

Basis: TVA design and economic premises. 
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TABLE A-III. CONVENTIONAL MgO PROCESS 

SUMMARY OF CAPITAL INVESTMENT 

(500-MW new coa l - f i r e d power unit, 3.5% sulfur in coal; 
89.6% SO2 removal; onsite solids disposal) 

Investment  k$ 

Direct Investment 

Material handling 
Feed preparation 
Gas handling 
Fly ash removal 
SO2 absorption 
Stack gas reheat 
Chloride purge 
Slurry processing 
Drying 
Calcination 
Acid plant 
Acid storage and shipping 

1,278 
405 

10,983 
9,998 
8,664 
3,877 
8,206 
1,578 
7,525 
3,167 
10,051 

1.35? 

Total process cap i t a l 67,090 

Services, U t i l i t i e s , and Miscellaneous 4.025 
Total direct investment excluding waste disposal 71,115 

Solids disposal equipment 
L a n d f i l l construction 
Pond construction 

461 
1,575 
3.02? 

Total direct investment 76,179 

Continued on next page. 
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TABLE A-III. (continued). CONVENTIONAL MgO PROCESS 
SUMMARY OF CAPITAL INVESTMENT 

Indirect Investment 

Engineering design and supervisio  4,87
Architect and engineering contractor 1,316 
Construction expense 11,166 
Contractor fees 3,023 
Contingency 16,785 

Waste Disposal Indirects 1i426 

Total fixed investment 114,766 

Other Capital Investment 

Allowance for startup and modifications 10,828 
Interest during construction 17,832 
Royalties 
Land 953 
Working c a p i t a l 5*304 

Total capital investment 149,683 

Dollars of t o t a l capital per kW of generation capacity 299.37 

Basis: TVA design and economic premises. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



BURNETT AND WELLS Magnesium Oxide Desulfurization 

CU 

CO ο ο 

C co 
I tD Ο 

υ 

00 CO 
m oo 

Ο vO 00 
CO Ο CN CM 
co s t -<1-

si- m 

5 S 

μ μ 
Χ Χ 

I I 
Χ Χ 

I I Ρ ι-· Χ5 
PS C 4J Η (d ? ο cd co cq co 60 ^ 

• · • · · · 00 m ι—π CO 1—1 Ο Ο 
1—1 CM 

I 

CO « 

3 
ο 
ο 
νΟ 

Μ 
CN 
CO 

U μ 
Χ Χ 
I I 
c α 
cO cO 
Β Β 

Ο νΟ 
ν£> 
oo m 
• m 

CO CN 
<î" CO 

3 rH 
4-1 H Ci 
CQ CO 60 
S ω " ο ο ο ο ο ο ο ο 
Ο ν Ο Ν Ο 
Λ m m m 

CO < t 00 CO 
Q m 00 ι—I 
<Γ CN ι—I vD 

* 

μ X ι α 
CO 
Β 
© 
ON 

> μ eu 
co 

g 
•Η CO 

CO ο 
4-1 

I CO CO 
CO cO Ο ι—Ι 

CO ι—Ι U Ο 
4-1 CO CD 00 
CO •H G ι—Ι α Pi ο Ο CO ο •Η 

CD 4-1 4-> ·ι-4 4-» 
4-1 CO Ο CO CO 

4J CO CD Η U U 
υ Β Β CD CD 
CD 

Β 
•Η > PU 

U > •J Ο 
•H CO Ο 

P4 υ 

ι—1 μ 

sa
 

CN μ te
 

ο • CD cO 
PU Ο 4-J B 
CQ 525 CO 4-1 

B 
•H > •H CD 

i-l U Ο Pi 
CO •i-l CO •H G CO 

CO CD Ο CO μ cO CO -ο •H Β CD 4-J Pi μ •H 
4-1 CO i-l Ο Ο CD ο CO 

1-H •i-l CD CD Ο CD 4-1 
Ο i-l 4J U ι—1 Pi co i-l 
CO 

Ut
i CO Pu W 

Ma
i •J 

An
a 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



ο 

TA
BL

E 
A-

IV
. 

(c
on

ti
nu

ed
).
 

CO
NV
EN
TI
ON
AL

 L
IM
ES
TO
NE
 P

RO
CE
SS
 

AN
NU
AL
 R
EV
EN
UE
 R
EQ
UI
RE
ME
NT
S 

In
di

re
ct

 C
os

ts
 -

 F
ir

st
 Y

ea
r 

Ov
er

he
ad

s 

Pl
an

t 
an
d 

ad
mi

ni
st

ra
ti

ve
 

3.
28
9 

To
ta

l 
fi

rs
t-

ye
ar

 
op

er
at

in
g 

an
d 

ma
in

te
na

nc
e 

co
st

s 
14
,4
57
 

Le
ve

li
ze

d 
ca

pi
ta

l 
ch

ar
ge

s 
17
.9
27
 

To
ta

l 
fi

rs
t-

ye
ar
 
an

nu
al

 r
ev

en
ue

 
re

qu
ir

em
en

ts
 

32
,3

84
 

Le
ve

li
ze

d 
fi

rs
t-

ye
ar

 
op

er
at

in
g 

an
d 

ma
in

te
na

nc
e 

co
st

s 
27
,2
66
 

Le
ve

li
ze

d 
ca

pi
ta

l 
ch

ar
ge

s 
17
 .9

27
 

Le
ve

li
ze

d 
an

nu
al

 r
ev

en
ue

 
re

qu
ir

em
en

ts
 

45
,1
93
 

r w 
M$

 
Mi

ll
s/

kW
h 

Q > 

Fi
rs

t-
ye

ar
 
an

nu
al

 r
ev

en
ue

 
re

qu
ir

em
en

ts
 

32
.3
8 

11
.7
8 

g 
Le

ve
li

ze
d 

an
nu

al
 r

ev
en

ue
 
re

qu
ir

em
en

ts
 

45
.1
9 

16
.4
3 

g r hr
i 

. 
Ba

si
s:
 

TV
A 

de
si

gn
 
an

d 
ec

on
om

ic
 p

re
mi

se
s.
 

g Ν > δ 2 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



TA
BL
E 

A-
V.
 

SP
RA
Y 
DR
YE
R 
Mg
O 

PR
OC
ES
S 

AN
NU
AL
 R
EV
EN
UE
 R
EQ
UI
RE
ME
NT
S 

(5
00
-M
W 

ne
w 

co
al

-f
ir

ed
 p

ow
er

 u
ni

t,
 3

.5
% 

su
lf

ur
 i

n 
co

al
; 

89
.6

% 
SO
2 

re
mo

va
l;

 o
ns

it
e 

so
li

ds
 
di

sp
os

al
) 

Di
re

ct
 
Co

st
s 

- 
Fi

rs
t 

Ye
ar

 

An
nu

al
 

qu
an

ti
ty

 
Un

it
 

co
st

. 
$ 

To
ta

l 
an

nu
al

 
co

st
t 

k$
 

Ra
w 

ma
te

ri
al

s 
Ma

gn
es

iu
m 

ox
id

e 
Ag

ri
cu

lt
ur

al
 

li
me

st
on

e 
Va

na
di

um
 c

at
al

ys
t 

32
2 

to
ns

 
1,
67
0 

to
ns

 
2,
00
0 

li
te

rs
 

46
0.

00
/t

on
 

18
.7

5/
to

n 
3.

00
/l

it
er

 

14
8 31
 fi
. 

To
ta

l 
ra
w 

ma
te

ri
al

s 
co

st
 

18
5 

Co
nv

er
si

on
 

co
st

s 
Op

er
at

in
g 

la
bo

r 
an
d 

su
pe

rv
is

io
n 

FG
D 

59
,7
20
 m
an
-h
r 

15
.0
0/
ma
n-
hr
 

89
6 

So
li

ds
 
di

sp
os

al
 

21
,8

50
 m
an
-h
r 

21
.0
0/
ma
n-
hr
 

45
9 

Ut
il

it
ie

s 
St

ea
m 

66
,6

60
 M
B 

tu
 

3.
30
/M
Bt
u 

22
0 

Bi
tu

mi
no

us
 
co

al
 

16
,7

48
 t

on
s 

43
.3

0/
to

n 
72

5 
Pr

oc
es

s 
wa

te
r 

16
5,

00
0 

kg
al

 
0.

14
/k

ga
l 

23
 

El
ec

tr
ic

it
y 

54
,0

91
,0

00
 k
Wh
 

0.
03
7/
kW
h 

2,
00
3 

Di
es

el
 

fu
el

 
73

,8
00

 g
al

 
1.

60
/g

al
 

15
0 

Ma
in

te
na

nc
e 

La
bo

r 
an
d 

ma
te

ri
al

 
4,
86
9 

An
al

ys
is

 
9,
90
0 
ma
n-
hr
 

21
.0
0/
ma
n-
hr
 

20
8 

To
ta

l 
co

nv
er

si
on

 
co

st
s 

9,
55
3 

To
ta

l 
di

re
ct

 
co

st
s 

9,
73
8 

Co
nt

in
ue

d 
on

 n
ex

t 
pa

ge
. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



TA
BL
E 
A-
V.

 (
co

nt
in

ue
d)

. 
SP
RA
Y 
DR
YE
R 

Mg
O 

PR
OC
ES
S 

AN
NU
AL
 R
EV
EN
UE
 R
EQ
UI
RE
ME
NT
S 

In
di

re
ct
 
Co

st
s 
- 

Fi
rs

t 
Ye

ar
 

Ov
er

he
ad

s 
Pl

an
t 

an
d 

ad
mi

ni
st

ra
ti

ve
 
(6

0%
 o

f 
co

nv
er

si
on

 c
os

ts
 
le

ss
 

ut
il

it
ie

s)
 

3,
97
8 

Ma
rk

et
in

g 
(1

0%
 o
f 

by
pr

od
uc

t 
sa

le
s)
 

60
5 

By
pr

od
uc

t 
cr

ed
it
 

93
,0
10

 t
on

sa
 

65
.0

0/
to

n 
(6

.0
46

) 

To
ta

l 
fi

rs
t-

ye
ar

 
op

er
at

in
g 

an
d 
ma

in
te

na
nc

e 
co

st
s 

8,
27
5 

Le
ve

li
ze

d 
ca

pi
ta

l 
ch

ar
ge

s 
(1

4.
7%
 
of

 t
ot

al
 

ca
pi

ta
l 

in
ve

st
me

nt
) 

20
.5
06
 

To
ta

l 
fi

rs
t-

ye
ar
 
an

nu
al

 r
ev

en
ue

 
re

qu
ir

em
en

ts
 

28
,7
81
 

Le
ve

li
ze

d 
fi

rs
t-

ye
ar

 
op

er
at

in
g 

an
d 

ma
in

te
na

nc
e 

co
st

s 
(1

.8
86

 t
im

es
 f

ir
st

-y
ea

r 
O&
M)
 

15
,6
07
 

Le
ve

li
ze

d 
ca

pi
ta

l 
ch

ar
ge

s 
(1

4.
7%
 
of

 t
ot

al
 

ca
pi

ta
l 

in
ve

st
me

nt
) 

20
.5
06
 

Le
ve

li
ze

d 
an

nu
al

 r
ev

en
ue

 
re

qu
ir

em
en

ts
 

36
,1
13
 

fr
U

ls
/k

W
h 

Fi
rs

t-
ye

ar
 a

nn
ua

l 
re

ve
nu

e 
re

qu
ir

em
en

ts
 

Le
ve

li
ze

d 
an

nu
al

 r
ev

en
ue

 
re

qu
ir

em
en

ts
 

28
.7
8 

36
.1
1 

10
.4
7 

13
.1
3 

Ba
si

s:
 

TV
A 

de
si

gn
 a

nd
 e
co

no
mi

c 
pr

em
is

e 
a.
 
10

0%
 H
2S
O4
. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



TA
BL
E 
A-

VI
. 

CO
NV
EN
TI
ON
AL

 M
gO
 P

RO
CE
SS
 

AN
NU
AL
 R
EV
EN
UE
 R
EQ
UI
RE
ME
NT
S 

(5
00
-M
W 

ne
w 

co
al

-f
ir

ed
 p

ow
er

 u
ni

t,
 3

.5
% 

su
lf

ur
 i

n 
co

al
; 

89
.6

% 
SO
2 

re
mo

va
l;

 o
ns

it
e 

so
li

ds
 
di

sp
os

al
) 

Di
re

ct
 
Co

st
s 

- 
Fi

rs
t 

Ye
ar

 

Ra
w 

ma
te

ri
al

s 
Ma

gn
es

iu
m 

ox
id

e 
Ag

ri
cu

lt
ur

al
 

li
me

st
on

e 
Va

na
di

um
 c

at
al

ys
t 

An
nu

al
 

qu
an

ti
ty

 

1,
26
0 

to
ns

 
2,
60
0 

to
ns

 
1,
80
0 

li
te

rs
 

Un
it

 
co

st
. 
$ 

To
ta

l 
an

nu
al

 
co

st
* 

H$
 

46
0.

00
/t

on
 

18
.7

5/
to

n 
3.

00
/l

it
er

 

58
0 49
 5.
 

To
ta

l 
ra
w 

ma
te

ri
al

s 
co

st
 

63
4 

Co
nv

er
si

on
 
co

st
s 

Op
er

at
in

g 
la

bo
r 

an
d 

su
pe

rv
is

io
n 

FG
D 

59
,7
20
 m
an
-h
r 

15
.0
0/
ma
n-
hr
 

89
6 

So
li

ds
 
di

sp
os

al
 

21
,6
50
 m
an
-h
r 

21
.0
0/
ma
n-
hr
 

45
5 

Ut
il

it
ie

s 
St

ea
m 

35
5,
00
0 
MB

 t
u 

3.
30
/M
Bt
u 

1,
17
2 

Pr
oc

es
s 

wa
te

r 
2,
08
5,
00
0 

kg
al

 
0.

14
/k

ga
l 

29
2 

El
ec

tr
ic

it
y 

47
,7
22
,0
00
 k
Wh
 

0.
03
7/
kW
h 

1,
76
6 

Di
es

el
 

fu
el

 
92
,3
00
 g

al
 

1.
60

/g
al

 
14
8 

Fu
el

 
oi

l 
(N

o.
 2
) 

5,
37
4,
00
0 

ga
l 

1.
60

/g
al

 
8,
59
8 

Ma
in

te
na

nc
e 

La
bo

r 
an
d 

ma
te

ri
al

 
5,
13
0 

An
al

ys
is

 
9,
90
0 
ma
n-
hr
 

21
.0
0/
ma
n-
hr
 

20
8 

To
ta

l 
co

nv
er

si
on

 
co

st
s 

18
,6
65
 

To
ta

l 
di

re
ct

 
co

st
s 

19
,2
99
 

Co
nt

in
ue

d 
on

 n
ex

t 
pa

ge
 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



TA
BL

E 
A-

VI
.(

co
nt

in
ue

d)
. 

CO
NV
EN
TI
ON
AL
 M
gO
 P

RO
CE
SS
 

AN
NU
AL
 R
EV
EN
UE
 R
EQ
UI
RE
ME
NT
S 

In
di

re
ct

 
Co

st
s 
- 

Fi
rs

t 
Ye

ar
 

Ov
er

he
ad

s 
Pl

an
t 

an
d 

ad
mi

ni
st

ra
ti

ve
 
(6

0%
 o

f 
co

nv
er

si
on

 c
os

ts
 
le

ss
 

ut
il

it
ie

s)
 

Ma
rk

et
in

g 
(1

0%
 o
f 

by
pr

od
uc

t 
sa

le
s)

 

By
pr

od
uc

t 
cr

ed
it
 

92
,3
30

 t
on

sa
 

65
.0

0/
to

n 

To
ta

l 
fi

rs
t-

ye
ar

 
op

er
at

in
g 

an
d 
ma

in
te

na
nc

e 
co

st
s 

Le
ve

li
ze

d 
ca

pi
ta

l 
ch

ar
ge

s 
(1

4.
7%
 
of

 t
ot

al
 

ca
pi

ta
l 

in
ve

st
me

nt
) 

To
ta

l 
fi

rs
t-

ye
ar
 
an

nu
al

 r
ev

en
ue

 
re

qu
ir

em
en

ts
 

Le
ve

li
ze

d 
fi

rs
t-

ye
ar

 
op

er
at

in
g 

an
d 

ma
in

te
na

nc
e 

co
st

s 
(1

.8
86

 t
im

es
 f

ir
st

-y
ea

r 
O&
M)
 

Le
ve

li
ze

d 
ca

pi
ta

l 
ch

ar
ge

s 
(1

4.
7%
 
of

 t
ot

al
 

ca
pi

ta
l 

in
ve

st
me

nt
) 

Le
ve

li
ze

d 
an

nu
al

 r
ev

en
ue

 
re

qu
ir

em
en

ts
 

4,
49
0 

60
0 

($
.0

01
) 

18
,3
88
 

22
.0
03
 

40
,3
91
 

34
,6
80
 

22
.0
03

 
S Ο

 
56
,6
83
 

" 

ni
 

Mi
ll

s/
kW

h 

Fi
rs

t-
ye

ar
 
an

nu
al

 r
ev

en
ue

 
re

qu
ir

em
en

ts
 

Le
ve

li
ze

d 
an

nu
al

 r
ev

en
ue

 
re

qu
ir

em
en

ts
 

40
.3
9 

56
.6
8 

14
.6
9 

20
.6
1 

Ba
si

s:
 

TV
A 

de
si

gn
 a
nd

 e
co

no
mi

c 
pr

em
is

es
, 

a.
 
10

0%
 H
2S
O4
. 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



18. BURNETT AND WELLS Magnesium Oxide Desulfurization 411 
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effect on dissolution rate ... 88, 90/, 91 
oxidative degradation 258/ 
-physical properties 251/ 

unsaturated, sulfonation rates 247/ 
Activation, Arrhenius, energy for 

adipic acid degradation, 
determination 232, 233/ 

Activation energy of calcite disso
lution 76 

Activation energy for Fe-catalyzed 
sodium sulfite oxidation 179 

Activity of CaS04 when MgS0 4 

is added 66/ 
Activity coefficient(s) 

CaS0 4 48/ 
mean-ion 59, 65 

in FGD solution 64/ 
MgS0 4 49/ 
Na 2S0 4 52/, 53/ 
Pitzer equations 54, 55 
Radian mean-ion 

of CaS03 when MgS0 4 is 
added 69, 70/ 

of CaS03 when NaCl is added 69, 71/ 
of CaS04 when MgS0 4 is added .. 67/ 
of CaS04 when NaCl is added .... 68/ 

sensitivity to changes in Pitzer-
equation parameters 63, 64 

single-ion 59 

strong-electrolyte, in aqueous 
FGD processes 57-73 

sulfurous acid 50, 50/ 
Additive(s) 

buffer, for lime/limestone slurry 
scrubbing 243-265 

and products of denitrification 
simultaneous processes 128/ 

and products of desulfurization 
simultaneous processes 128/ 

scrubber, advantages of adipic 
acid 269-271 

Adipic acid (see Acid, adipic) 
Algorithm, Rung-Kutta-Gill 210 
Alkali, dual, limestone process 

for FGD 325-247 
w-Alkanes, Ή NMR spectrum 374, 376/ 
Aluminum chloride effect on sulfur 

dioxide absorption 253 
Amine disulfonate (ADS) 132 

hydrolysis 134, 135 
Amine trisulfonate (ATS) 132 

hydrolysis 134 
Ammonia solutions 115, 117 

saturated with S0 2, Raman spec
trum of solid from auto-redox 
products 117, 119/ 

Ammonia-sulfur dioxide solution, 
decomposition 117, 118/ 

Ammonium bisulfate formation ...133, 134 
Ammonium bisulfite solutions, 

Raman spectra 115, 117, 118/ 
Annual revenue requirements 

conventional limestone 
process .-. 405-406/ 

conventional MgO process 410-411/ 
spray dryer MgO FGD 

process 395, 407-409 
to byproduct sulfuric acid price, 

sensitivity 397-399 
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Aqueous solution properties 47-55 
Aqueous species, thermodynamic 

properties 13-20/ 
Arrhenius activation energy for adipic 

acid degradation, determina
tion .232,233/ 

Atomic absorption analysis of CaS03 177/ 
Auto-redox decomposition of sulfur .. 114 

Β 
Baghouse 351 

cleaning cycle rate 365 
temperature effect on S0 2 removal 

with Na 2 HC0 3 356, 359/ 
Barium compounds network 

approach 42, 43/ 
Barium sulfate, Raman data 115 
Base case operating conditions 104/ 
Batch reactor, concentration profil

of species as function of reac
tion time 137-144 

Bechtel-modified Radian equilibrium 
computer code 58 

Bechtel modified Radian equilibrium 
program 65, 66/ 

Debye-Hiickel model comparison 
with 64-71 

Bench-scale 
runs with manganese, iron, lime

stone, and fly ash, results 230/ 
scrubber test results 224-234 
system adipic acid degradation 

results, summary 226/, 227/ 
system, design 222 

Bicarbonate, sodium, tests ...356,358-361 
Binary ion pairs, methods to estimate 

Pitzer-equation parameters 62, 63 
Bisulfate dissociation, equation 202 
Bisulfite 

ammonium, solution, Raman 
spectra 115 

dissociation, equation 202 
and hydrogen ion for oxidation, 

rate dependence on concen
trations 162, 163/ 

ion, formation of hydroxylamine 
disulfonate by reaction of 
nitrous acid 130, 131 

ion by oxygen, kinetics of oxi
dation 153-171 

oxidation 
in buffered solution, ethanol 

concentration effect on 
rate 158, 160/, 161 

in buffered solution, manganous 
ion effect on rate 158, 159/ 

kinetics 168-170 
in nonbuffered solutions, effect 

of ethanol 161-162, 165/ 

Bisulfite (continued) 
oxidation (continued) 

photooxidation data 164 
rate law 158 
rate in nonbuffered solution, 

manganous ion 
effect 159/, 162-164 

and 0 2, rate of reaction 
between 158, 159/ 

and 0 2 single-phase experiments, 
reaction between 158-170 

potassium, solutions 117, 120 
sodium, solutions 117, 120 
solution(s) 

gas volume data for absorption of 
gaseous 0 2 155, 157/, 158 

Raman spectra of 
ammonium 117, 118/ 

of  uptake 155 
thermal decomposition 113-125 
two-phase experiments, rate of 

0 2 uptake 154, 155 
Bleed stream oxidation, limestone 

tests with 291, 292/ 
Boiler demonstration, Rickenbacker 

industrial 300 
Boiler outages 281 
Boundary layer configuration 198,200/ 
Brassfield 106/ 

composition 105/ 
Buffer(s) 

additives for lime/limestone slurry 
scrubbing 243-265 

alternatives on liquid-film 
enhancement factor, calcu
lated effect 253, 254/ 

with CaS03, coprecipitation 261 
comparison of liquid-film enhance

ment factors with 250, 251/ 
physical properties 251/ 
•pKa effect on S0 2 absorption 261 
reaction mechanism 264 
synthesis 245-249 

Buffered solution(s) 
Mn ion effect on rate in HS0 3 

oxidation 158, 159/ 
with MnS0 4 and ethanol 158-161 
rate law 158 

C 
1 3 C NMR spectrum of nahcolite 

oil 374,376/ 
Calcite 

with C 0 2 sparging in CaCl 2, 
dissolution rate 86, 87/ 

dissolution 
acetic acid effect 88, 89/ 

In Flue Gas Desulfurization; Hudson, J., et al.; 
ACS Symposium Series; American Chemical Society: Washington, DC, 1982. 



418 F L U E GAS D E S U L F U R I Z A T I O N 

Calcite (continued) 
dissolution (continued) 

activation energy 76 
adipic acid effect 88, 90/ 
curves 83, 84/ 
rate constants 86 
rate, pH effect 107, 108/ 
temperature effect 88 
theory 76-82 

molar density 81 
with N 2 sparging in CaCl 2, disso

lution rate 86, 87/ 
particle size distribution 83, 95/ 
surface, calculated solution 

composition 91, 93/, 94 
Calcium, flux from limestone surface, 

equation 80 
Calcium carbonate, chemical 

reactions 100
Calcium carbonate dissolution 106/ 

rate, pH effect 107, 108/ 
Calcium sulfate 

activity with added Mg 2S0 4 65, 66/ 
activity coefficients 48/, 69, 70/ 

effect of NaCl addition 65, 68/ 
conversion to CaS0 3 173 
forced oxidation of CaS0 3 268 
formation 329 
molal enthalpy 48/ 
Radian mean-ion activity coeffi

cients when MgS0 4 is 
added 65, 67/ 

solid disposal 192 
solubility data with added 

MgS0 4 65, 66/ 
Calcium sulfite 

activity coefficients when MgS04 

is added 69, 70/ 
blinding of limestone 289 
conversion to CaS04 173-189 
conversion to gypsum 173 
coprecipitation of buffer 261 
dependence of oxidation rate on 

succinic acid concen
tration 182, 186/ 

dissolution without chemical 
reaction 202-205 

effect of succinic acid on 
oxidation 184/, 185/ 

forced oxidation to CaS04 268 
mass transfer coefficient 210, 211/ 
model slurries, experimental 

system 195-197 
oxidation 

buffered-solution advantage 193 
clear solution, kinetics 193-194 
experiments in slurries 194-195 
Mn-catalyzed 187, 188/ 

results, oxidation 182,184-188 

Calcium sulfite (continued) 
slurries 

model of oxidation 191-220 
physical system model 197-202 
rate equation for batch oxidation 256 

solid 123 
analysis 177/ 

Calculator program for thermo
dynamic calculations 31, 32 

Capillary gas chromatography of 
nahcolite and trona oils 374, 376/ 

Capital investment 
conventional limestone process 

summary 403-404/ 
conventional MgO process 

summary 401-402/ 
limestone scrubbing process 393 

Carbon dioxide 

CaCO s 86-88 
effect on limestone dissolution 86-88 
partial pressure 76 
reaction, rate 79 

Catalyst(s) 
concentration, variable, slurry oxi

dation model 212,213/ 
influence on thermal decomposi

tion of sulfur 120, 123 
Na 2S0 3 oxidation mixed manga

nese and iron 182 
Catalyzed slurry oxidation 

experiments 210-212 
Chain reaction, rate 166 
Charges in Pitzer-equation parame

ters, sensitivity of activity 
coefficients 63, 64 

Chelates, ferrous, kinetic and thermo
dynamic data for reversible NO 
coordination 147/ 

Chelates, metal, kinetics of reac
tions of NO and sulfur dioxide 
in aqueous solutions 
containing 146, 150 

Chemical 
kinetics modeling 137-144 
reaction, model dissolution 205-210 
species important in flue gas 

desulfurization 44/ 
Chloride effect in adipic acid-

enhanced limestone scrubbing .... 271 
Chromatography 

capillary gas, of nahcolite oil ... 374, 376/ 
capillary gas, of trona oil 374, 376/ 
gas, of nahcolite and trona oils, 

compounds identified 378/ 
Coal(s) 

analyses 357/ 
-burning power plants, S0 2 

removal 153-171 
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Coal(s) (continued) 
-fired furnace 351,352/ 
-fired power plants, pollution 

control 308 
Pittsburgh seam 362, 363/ 
tested 354, 356 

Cocurrent flow 314-315 
Cocurrent grid tower, energy con

sumed for S0 2 removal 315/ 
Coefficient of Ca 2S0 3, determination 

of mass transfer 210, 211/ 
Coefficients, virial 59-61 
Combustion test facility 351-354 
Compositions 

of limestone samples 105/ 
reactor feed 104/ 
scrubber feed 102/ 

Computer code, Bechtel-modified 
Radian equilibrium 5

Computer model, S0 2 wet scrubbe
Concentration profile of species as a 

function of reaction time in 
batch reactor 137-144 

Configuration, boundary layer 198, 200/ 
Configurations, scrubber 291 
Consumption at Scholz, power 343-344 
Consumption, soda ash 343 
Continuous stirred tank reactor 

(CSTR) tests 330 
Coprecipitation of adipic acid in 

scrubber solids 234-238 
Coprecipitation of buffer with CaS0 3 261 
Correlation coefficient for adipic 

acid degradation 225, 228/ 
Cost differential between limestone 

and lime 99 
Costs relative of organic acids 255/ 
Coulter method 198 

D 
Data base for flue gas desulfuriza

tion processes 41-56 
Data centers, NBS, future evaluations 55 
Debye-HUckel coefficients 58 

model comparison with Bechtel-
modified Radian equilibrium 
program 64-71 

osmotic-coefficient constant 60 
Decomposition 

ammonia-sulfur dioxide 
solution 117, 118/ 

sulfur, auto-redox 114 
thermal, of sulfite, bisulfite, and 

disulfite solutions 113-125 
thermal, of sulfur, Raman 

spectroscopy, use 114-115 
thiosulfate as a function of 

pH 120, 121/ 

Degradation 
adipic acid 256, 257/ 
carboxylic acids, oxidative 258/ 
effect of Mn and pH on adipic 

acid 229,231/ 
in FGD scrubbers, adipic acid ... 221-242 
oxidative 255-261 
rate, effect of hold tank tempera

ture on adipic acid 232/ 
results, summary of bench-scale 

system adipic acid 226/, 227/ 
Degrees of freedom in bulk liquid .... 205 
Denitrification simultaneous proc

esses, additives and products 128/ 
Denitrification system, kinetics of 

reaction in wet flue gas 127-152 
Density, molar, of calcite 81 
Density variations, slurry 212, 214/ 

Desulfurization processes 
data base for flue gas 41-56 
thermodynamic values 1-39 
simultaneous processes, additives 

and products 128/ 
system, kinetics of reaction in 

wet flue gas 127-152 
Dewatering, solids 271 
Differential size distribution 82 
Diffusion flux balance 204 
Diffusivities 85/ 

equation 82 
of sulfopropionic acid 250 

Disposal, CaS0 4 solid 192 
Dissociation, equation 

bisulfate 202 
bisulfite 202 
water 202 

Dissolution 
calcite, acetic acid effect 88, 89/ 
calcite, adipic acid effect 88, 90/ 
CaC0 3 106/ 
with chemical reaction, model .205-210 
curves for calcite 83, 84/ 
limestone effects of pH, C0 2 , and 

buffers modeled by mass 
transfer 75-101 

equation, rate 105 
factors affecting magnesium 

limestone 99-111 
limestone, effect on organic acids .88-91 
Mg 2 CO s 106/ 
particle, with no reaction, surface 

and bulk conditions 206/ 
rate 

calcite, with C 0 2 sparging in 
CaCl 2 86,87/ 

calcite, with N 2 sparging in 
CaCl 2 86,87/ 

CaC0 3, calculation 77, 78 
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Dissolution (continued) 
rate (continued) 

difference between limestones .... 107 
effect of acetate 91, 93/ 
effect of organic acids 88, 90/ 
Fredonia base case 105 
Fredonia limestone, temperature 

effect 107,109/ 
pH effect on CaC0 3 107, 108/ 
single particle, equation 81 
vs. stirring rate, Fredonia 

limestone 107, 110/ 
reactor 83, 84/ 
surface conditions 202-205 
theory, calci-te 76-82 

Disulfite solution, thermal 
decomposition 113-125 

Dry sorbent injection, control of 
S0 2 emissions 349-36

Dry sorbent injection system 351
Dual alkali process, limestone, for 

FGD 325-347 
Dual alkali system, limestone, 

power consumption 343 

Ε 
Economic(s) 

adipic acid-enhanced limestone 
scrubbing 271 

comparison, limestone FGD 
system 390-399 

conceptual design, MgO FGD 
system 390-399 

considerations, limestone dual 
alkali process 346 

evaluations, limestone case 302, 304/ 
limestone scrubbing 300-305 

Effluent hold tank (EHT) 311 
Efficiency of N O x removal 137-144 
Electric 

demand to operate S0 2 scrubbers .. 308 
demand for S0 2 removal 310 
energy, gross, input for 90% 

S0 2 removal 315/ 
power demand, gross, of limestone 

scrubbers using hot booster 
fans 319,320/ 

power demand, gross, for 90% 
S0 2 removal in TCA scrub
ber, effect of adipic acid 
concentration 316, 317/ 

Electric Power Research Institute 
(EPRI) 99 

Electrical consumption, MgO FGD 
process 397 

Electrolyte solutions, statistical 
mechanics 58 

Electron micrographs, analysis of 
solid samples 341 

Elemental analyses of nahcolite oil .... 374/ 
Elemental sulfur conversion 120 
Emission 

control, flue gas 127-152 
control, S0 2 192 
S0 2 281 

standards 268 
Energy 

consumed for 90% S0 2 removal 
in limestone scrubbers 315/ 

demands for FGD system 319, 321 
formation, Gibbs, calculations 45/ 
formation, sulfamic acid 135 
Gibbs, calculation 46/ 
requirement for limestone 

FGD 321,322 
requirements for S0 2 absorption 

in limestone scrubbers 307-324 

alternatives .253, 254/ 
Enhancement factors, liquid film, 

comparison with buffers 250, 251/ 
EPA alkali scrubbing test facility .267-306 
Enthalpy 

calculation(s) 45/, 46/ 
coordination of NO to metal 

chelates 145, 147/ 
molal 47 

CaS0 4 48/ 
MgS0 4 49/ 
Na 2S0 4 53/ 
Na 2S0 3 52/ 
S0 2 51/ 

standard 
aqueous species 13-20/ 
calculation 21-30/ 
common gases 3-7/ 
solids and liquids 8-12/ 

Entropy 
calculation(s) 45/, 46/ 
coordination of NO to metal 

chelates 145, 147/ 
formation, sulfamic acid 135 

aqueous species 13-20/ 
common gases 3-7/ 
solids and liquids 8-12/ 

EPRI (Electric Power Research 
Institute) 99 

Equations for -(G° - #°298)/RT .21-30/ 
Equilibrium constant 

calculation 31, 44, 46/ 
coordination of NO to metal 

chelates 145, 147/ 
mass-transfer model for CaC0 3 

dissolution 77, 78 
Ethanol, effect on bisulfite oxidation 

in nonbuffered solutions 162, 165/ 
Ethanol, rate expression for photo-

oxidation with 164, 165/ 
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F 
Factorial test results, adipic acid-

enhanced limestone 291-299 
Fan(s) 

efficiencies 314 
gross electric power demand of 

limestone scrubbers using hot 
booster 319,320/ 

location 319,320/ 
Feeding of sorbent 361-362 
Ferrous chelates, kinetic and thermo

dynamic data for reversible 
NO coordination 147/ 

FGD (Flue gas desulfurization) 
chemical species (important) 44/ 
limestone 

dual alkali process 325-347 
energy requirements 321-322 
scrubbers, conclusions 322-32

process(es), aqueous, Pitzer equa
tions use to estimate strong-
electrolyte activity coefficients 53-73 

capital investment, conventional 
MgO 393 

conceptual design and eco
nomics, MgO 381-412 

data base 41-56 
electrical consumption, MgO 397 
sensitivity analysis, MgO 397-399 

scrubber, bench-scale test 
results 224-234 

scrubbers, adipic acid 
degradation 221-242 

solution, mean-ion activity 
coefficients 64/ 

spray dryer MgO, process, annual 
revenue 395 

spray dryer MgO process, capital 
investment 393 

system(s) 
dry, advantages and 

disadvantages 349-350 
energy demands 319, 321 
forced oxidation 173 
process, conventional MgO .382, 383/ 
spray dryer MgO 384/ 

technology 191 
Film model for gas absorption 195 
Film theory employed in slurry 

model 216 
Filter 

cake characteristics 342, 343 
cake, liquid entrained 239-241 
capabilities 342 

Flow rate, flue gas 277 
Flue gas 

cleaning system, major design and 
economic premises 391/, 392 

contents, power plant 127 
desulfurization (see FGD) 

Flue gas (continued) 
emission control 127-152 
flow rate 277 
monitoring procedures 280 
washing process, related reactions .. 44 
wet, simultaneous desulfurization 

and denitrification system, 
reaction kinetics 127-152 

Flux balance, diffusion 204 
Flux, molar, balance 204 
Flyash 

analysis 174, 175/ 
separation 388,389 
removal 385 

Forced oxidation 271 
in FGD 173 
limestone long-term test with one 

scrubber loop 287-289 

scrubber loops 277-281 
system 274 
tank, pilot-scale scrubbing system .. 194 

Fredonia 106/ 
base case dissolution rates 105 
composition 105/ 
limestone 330, 335 

dissolution rate vs. stirring 
rate 107, 110/ 

temperature effect on dissolution 
rate 107,109/ 

Free energy, Gibbs calculation 21-30/ 
Free radical generation by sulfite 

oxidation 255 
Fumaric acid (see Acid, fumaric) 
Furnace, coal-fired 351, 352/ 
Future evaluations, NBS data centers 55 

G 

Gas(es) 
absorption, film model 195 
analysis system 354, 355/ 
chromatography, capillary, of 

nahcolite and trona 374, 376/ 
chromatography of nahcolite and 

trona oils, compounds 
identified 378/ 

common, thermodynamic 
properties 3-7/ 

-liquid mass transfer 
enhancement 249-255 

volume data for absorption of 
gaseous 0 2 into HS0 3 

solution 155, 157/, 158 
Gibbs energy calculation 46/ 
Gibbs energy of formation 

calculations 45/ 
Gibbs free energy, standard, 

calculation 21-30/ 
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Grand Forks Energy Technology 
Center (GFETC) 369 

Gross electric demand for sulfur 
dioxide removal 310 

Gulf Power Company's Scholz 
steam plant 331 

Gypsum, CaS0 3 conversion 173 
Gypsum solubility 329 

H 
Ή NMR spectrum of nahcolite 

oil 374, 375/ 
Ή NMR spectrum of 1-octene ...374, 375/ 
HA (see Hydroxylamine) 
Η ADS (see Hydroxylamine 

disulfonate) 
HAMS (see Hydroxylamine 

monosulfonate) 
Heat capacity calculation(s) 45/
Heat capacity, standard 

aqueous species 13-20/ 
common gases 3-7/ 
solids and liquids 8-12/ 

Heat exchangers, Ljungstrom-type ... 309 
Hold tank temperature effect on 

adipic acid degradation rate 232/ 
Hydration of acrylic acid 247/ 
Hydrochloric acid removal and 

purge 389,390 
Hydrogen ion and bisulfite concen

tration effect on reaction rate 
for oxidation 162, 163/ 

Hydrolysis 
amine disulfonates (ADS) 134, 135 
amine trisulfonate (ATS) 134 
hydroxylamine disulfonate 

(HADS), rate and 
mechanism 131, 132 

hydroxylamine monosulfonate 
(HAMS) 132 

sulfamate (SAM), rate and 
mechanism 135, 136 

Hydroxyacetic acid, inhibition of 
sulfite oxidation 260-261 

Hydroxyacetic acid, oxidative 
degradation 258/ 

Hydroxylamine (HA), sulfonation 133-134 
Hydroxylamine disulfonate 

formation, by reaction of nitrous 
acid with bisulfite ion .130, 131 

rate and mechanism, hydrolysis .131, 132 
sulfonation 132 

Hydroxylamine monosulfonate 
hydrolysis 132 

Hydroxylamine monosulfonate 
sulfonation 133 

Hydroxylamine trisulfonate, 
hydrolysis 132 

Hydroxypropionic acid (HP) 248, 249 
effect on dissolution rate 88, 90/, 91 
inhibition of sulfite oxidation ...260-161 
physical properties 251/ 

^-Hydroxypropionic acid, oxidative 
degradation 258/ 

I 
IERL-RTP pilot plant test results 276-277 
Injection point, sorbent, effect of 

location 356, 361 
Injection system, dry sorbent 351, 353/ 
Interfacial area per unit volume 

equation 208 
Ion-pair(s) 59 

binary, methods to estimate Pitzer-

Ionic diffusivities 82 
IR spectra for nahcolite and trona 

oils 374, 377/ 
Iron 

-catalyzed Na 2S0 3 oxidation ...179-181 
regression analyses 181/ 
S(IV) vs. time 180/ 

dissolved, interference with 
regeneration reactions 341 

and Mn mixed catalysts, Na 2S0 3, 
oxidation 182 

J 
Japanese processes 129 

Κ 
Kentucky coal 357/, 362, 364/ 
Kinetic (s) 

bisulfite oxidation 168-170 
CaS0 3 oxidation in clear 

solution 193-194 
data for reversible NO coordination 

to ferrous chelates 147/ 
of formation, hydroxylamine 

disulfonate 130, 131 
modeling, chemical 137-144 
of oxidation of bisulfite ion by 

oxygen 153-171 
rate constants for Mn-catalyzed 

simulated slurry oxidation .... 212 
reactions of NO and S0 2 in 

aqueous solutions containing 
metal chelates 146, 150 

reactions in a wet flue gas simul
taneous desulfurization and 
denitrification system 127-152 

sulfonation reaction 246 
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L 
Lime test with one scrubber loop and 

forced oxidation 285-287 
Lime tests with one scrubber 

loop without forced 
oxidation 283/, 285, 286/ 

Lime/limestone 
adipic acid-enhanced 267-306 
processes, oxidation of bisulfite ion 

by oxygen 153 
scrubber slurry 192 
slurry scrubbing, buffer 

additives 243-265 
Limestone 

analysis 174, 175/ 
CaS0 3 blinding 289 
case, economic evaluations 302, 304/ 
case with MgO additive 302
dissolution 

effect on organic acids 88-91 
effects of pH, C0 2 , and buffers 

modeled by mass transfer 75-101 
effects of sulfite 91-94 
effect of temperature 87/, 88 
experimental apparatus and 

procedure 82-86 
factors affecting magnesium ...99-111 
mass transfer model 77-82 

dual alkali 
process 326, 327/ 
advantages 325 
economic considerations 346 
effect of pH variations 345 
for flue gas desulfurization ...325-347 
operability 344-346 
power consumption 343 
Scholz prototype system 331-346 
S0 2 removal 332, 335, 336/ 
soda ash consumption 343 
technology 326 

development 330 
factorial test results, adipic 

acid-enhanced 291-299 
FGD 321-323 
Fredonia 330, 335 

dissolution rate vs. stirring 
rate 107,110/ 

temperature effect on dissolution 
rate 107, 109/ 

and lime, cost differential between .. 99 
long-term test 

with one scrubber loop and 
forced oxidation 287-289 

with one scrubber loop without 
forced oxidation 281-285 

with two scrubber loops and 
forced oxidation 277-281 

process annual revenue require
ments, conventional 405-406/ 

Limestone (continued) 
process summary of capital invest

ment, conventional 403-404/ 
reactivity 

apparatus 102, 103/ 
experimental approach 101-103 
experimental results 104-107 
pH and temperature effect 104/ 
stir rate 104/ 

regeneration, overall reaction 328 
Saginaw 330 
samples, compositions 105/ 
scrubber (s) 

cocurrent flow 314, 315 
energy consumed for 90% S0 2 

removal 315/ 
energy requirements for S0 2 

absorption 307-324 

using hot (300°F) booster 
fans, gross electric power 
demand 319,320/ 

scrubbing 
adipic acid-enhanced 

economics 271 
in spray tower system with 

forced oxidation and 
two tanks 287, 288/ 

test programs 272-274 
test results 274-300 

economics 300-305 
process, capital investment 393 

spray tower 312-314 
Springfield 229 
Sylacauga 335 
tests with bleed stream 

oxidation 291,292/ 
testing with forced oxidation 272 
utilization 334/, 335, 337, 338/ 

in adipic acid-enhanced system .. 270 
for reactor studies 337, 338/ 
sensitivity 330 

Liquid entrained in filer cake 239-241 
Liquid film enhancement factor, 

calculated effect of buffer 
alternatives 253, 254/ 

Liquid film enhancement factors with 
buffers, comparison 250, 251/ 

Liquids, thermodynamic properties .8-12/ 
Ljungstrom-type heat exchangers 309 
Loop analysis 42 

M 

Magnesium limestone dissolution, 
factors affecting 99-111 

Magnesium, spray dryer, FGD 
process, capital investment 393 

Magnesium carbonate dissolution 106/ 
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Magnesium oxide 
additive, limestone case with ... 302, 303/ 
FGD process 

annual revenue requirements, 
conventional 410-411/ 

annual revenue requirements for 
spray dryer 395, 407-409/ 

capital investment, 
conventional 393, 401-402/ 

capital investment summary, 
spray dryer 400/ 

conceptual design and 
economics 381-412 

description, spray dryer 385-388 
design changes 382-385 
electrical consumption 397 
regeneration section 400 
sensitivity analysis 397-399 

FGD system 
conceptual design economics .390-399 
HC1 removal and purge 389, 390 
process, conventional 382, 383/ 
spray dryer 384/ 

-fly ash separation 388, 389 
Magnesium sulfate 

activity coefficient 49/ 
addition to CaS04, activity 65, 66/ 
addition, CaS04, Radian mean-ion 

activity coefficients 65, 67/ 
addition to CaS04, solubility data 65, 66/ 
molal enthalpy 49/ 

Maleic acid rate constant 246 
Manganese 

catalytic effect on sulfite oxidation 260 
-catalyzed 

CaS0 3 oxidation 187, 188/ 
Na 2S0 3 oxidation .176, 178-179, 181/ 

regression analyses 181/ 
S(IV) vs. time 176, 178/ 

simulated slurry oxidation, 
kinetic rate constants 212 

concentration effect on slurry 
model oxidation 212, 213/ 

iron, limestone, and fly ash, results 
of bench-scale runs with 230/ 

and iron mixed catalysts, Na 2S0 3 

oxidation 182 
and pH effect on adipic acid 

degradation 229,231/ 
Manganous 

concentration effect on photooxi-
dation rate of bisulfite 166, 167/ 

ion effect on bisulfite oxidation rate 
in buffered solution 158, 159/ 

ion effect on bisulfite oxidation 
rate in nonbuffered 
solution 159/, 162-164 

Mass transfer 
coefficient of CaS03, 

determination 210,211/ 

Mass transfer (continued) 
enhancement by adipic acid 253, 254/ 
enhancement, gas/liquid 249-255 
model 75-101 

model for CaC0 3 dissolution ...77-82 
S(IV) ions from solid to liquid 

equation 207 
Mathematical model for scrubber 

slurry 191 
Mean-ion activity coefficients ...59, 64/, 65 

in FGD solution 64/ 
Metal chelates 144 

formation and dissociation rate 
constants of nitrosyl 145-149 

kinetics of reactions of NO and 
S0 2 in aqueous solutions 
containing 146, 150 

Mineral characterization studies 379 
Mixing parameters 61, 62 
Model 

-dissociation with chemical 
reaction 205-210 

oxidation in CaS0 3 slurries 191-220 
solutions 210-215 

Modeling 
chemical kinetics 137-144 
reactions considered and rate 

constants 148/, 149/ 
slurry oxidation 195 

Molal enthalpy 47 
CaS04 48/ 
H 2 S0 3 50/ 
MgSO, 49/ 
Na 2S0 4 53/ 
Na,S0 3 52/ 
SO, 51/ 

Molar density of calcite 81 
Molar flux balance 204 

Ν 

Nahcolite 350 
acid-insoluble, x-ray diffraction 

pattern 372,373/ 
analyses 354/ 
characterization of volatile organic 

components 369-379 
oil(s) 

1 3 C NMR spectrum 374, 376/ 
capillary gas chroma

tography 374, 376/ 
compounds identified by gas 

chromatography 378/ 
elemental analyses 374/ 
Ή NMR spectrum 374, 375/ 
IR spectrum 374, 375/ 

tests 362-365 
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Nahcolite (continued) 
thermal gravimetric analysis of 

acid-insoluble fraction 372, 373/ 
and trona, apparatus for trapping 

volatile oils 370, 371/ 
and trona behavior with TGA 372/ 
x-ray diffraction powder 

pattern 372,373/ 
National Bureau of Standards tables 21-30/ 
National Bureau of Standards, data 

centers, future evaluations 55 
Network approach for barium 

compounds 42, 43/ 
Nitric acid oxidation to N 0 2 137, 139/ 
Nitric oxide 

coordination to ferrous chelates, 
kinetic and thermodynamic 
data for reversible 147/ 

coordination to metal 
chelates 144, 145, 147/ 

kinetics of reaction with metal 
chelates 146, 150 

oxidation to N 0 2 127, 129 
Nitrite ions, reaction 

pH effect 140/, 144 
with sulfite 137-144 
S0 2 concentration effect 141/, 144 
temperature effect 142/, 145 

Nitrite and sulfite ions interaction 
reaction scheme ...129, 130 

Nitrogen oxides 127, 129 
Nitrogen-sulfur complexes 129 
Nitrosulfonic acid formation 129, 130 
Nitrosyl metal chelates, formation and 

dissociation rate constants . ...145-149 
Nitrous acid (see Acid, nitrous) 
NO x removal efficiency 137-144 
Number of particles in experimental 

run 198 

Occlusion in solids 239-241 
1-Octene, Ή NMR spectrum 374, 375/ 
Oils, volatile, studies 370, 371/ 
Olefins, Ή NMR spectrum 374, 375/ 
Operating alternatives for adipic acid 

addition, comparison 316,318/ 
Organic acid(s) 

effect, on dissolution rate 88, 90/ 
effect of limestone dissolution 88-91 
relative costs 255/ 
solutions, sulfite oxidation 173-189 

Organic volatile components of 
nahcolite and trona, 
characterization 369-379 

Osmotic coefficient constant, Debye-
Huckel 60 

Osmotic coefficient, Pitzer equation .. 54 

Oxidation 
-absorption-reduction 

processes 128/, 129 
beginning at three pH values ...212, 215/ 
bisulfite ion by oxygen, kinetics .153-171 
in buffered solution, ethanol con

centration, effect on rate in 
bisulfite 158, 160/, 161 

in buffered solution, manganous ion 
effect on rate in bisulfite ... 158, 159/ 

of CaS03, effect of succinic 
acid 184/, 185/ 

in CaS0 3 slurries, model 191-220 
Fe-catalyzed Na 2S0 3 179-181 
forced 271,274 

in FGD 173 
kinetics of bisulfite 168-170 
levels, solids, test results for adipic 

Mn-catalyzed CaS0 3 187, 188/ 
Mn-catalyzed Na 2SO s 176, 178, 

179, 181/ 
model, slurry, variable catalyst 

concentration 212, 213/ 
modeling of the slurry 195 
Na 2S0 3 176 

pH effect on S(IV) species .176, 178/ 
nonbuffered solutions, bisulfite .161-162 
in nonbuffered solutions, ethanol 

effect on bisulfite 162, 165/ 
sulfite, in organic acid solutions 173-189 
percent vs. total adipic acid 

losses 234, 235/ 
photooxidation data for bisulfite .... 164 
rate dependence on concentrations 

of bisulfite and hydrogen 
ion 162, 163/ 

rate in nonbuffered solution, 
manganous ion effect on 
bisulfite 159/, 162-164 

regression analyses of Mn and 
Fe-catalyzed Na 2SO s 181/ 

regression analyses of Na 2S0 3 183/ 
slurry model, pH measurements 216, 217/ 
states, sulfur 115-117 
and sulfate precipitation 337, 339 
sulfite 256,257/ 

to sulfate 113-125 
in variable concentration 

slurries 212,214/ 
Oxidative degradation 255-261 

carboxylic acids 258/ 
Oxidizing system in scrubber, of pH 

effect on solubility 202, 203/ 
Oxyacids ions of sulfur 116/ 
Oxygen 

kinetics of HS03" oxidation 153-171 
gaseous, gas volume data for 

absorption into bisulfite 
solution 155, 157/, 158 
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Oxygen (continued) 
rate of reaction between HS03" 158, 159/ 
single-phase experiments, reaction 

between HS03" 158-170 
uptake by bisulfite solution, single-

phase rate experiments 155 
uptake by bisulfite solutions, two-

phase rate experiments 154, 155 
Ozone as oxidant 137 

Ρ 
Partial pressure, C 0 2 76 
Particle (s) 

dissolution with no reaction, surface 
and bulk conditions 206/ 

number in experimental run 198 
size 

distribution 198
of CaC0 3 83

sorbent effect on SOo removal 
with NaHCOg 356, 360/ 

surface conditions 204 
Pitzer composition 105/, 106/ 
pH 

effect on adipic acid degradation 
rate constant 229, 231/ 

behavior of slurry model 212, 215/ 
decomposition of thiosulfate .. .120, 121/ 
effect 

adipic acid degradation rate 229 
on CaC0 3 dissolution rate 86, 87/, 

107, 108/ 
on limestone dissolution 86 
on limestone reactivity 104/ 
on nitrite ions reaction 140/, 144 
on S (IV) species, oxidation 

of Na 2S0 3 176, 178/ 
on solubility, oxidizing system 

in scrubber 202, 203/ 
on sulfite ions reaction 140/, 144 

measurements for slurry model 
oxidations 216,217/ 

operating, adipic acid-enhanced 
lime/limestone system 270-271 

scrubber bleed, S0 2 removal as 
a function 335, 336/ 

spray tower inlet, effect on S0 2 

removal 293,297-299 
variations, effect on limestone dual 

alkali 345 
Photooxidation 

data for bisulfite oxidation 164 
with ethanol, rate expression ...164, 165/ 
manganous concentration effect on 

bisulfite rate 166, 167/ 
Physical properties of buffers 251/ 
Pilot-scale scrubbing system with 

forced oxidation tank 194 

Pittsburgh coal 357/ 
Pittsburgh seam coal 362, 363/ 
Pitzer equation(s) 

activity coefficient 54, 55 
calculations 65, 66/ 
curves for CaSOs 69, 70/ 
osmotic coefficient 54 
parameters for binary ion pairs 62, 63 
parameters, sensitivity of activity 

coefficients 63, 64 
summary 59-61 
use to estimate strong-electrolyte 

activity coefficients in aqueous 
FGD processes 53-73 

pKa of buffer, effect of S0 2 absorption 261 
Pollution control for coal-fired 

power plants 308 
Polyacrylic acid  Acid, poly-

Polydisperse size distribution 83, 85/ 
Polythionates formation 120 
Potassium bisulfite solutions 117, 120 
Potassium sulfite solutions 117, 120 
Power 

consumption at Scholz 343-344 
demand, gross electric, of limestone 

scrubbers using hot booster 
fans 319,320/ 

input for S0 2 absorption 310 
plant flue gas contents 127 
plants, SOo removal, coal-

burning 153-171 
Precipitation, solids, test results for 

adipic acid addition 236/ 
Precipitation, sulfate, and 

oxidation 337, 339 
Process(es) 

absorption-reduction 140,145-150 
description, spray dryer MgO ... 385-388 
energy requirements for limestone 

FGD 321/ 
FGD, limestone dual alkali 325-347 
Japanese 129 
lime/limestone oxidation of bisul

fite ion by oxygen 153 
limestone dual alkali, advantages .. 325 
operability of limestone dual alkali 

system 344-346 
oxidation-absorption-

reduction 128/, 129 
in S0 2 scrubbing, chemical 

reactions 192 
Program, Bechtel-modified Radian 

equilibrium 65, 66/ 
Program, calculator for thermo

dynamic calculations 31, 32 
Prototype system at Scholz 331-346 
Pumps, thickener underflow 342 
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R 
Radian 

effective curve for CaS0 3-NaCl ... 69, 71/ 
equilibrium computer code, 

Bechtel-modified 58 
equilibrium program, Bechtel-

modified 65, 66/ 
compared with extended Debye-

Hiickel model 64-71 
mean-ion activity coefficients 

CaS0 3 when MgS0 4 is added .69, 70/ 
CaS0 3 when NaCl is added 69, 71/ 
CaS0 4 when MgS0 4 is added ... 67/ 
CaS04 when NaCl is added 68/ 

Raman spectra data 
ammonium bisulfite 

solution 115, 117, 118/ 
barium sulfate 11
mixture of trithionate and 

tetrathionate 120, 122/ 
solid from auto-redox products 

of ammonia solution saturated 
with S0 2 117, 119/ 

Raman spectroscopy use in thermal 
decomposition of sulfur 114-115 

Rate 
adipic acid degradation 225 
chain reaction 166 
constants for calcite dissolution .... 86 

equation 82 
formation and dissociation of 

nitrosyl metal chelates ... 145-149 
kinetic, for Mn-catalyzed simu

lated slurry oxidation 212 
for sulfonation 246 
used for modeling, reactions 

considered 148/, 149/ 
dependence on concentrations of 

bisulfite and hydrogen ion for 
oxidation 162, 163/ 

equation 
for batch oxidation of CaS0 3 

slurry 256 
equation for dissolution 105 

for Fe and Mn- catalyzed 
Na 2SO s oxidation 179 

for reaction of sulfamic with 
nitrous acid 136 

equation for sulfite transfer from 
solid particles to liquid phase 208 

expression for photooxidation with 
ethanol 164, 165/ 

law for buffered solutions 158 
laws for bisulfite oxidation 158, 169/ 
of oxidation of CaS03, dependence 

on succinic acid con
centration 182, 186/ 

Rate (continued) 
of Ô 2 uptake by bisulfite solution, 

single-phase experiments 155 
of 0 2 uptake by bisulfite solutions, 

two-phase experiments 154, 155 
reaction between HS0 3" 

and 0 2 158, 159/ 
of sulfite oxidation 255 

Reaction (s) 
between HS03~ and 0 2 single-phase 

experiments 158-170 
considered and rate constants used 

for modeling 148/, 149/ 
kinetics in wet flue gas simultaneous 

desulfurization and denitrifica-
tion system 127-152 

of sulfamic acid with nitrous 
acid 136, 137 

ments on 0 2 uptake by bisul
fite solution 155, 156/ 

Reactivity 
apparatus, limestone 102, 103/ 
limestone experimental 

approach 101-103 
limestone, experimental results .104-107 

Reactor 
batch, concentration profile of 

species as function of reaction 
time 137-144 

dissolution 83, 84/ 
feed composition 104/ 
slurry 195-197 
studies, limestone utilization ....337, 338/ 

Regeneration 
limestone, overall reaction 328 
reactions, dissolved Fe interference 

with 341 
section, MgO process 400 

Regression analyses of Na 2S0 3 

oxidation 183 
Fe-catalyzed 181/ 
Mn-catalyzed 181/ 

Removal efficiency of N O x 137-144 
Removal efficiencies of S0 2 311, 313/ 

spray tower as a function of net 
work input 312, 313/ 

TCA scrubber as function of net 
work input 311, 313/ 

Rickenbacker industrial boiler 
demonstration 300 

Runge-Kutta-Gill algorithm 210 

S(IV) ions from solid to liquid, 
mass transfer equation 207 

S (IV) ions production 207 
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S (IV) species, pH effect on Na 2S0 3 

oxidation 176, 178/ 
S(IV) vs. time for Fe-catalyzed 

Na 2S0 3 oxidation 180/ 
S(IV) vs. time for Mn catalyzed 

Na 2S0 3 oxidation 176,178/ 
Saginaw limestone 330 
Scale formation 345 
Scholz power consumption 343-344 
Scholz prototype system 331-346 
Scholz system 

general operating conditions ...332,333/ 
overall performance 332, 334/ 
S0 2 removal performance 332, 335, 336/ 
additive, adipic acid advantages 269-271 

Scrubber(s) 
additive, adipic acid testing 276-277 
adipic acid degradation 221-242 
bench-scale, test results 224-23
bleed pH, S0 2 removal as 

function 335, 336/ 
bleed stream 291 
commercial, adip acid use 

as buffer 187 
computer model, SA 2 wet 100 
configurations 291 
feed composition 102/ 
inlet pH and adipic acid concen

tration effect on S0 2 removal 
in TCA 293, 296/ 

limestone 
energy consumed for 90% 

S0 2 removal 315/ 
energy requirements for S0 2 

absorption 307-324 
fan location 319 
FGD, conclusions 322-323 
using hot booster fans, gross 

electric power de
mand 319,320/ 

effect of pH on solubility, 
oxidizing system 202, 203/ 

prototype features 311/ 
slurry(ies) 

model, sulfite oxidation rate 193 
mathematical model 191 
physical system model 197-202 

solids, coprecipitation of 
adipic acid 234-238 

S0 2, diagram of closed loop 222, 223/ 
TCA 311,312 
units, liquid phase 47 

Scrubbing 
adipic acid-enhanced 

limestone, in spray tower system 
with forced oxidation and 
two tanks 287, 288/ 

in TCA system without forced 
oxidation 281,283/ 

Scrubbing (continued) 
adipic acid-enhanced (continued) 

in venture/spray tower 
system 272,278/ 

agent(s) 
analyses 354, 356 
for sulfur oxides removal from 

stack gas 369-379 
tests 362-366 

economics of limestone 300-305 
process, limestone, capital 

investment 393 
process, slurry 76 
slurry, buffer additives for 

lime/limestone 243-265 
system with forced oxidation tank, 

pilot-scale 194 
test facility, EPA alkali 267-306 

Sensitivity of activity coefficients to 
changes in Pitzer-equation 
parameters 63, 64 

Sensitivity analysis, MgO FGD 
process 397-399 

Settling characteristics of waste 
solids 339-342 

Settling rates of waste solids 339, 340/ 
Shawnee 

adipic acid test schedule 272, 273/ 
TCA without forced oxidation, 

adipic acid-enhanced lime 
tests from 283/, 285, 286/ 

test 
blocks 274,275/ 
facility 274 
results 274 

Single-ion activity coefficients 59 
Single particle agglomerate, 

sulfite/sulfate 198, 199/ 
Single particle dissolution rate 

equation 81 
Size distribution, particle 198,201/ 

CaC0 3 83, 85/ 
Slurry(ies) 

CaS03 oxidation model 191-220 
conditions during dissolution .202-205 
density variations 212, 214/ 
equation for total sulfite 

concentration in 209 
flow rate effect on S0 2 removal 

in TCA 293-295 
liquid phase sulfite concentration .. 207 
model 

film theory 216 
oxidations, pH measurements 216, 217/ 
pH behavior 212,215/ 
scrubber physical system 197-202 

oxidation 
experiments, catalyzed 210-212 
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Slurry(ies) (continued) 
oxidation (continued) 

model, variable catalyst concen
tration 212,213/ 

modeling 195 
particle representation 198, 200/ 
particles, sulfite/sulfate 198, 199/ 
reactor 195-197 
scrubbing, buffer additives for 

lime/limestone 243-265 
scrubbing process 76 

Soda ash consumption 343 
Sodium bicarbonate 

baghouse temperature effect on 
S0 2 removal with 356, 359/ 

reaction with S0 2 350 
sorbent particle size effect on 

S0 2 removal with 356, 360/ 
tests 356

Sodium bisulfite solutions 117, 120 
Sodium carbonate reaction with S0 2 .. 350 
Sodium chloride 

addition, effect on activity coeffi
cient of CaS0 3 65, 68/ 

addition, effect on activity coeffi
cient of CaS0 4 65, 68/ 

formation 328 
Sodium sesquicarbonate (see Trona) 
Sodium sulfate 

activity coefficients 53/ 
formation 328 
molal enthalpy 53/ 

Sodium sulfite 328 
activity coefficients 52/ 
molal enthalpy 52/ 
oxidation 176 

Fe-catalyzed 179-181 
rate equation 179 
regression analyses 181/ 
S(IV) vs. time 180/ 

Mn-catalyzed 176, 178/ 
regression analyses 181/ 
rate equation 179 
S(IV) vs. time 176, 178/ 

pH effect on S(IV) species ...176, 178/ 
regression analyses 183/ 
solutions 117, 120 

Solid(s) 
dewatering 271 
occlusion 239-241 
oxidation levels, test results for 

adipic acid concentration 238/ 
precipitation, test results for adipic 

acid addition 236/ 
samples, electron micrographs 

analyses 341 
thermodynamic properties 8-12/ 
waste, settling characteristics 339-342 
waste, settling rates 339, 340/ 

Solubility 
calculations 69 
data, experimental, for CaS0 4 

when MgS04 is added 66/ 
gypsum 329 
oxidizing system in scrubber, 

pH effect 202, 203/ 
sulfate 198 
sulfite 198 

Solution, aqueous, properties 47-55 
Solutions of model 210-215 
Sorbent(s) 

feeding 361-362 
injection point, location effect .356, 361 
injection system, dry 351, 353/ 
particle size, effect on S0 2 removal 

with NaHC0 3 356, 360/ 
tested 354, 356 

absorbers advantages over wet 
scrubbing 382 

MgO FGD process 
annual revenue requirements .... 395 
capital investment 393 
description 385-388 

process, summary of capital 
investment 400/ 

process annual revenue 
requirements 407-409/ 

Spray tower 312-314 
energy consumed for S0 2 removal 315/ 
as a function of net work input, 

S0 2 removal efficiency 312, 313/ 
system with forced oxidation and 

two tanks 287, 288/ 
Springfield full-scale demonstration .. 300 
Springfield limestone 229 
Stack gas absorption studies 369 
Stir rate effect on limestone 

reactivity 104/ 
Stirring rate, vs. Fredonia limestone 

dissolution rate 107, 110/ 
Stokes-Einstein relationship 82 
Succinic acid (see Acid, succinic) 
Sulfamate (SAM), hydrolysis rate 

and mechanism 135, 136 
Sulfamic acid (see Acid, sulfamic) 
Sulfate 

barium, Raman data 115 
calcium 

activity coefficients 48/ 
CaS03 forced oxidation 268 
CaS0 3 conversion to 173 
formation 329 
molal enthalpy 48/ 

calcium, oxidation results .182, 184-188 
solid disposal 192 

magnesium, activity coefficient 49/ 
magnesium, molal enthalpy 49/ 
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Sulfate (continued) 
percentage vs. adipic acid concen

tration in solids 236, 237/ 
precipitation 337, 339 
slurry particles 198, 199/ 
sodium, formation 328 
solubility 198 
sulfite oxidation 113-125 
/sulfite, single particle 

agglomerate 198, 199/ 
Sulfite 

effects on limestone dissolution ...91-94 
ions reaction 

pH effect 140/, 144 
S0 2 concentration effect 141/, 144 
temperature effect 142/, 145 

and nitrite ions reaction in 
aqueous solutions 137-144 

and nitrite ions interaction, 
reaction scheme 129, 130 

and nitrous acid reaction 129, 130 
oxidation 256, 257/ 

cost-effective alternative 262 
factors that influence 260-262 
free radical generation 255 
hydroxyacetic acid inhibition 260-261 
hydroxypropionic acid inhi

bition 260-261 
Mn catalytic effect 260 
in organic acid solutions 173-189 
rate 255 

in scrubber slurries model .... 193 
of sodium 176 
to sulfate 113-125 
thiosulfate inhibition 260 

particle geometry 216 
potassium solutions 117, 120 
slurry 

equation for total concentration 209 
liquid phase concentration 207 
oxidation model 191-220 
particles 198, 199/ 

sodium 328 
solutions 117, 120 

solubility 198 
solution, thermal decomposition 113-125 
transfer from solid particles to 

liquid phase, rate equation .... 208 
Sulfocarboxylic acid 246-248 
Sulfosuccinic acid effect on disso

lution rate 88, 90/, 91 
Sulfonation 

hydroxylamine 133, 134 
hydroxylamine disulfonate 132 
hydroxylamine monosulfonate 133 
rate constants 246 
rates of unsaturated acids 247/ 
reaction kinetics 246 

Sulfopropionic acid (see Acid, 
sulfopropionic) 

Sulfur 321 
auto-redox decomposition 114 
catalysts influence on thermal 

decomposition 120, 123 
elemental, conversion 120 
-nitrogen complexes 129 
oxidation states 115-117 
oxyacids ions 116/ 

Sulfur dioxide 
activity coefficients 51/ 
absorption 

adipic acid effect on 253, 254/ 
aluminum chloride effect 253 
buffer pKa effect 261 
in limestone scrubbers, energy 

requirements 307-324 
power input 310 

of solid from auto-redox 
products 117,119/ 

-ammonia solution thermal 
decomposition 117, 118/ 

concentration effect, sulfite and 
nitrite ions reaction 141/, 144 

conversion to sulfuric acid 153, 387 
emissions 281 

control 192 
by dry sorbent injection ...349-368 

standards 268 
kinetics of reaction with metal 

chelates 146, 150 
molal enthalpy 51/ 
N O x as oxidizing agent 127 
reaction with Na 2 C0 3 and 

NaHC0 3 350 
removal 

efficiencies 311,313/ 
and sorbent utilization, effect 

of intermittent sorbent 
feeding 361/ 

of spray tower as function of 
net work input 312, 313/ 

of TCA scrubber as function 
of net work input 311, 313/ 

of TCA scrubber vs. net work 
input with adipic 
acid 316,317/ 

with forced oxidation, effects 
of scrubber inlet pH and 
adipic acid concentra
tion 293,297-299 

as a function of adipic acid con
centration and spray tower 
inlet pH without forced 
oxidation 293, 297-299 

as a function of scrubber bleed 
pH 335,336/ 

gross electric demand 310 
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Sulfur dioxide (continued) 
removal (continued) 

with NaHC0 2 356, 358/ 
baghouse temperature 

effect 356,359/ 
sorbent particle size effect 356, 360/ 

with nahcolite 362, 364/ 
while burning Pittsburgh 

seam coal 362, 363/ 
ninety percent, energy 

consumed 315/, 316, 317/ 
performance of Scholz 

system 332, 335, 336/ 
process 192 

overall reactions 326 
from stack gases 153 
in TCA 

effect of adipic acid concen
tration and slurry flo
rate 293-295 

effects of scrubber inlet pH 
and adipic acid concen
tration 293,296/ 

with trona while burning 
Pittsburgh seam and West 
Virginia coal 362, 365, 366/ 

scrubber, diagram of closed 
loop 222,223/ 

scrubbers, electric demand to 
operate 308 

scrubbing, processes chemical 
reaction 192 

solubility in water 250 
wet scrubber computer model 100 

Sulfuric acid, byproduct, price, 
sensitivity of annual revenue 
requirements 397-399 

Sulfuric acid, S0 2 conversion 387 
Sulfurous acid activity coefficients .... 50 
Sulfurous acid, molal enthalpy 50/ 
Surface conditions during dissolu

tion 202-205 
Sylacauga limestone 335 
Synthesis, buffer 245-249 

TCA (see Turbulent contacting 
absorber) 

Temperature effect 
baghouse, on S0 2 removal with 

NaHCO, 356,359/ 
dissolution rate, Fredonia 

limestone 107, 109/ 
limestone dissolution 87/, 88 
limestone reactivity 104/ 
nitrite ions reaction 142/, 145 
settling properties of waste solids .. 341 

Temperature effect (continued) 
sulfite ions reaction 142/, 145 
hold tank, on the adipic acid 

degradation rate 232/ 
Tetrathionate and trithionate mix

ture, Raman spectra 120, 122/ 
Thermal decomposition 

S02-ammonia solution 117, 118/ 
sulfite, bisulfite, and disulfite 

solutions 113-125 
sulfur 

influence of catalysts 120, 123 
Raman spectroscopy 114-115 
thiosulfate intermediates 117, 120 

Thermal gravimetric analysis of 
acid-insoluble fraction of 
nahcolite 372, 373/ 

Thermodynamic 

data for reversible NO coordination 
to ferrous chelates 147/ 

properties 
aqueous species 13-20/ 
common gases 3-7/ 
data base 42 
liquids 8-12/ 
solids 8-12/ 

values for desulfurization 
processes 1-39 

Thickener underflow pumps 342 
Thiosulfate 

decomposition as function 
of pH 120, 121/ 

inhibition of sulfite oxidation 260 
intermediates in thermal decompo

sition of sulfur 117, 120 
solutions 120 

Time, reaction, in a batch reactor, 
concentration profile of species 
as function of 137-144 

Trithionate and tetrathionate mixture, 
Raman spectra 120,122/ 

Trona 350 
analyses 354/ 
apparatus for trapping volatile 

oils 370, 371/ 
characterization of volatile organic 

components 369-379 
and nahcolite behavior with TGA .. 372/ 
oil, capillary gas chromatog

raphy 374,376/ 
oils, compounds identified by gas 

chromatography 378/ 
tests 362,365,366/ 

Turbulent contacting absorber (TCA) 
comparison of trona and nahcolite 

behavior with 372/ 
effect of adipic acid concentration 

and scrubber inlet pH on 
S0 2 removal 293, 296/ 
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Turbulent contacting absorber 
(continued) 

effect of adipic acid concentration 
and slurry flow rate on 
S0 2 removal 293-295 

energy consumed for S0 2 removal 315/ 
scrubber 311,312 

effect of adipic acid concentra
tion on gross electric 
power demand for 90% 
S0 2 removal 316, 317/ 

as a function of net work input, 
S0 2 removal efficiency 311, 313/ 

vs. net work input with adipic 
acid, S0 2 removal 
efficiency 316, 317/ 

system without forced oxidation, 
adipic acid-enhanced 
scrubbing 281

U 

V 
Valeric acid formation 255 
Venturi/spray tower system, adipic 

acid-enhanced scrubbing 272, 278/ 
Venturi/spray tower system, bleed 

stream oxiadtion, adipic acid-
enhanced limestone 291,292/ 

Virial coefficients 59-61 
Volatility of carboxylic acid 262 
Volatile oils studies 370, 371/ 

W 
Water dissociation equation 202 
Waste solids 

deterioration of settling properties 
with time 341-342 

properties 341 
West Virginia coal 357/, 362, 364/ 

UV light effect on bisulfite 
photooxidation 163-165 

X-ray diffraction powder pattern for 
nahcolite 372,373/ 
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